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NEW DEVELOPMENTS "IN THE GENERATION OF CONTROLLED ATMOSPHERES
FOR HIGH TEMPERATURE PROCESSING -

" Charles W. Sanzenbacher

Surface Combustlon Division, Midland-Ross Corporation
" Toledo, Ohio-

This paper is concerned with recent developments in generating controlled atmospheres
from gaseous hydrocarbon fuels by reaction with air. Atmospheres, their generation
and control have become a very important consideration in many processes; such as ore
benefication, metalt!eating and food and chemical applications. Developments in the
generating of hydrogen are excluded, since these have been covered in detail in other
papers presented at this symposium.

I. ADIABATIC (HIGH COMBUSTIBLES)"GENERATOR

The increasing usevof'newly'developed or improved ore reduction processes is creating
requirements for large quantities of gaseous atmospheres for the reduction of metal
oxides.' .In many cases, such as for copper and iron, a single pure reductant is not
required and mixtures of CO and H, are suitable, providing the ratios of CO/CO2 and

/H20 are controlled. In these cases, one economical way to prepare such atmospheres
i% large quantities (100 M - 1 MM cfh) is by means of a fixed bed adiabatic catalytic
reactor as shown in flow diagram in Figure 1.

The atnoaphere produced consists of CO , co, H 29 H O, N and unreacted CH , and the
process may be carried out in several aays dependigg on the relative concéntrations
of the oxidizing and reducing agents needed.

Figure 1 incorporates two basic flow schemes, one with a gas preheater and the other
without a preheater. No preheat is required if the maximum combustibles content
(CO+H_) of thé product gas is not required to exceed approximately 45%. If the pro-
duct §as must contain 45 to 60% CO+H2, some external energy 1s necessary to Sustain
the reaction. This energy is conveniently provided by preheating the gases ahead
of the reactor. The product gas leaving the reactor may be discharged & reactor

. temperature, or superheated to a higher temperature, or it may be cooled. The several
options are shown on’the flow diagram. :

The simplest process is the production of the 45% combustibles atmosphere for use at’
reactor ‘discharge temperature.. .

To produce 45% combustibles atmosphere, the catalytic reactor is first brought to
approximately 1200°F by passing hot air through the generator. The catalyst is then
at a high enough temperature to start. the reaction when the reactants are introduced,
Heating is accomplished by means of a simple excess air burner and no indirect pre-
heater 1s required. .

After the reactor is hot, reaction air and desulphurized fuel gas are delivered to
the generator at suitable pressure, very accurately proportioned and intimately
mixed. When this mixture 1s introduced into the catalytic reactor, typical re-
forming reactions occur. The exothermic formation of CO, occurs near the reactor
inlet and the endothermic reactions occur later so that a characteristic temperature
gradient persists throughout the catalyst bed. The reactor temperatures rapidly
attain equilibrium, and composition of the product atmosphere becomes stabilized
quickly so that a constant analysis of product gas is attained within minutes after
the reaction is started. In the same manner, ‘the reactor responds rapidly to changes
in air-gas ratios to produce the atmosphere desired.
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The reactor is shut down by simply closing the gas and air valves and allowing the
reactor to cool. Since it is heavily insulated, it will lose temperature slowly ard
may be restarted without preheating for a number of hours after shutdown. The length
of time will depend on the size of the unit and its operating conditions. "This is a
very desirable feature for applications wh:re gas demands are intermittent.

The production of atmospheres containing greater than 45% combustibles requires the
use of a preheater. This i5 an indirect heater used to heat the reactants during
normal operation and to heat the air to bring the reactor to ‘its starting temperature.
Other components of the system are identical to the 45% combustibles generator.

The temperature of the product gas leaving the reactor is dependent upon the type of
fuel gas used, air-gas ratio and the degree of preheat employed. -It has ‘been found ~
that the water gas shift reaction (CO+H20€:;;C02+H 0) stays in eduilibrium with the ’
discharge gas temperaturé over a wide range of'spage velocities, "It has also been -
determined 'that the unreacted Methane content of the product gas variés in a pre-
dictable manner with the discharge gas temperature and the space velocity. Since -
system heat losees are calcuable and small, it is feasible to calculate accurately
the air-gas ratio, space velocity, and preheat required to produce a specific analysis
of product gas. This in turn permits the rapid attainment -of equilibriim’'conditions-
after start-up. Figure 2 shows typical reactor operating data, using natural gas or
commercial propane fuels with the generator operating at- rated capacity. Adjustments
can be made to operate anywhere within the limits of Tests 1 and.2 and also under:
somewhat leaner conditions than shown in Test'l, The relationship between Methane:
and feactor diScharge temperature and space velocity is 'shown in Figure 3. :

Major development considerations center around the propér deésign of the reactor:
catalyst bed, means for introducing the reactants into the bed; dnd the seleétion -
of suitable catalyst to make the process operate without exceeding the temperature
it 1imits and without carbon deposition., The equipment which has been developed

successfully meets the application requirements.

Approximate equipment and utilities costs for typical adiabatic reactors are shown
on Figure 4. Eqdipment costs include air compressor and adequate instrumentation. -
Utilities are based on natural gas at 50¢/M scf; and electric power 'at 3/4¢/KWH.-
Product gas is at one atmosphere pressure and’ reactor temperature. A photograph of
a high combustibles adiabatic reactor is shown in Figure-5. - .

II. NITROGEN GENERATOR

Nitrogen generators are widely used throughout industry for purging, blanketing,

heat treating, and many other operations requiring so called inert atmospheres to
insure safe operation and/or improved processing. The nitrogen for such applications
can be provided by many methods. Small demands are satisfied by using cylinder gas;
larger requirements by on-site production via a variety of methods., One inexpensive
means is by removing CO,and H,O from the products of combustion of hydrocarbon fuels.
The nitrogen produced contains small concentrations of CO and H, which are generally
controlled between 0.5% and 4.0%, making the nitrogen sufficiently pure for the

ma jority of applications.

- At the present time numerous purification systems and generators have been developed
and are being used for this purpose. The majority of such generators use an ad-
sorption system to remove CO, and refrigeration and/or adsorption systems for de-
hydration. Typically the CO, absorption system is a closed Monoethanolamine (MEA)
solution which absorbs CO, from the process gas and in turn is regenerated by utili-
zing the exothermic heat of combustion released in the preparation of the process gas.
The adsorption dryers are normally of the thermally reactivated alumina type. These
generators are highly developed, reliable and efficient machines, but are subject to
corrosion problems. Over the years, considerable work has been done to circumvent
this problem by many means, especially using dry adsorbent systems to reriove beth
COy and HZO' This developmental activity has increased with the advent of higher
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capacity adsorbents such as the Molecular Sieves.

Many systems have been devised to apply these new adsorbents to the manufacture of
simple, reliable, and economical nitrogen gas generators. One method is shown dia-
grammatically in Figure 6. Operation is generally as follows:

Air and fuel gas are proportioned by suitable flow rationing means and burned in an
exothermic gas generator wherein the products of combustion are cooled either direct-
ly or indirectly with cooling water. The cooled gas contains nitrogen, generally
with approximately 11% CO; and 1.0 to 4.07% combustibles. It is saturated with water
at approximately cooling water temperature. The cooled gas enters the right hand
adsorbing bed at a pressure slightly above one atmosphere. Both CO, and H,0 are
adsorbed from the gas stream by the adsorbent in the tower, and thus“dry nitrogen
containing essentially 1/27% to 2% CO and 1/2% to 2% H, is produced. -

While the right hand bed is purifying the process gas stream, the left hand bed is
being reactivated. This is accomplished without heat by maintaining the desorbing

bed under a vacuum during the desorption cycle and utilizing some of the product nitro-
gen as a purge gas to sweep the desorbed CO_ and H_O from the reactivating bed. Re-
activation is accomplished without additiongl heatzand at essentially ambient tempera-
ture, After reactivation the left tower is repressurized. The towers are cycled
alternately so that one is adsorbing €O and H O at all times, and the other desorbing
or reactivating. A continuous flow of ﬂitrogea is maintained from the system.

Cycle times are less than 10 minutes to maintain essentially adiabatic conditions
in the towers and to minimize the quantity of dessicant required. Cycle time is
determined by the economics of nitrogen loss for purging and repressurizing, and
pump down desorption times.

The pressure swing system is automatic, simple, and has few components. Equipment
costs are comparable to MEA systems and utility costs are approximately 13¢ per MCF
nitrogen.

Figure 7.1s a photograph of a nitrogen generator of the type described.

III. EXOTHERMIC GAS GENERATORS

Because of their simplicity'and economy, exothermic generators continue to be used

* for processes and in applications in which nitrogen containing CO, and H 0 in

relatively high concentrations and CO, CH, in small concentration§ are ngt detri-
mental. Many heat treating processes in éerrous and non-ferrous metallurgy utilize
exothermic generator atmospheres. For example, the annealing of sheet steel,
aluminum sheet, coils and foil, copper alloy and also the calcining of charcoal, all
represent uses of such atmospheres for high temperature processes. At lower tempera-
tures exothermic generator atmospheres are used in grain storage and for safety appli-
cations. Figure 8 shows the compositions of several typical atmospheres which may
be produced from exothermic generators, In many cases the generators are expected to
operate over the entire range of air-gas ratios shown and they must be designed
accordingly.

The simplicity of exothermic gas generating equipment may be seen in Figure 9. The
air-gas proportioning system is identical to that used for the nitrogen generator.

Since the main attribute of this type' of atmosphere is its low equipmeént cost and
operating economy, emphasis has been and is on producing more gas in a single generator
and at the same time decreasing the physical dimensions of generators.

The air-gas mixing and burner system is probably the major consideration in the de-
signing of exothermic generators. Poor mixing will result in stratification of the
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gases and non-uniform and incomplete combustion. Slightly rich or lean zones will
develop at the mixer and burner and will persist throughout the combustion chamber.
This will result in the production of exothermic gas containing some free oxygen in
a rich gas atmosphere or some combustibles in a lean gas atmosphere. This problem
becomes more difficult as generator capacities increase.

An ideal mixer and burner system will intimately mix and allow the air and fuel gas
streams to react in as short a time as possible in order to keep premix and combustion
volumes at a minimum. From a safety standpoint a nozzle mixing system is desirable
since it eliminates hazardous premix volumes altogether and does not require fire
checks, For large capacity generators this is especially desirable, since otherwise
multiple fire check and burners are required, both of which increase the cost and
operating complexity of the equipment.

The problem of developing a simple nozzle mixing burner system for large generators
is difficult and becomes more so as generators increase in capacity. This is because
of the longer mixing paths associated with larger equipment.

Many approaches to the problem have been used and much development work has been done.
Hydraulic studies, cold gaseous models using various tracer techniques and special
hot probe studies have been employed to evaluate the characteristics of various
mixing and burner systems. As a result of such work, large nozzle mixing burners
have been developed which mix well with a minimum expenditure of energy and promote
complete combustion in a small volume. Figure 1 shows one such generator, 120,000
scfh capacity, using a single nozzle mixing burner. Development is continuing to
insure improved performance as the demand for generators of .increasing capacitles
continues.

The generator shown in Figure 10 also incorporates a gas cooling system which is an
integral part of the unit. The purpose is, again; simplicity and saving of floor
space. The cooler consists of an annular shaped packed tower surrounding the com-
bustion chamber, Gas is passed upward through the cooler and is cooled by water flow-
ing downward. Where it is necessary to employ indirect cooling, condensate from the
products of combustion is cooled and recirculated through the cooler. This is one of
several compact cooling systems which are being used successfully on exothermic
generators at the present time. '

The general trend of virtually all classes of generators is towards more accurate
control of product gas composition, increasing emphasis on automatic and simplified
operation, and the production of increasing quantities of gases in smaller floor
spaces at a lower capital expenditure. Continually improving instrumentation for
analysis and control and the development of analytical techniques aided by computers
is permitting a better understanding of the important mechanisms of gas generator
systems and the development of improved equipment to meet industrial demands. The
development of the three generators described in this paper are a direct result of
the modern technological advances of the last few years.
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Low Temperature Carbon Monoxide-
Conversion Catalysts v

Robert Habermehl
- Kenton Atwood

Catalysts and Chemicals Inc.
Louisville, Kentucky

The purpose of this paper is to report on the initial commercial operation of a low-
temperature carbon monoxide conversion catalyst and to show some of the economic
advantages of using such a catalyst in the production of hydrogen and ammonia
synthesis gas.

HISTORICAL: The production of hydrogen for making ammonia synthesis gas has
reached major proportions. The quantity of hydrogen used in ammonia synthesis -
in the U.S. last year exceeded 540 billion cubic feet, more than 1.5 billion cubic

feet per day. The consumption of hydrogen for ammonia synthesis world-wide
" now exceeds 1500 billion cubic feet per year and is growing at the rate of scrmewhere
between seven and ten per cent per year. In addition, the production of hydrogen
for chemical hydrogenations and for hydrotreating and hydrocracking is becoming
an increasingly important factor in the consumption of hydrogen. Hydrocracking
along with increased ammonia production portends a continued increase in the re-
quirements for more hydrogen production. r

Most of the hydrogen being consuméd is produced by the reaction of steam with a
hydrocarbon

CxHy + xH, O = xCO + (x+z) H,
2

~ and is commonly referred to as ''reforming. ' Smaller quantities of hydrogen are
produced by the partial oxidation of hydrocarbons by the reaction

CxHy + xO, = xCO + yH,
2 : 2

In order to maximize the quantity of hydrogen produced in these processes, it is
essential to convert the carbon monoxide to carbon dioxide and additicnal hydrogen
by reacting it with steam

CO + H,O = CO, + H,

This reaction is in equilibrium and tends to go to completion towards the right as
the temperature is decreased. Pressure has no effect on the equilibrium. It,
therefore, becomes desirable to promote this reaction at the lowest possible
temperature. In order to increase the reaction rate at which equilibrium
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conditions are approached, it has been necessary to carry out the reaction in the
presence of a catalyst. The catalyst used almost exclusively for this reaction
for the last 40 to 50. years has been an 1ron oxide-chrome oxide promoted catalyst.
This catalyst caused the reactﬂ1on to proceed at commercrally fea51ble rates at
temperatures as low as 650°F, and it had a useful 1ifé of three to ‘over ten years,
depending on the conservausm of the design.’ Although other catalysts have been
1nvest1gated and reported 1) (2) for promot1hg the reaction between carben’
monoxide and steam at temperatures lower than 650°F, none have found com-
mercial acceptance, due principally to an 1mpract1ca]1y short life when used at
near atmospheric pressure. One low-temperature conversion catalyst, however,
found limited commermal acceptance when used at relatwely hlgh pres sures.

It was not uritll 1953'that a commercial plant was constructed for the production

of hydrogen for the manufacture of ammonia synthesis gas by steam-hydrocarbon
reforming at pressures apprec1ab1y hlgher than atmospheric, approxtmately 90

psig. Since that time most of the plants constructed operate at pressures ranging
from 75 to 300 psig. The plants formerly constructed to operate at near atmospheric
pressure are now being replaced or converted into plants opérating at the higher
pressures. : ’

In 1931 Larson (3) was granted a patent on a catalyst for promoting the reaction
between carbon monoxide and steam at temperatures as low as 540°F. A com-
mercial plant was constructed early in the period of 1940-1950 for the production
of hydrogen from water-gas for the manufacture of ammonia synthesis gas. Tke
conversion of carbon monoxide to carbon dioxide and hydrogen was carried out
over a catalyst apparently based on the Larson patent at approximately 450 peig.
Although exact operating temperatures and rates have never been published, they
are known to be in the range of 350° to 650°F, and space velocities of 400 to
1000 SCF per cubic foot of catalyst. Even though the catalyst had a relatively
short life, it continued to be used even to the present time. This catalyst never
found commercial acceptance for low pressure operation, presumably because cf
an impractically short life.

- Catalysts and Chemicals Inc., soon after its formation in 1957, started successful

development work on the adaptation of a catalyst, in general similar to the Larson
cataly.st, for promoting the conversion of carbon monoxide in the temperature

range ?f 350°to 650°F. Over eight commercial charges of this catalyst, designated
as C18'"/, are in operation or soon to go in operation at pressures ranging from
near atmospheric to 350 psig; however, most of these plants will operate at over
100 psig. Pilot plant and commercial experience show that the catalyst will operate
at rates appreciably in excess of those for the conventional iron oxide-chrome

oxide type catalyst. With reasonable extrapolation of the available commercial
experience, a practical life of at least one and one-half to three years-can be
expected. o B

PRINCIPAL ADVANTAGES OF C18 TYPE LOW-TEMPERA TURE CONVERSION |
CATALYST: The advantages of a low-temperature carbon monoxide conversion
catalyst in hydrogen production are obvious from a study of the equilibrium '
reaction ’ ’ ’

’

CO + H,¢C = CO, + H
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The equilibrium constant for the reaction has a value of 22 at 650°F, which is the
generally accepted minimum effective temperature for the use of the iron oxide-
chrome oxide catalyst. The equilibrium constant is 207 at 400°F, which is a
reasonable temperature for the C18 type low-temperature conversion catalyst.
The practical signiﬁcéhce of this is that at the same steam concentration, the -
use of the C18 catalyst will result in over 99 per cent conversion of the :carbon
monoxide, whereas the iron oxide-chrome oxide catalyst will give only 90 to 95
per cent conversion at its lowest effective temperature.

If it is assumed that the processing scheme for hydrogen production for the manu-
facture of ammonia synthesis gas is the conventional steam-hydrocarbon reforming--
consisting of a primary and secondary reformer followed by carbon monoxide con-
version, carbon dioxide removal and then methanation of the residual carbon
monoxide--and that the acceptable level of residual carbon monoxide to be methanated
is not more than 0. 3 mol per cent, the steam requirement for achieving this degree
of conversion in a single stage of carbon monoxide conversion with the usual inter-
stage cooling is 3.5 mols of steam per mol of dry feed gas when an iron oxide-
chrome oxide catalyst is used. When the C18 low-temperature conversion catalyst

is used, the steam requirement is 0.7 mol per mol of dry feed gas, a reduction

of 80 per cent. The greater quantity of steam required with the iron oxide-chrome
oxide catalyst, however, is considered impractical and either a lower quantity of
steam is used with a single stage of conversion, followed by carbon dioxide removal
and methanation, or two stages of carbon monoxide conversion are used with car-

- bon dioxide removal after each stage, followed by methanation. In the first case,

the carbon monoxide to be methanated ranges from 0.6 to 1.0 mol per cent. This
greater quantity of carbon monoxide not only increases the quantity of inerts in the
synthesis gas, thus making the synthesis of ammonia less efficient, but for each

mol of carbon monoxide methanated, 3 mols of hydrogen are consumed, requiring

a larger plant to produce the expected quantity of ammmonia. In the second case
where two stages of conversion are used, the carbon monoxide to -be methanated

does not exceed 0.3 mol per cent; however, considerably more equipment is re- =
quired, consisting of a stage of carbon dioxide removal, heaters, saturators, ¢
exchangers, coolers, etc., which not only increase the capital cost of the plant, R
but also the operating cost. ’ )

The 2dditional steam that must be added to the gas for the second stage conversion
" reaction brings the over-all steam requirements to 1. 4 mols of steam per mol of
dry gas exit the secondary reformer. This is still twice the quantity of steam
required for achieving the same degree of conversion.in a s1ng1e stage conversion
system using the low~-temperature shift catalyst. : {

These steam requirements for the three basic carbon monoxide conversion systems
are summarized in Figure 1. Additional significance to the potential advantage of
the low-temperature shift catalyst can be seen by observing on the graph that the
steam level in the gas required to achieve a methane leakage of 0.2 mol per cent
from a secondary reformer is 0.5 mol per mol of dry gas at 150 psig and 0.7 mol
per mol of dry gas at 300 psig. It has already been indicated that the 0.7 steam to
dry gas ratio is the required steam level to reach the 0.3 per cent carbon monoxide
level in the feed to the methanator. Further, the practical steam levels required
in the gas to supply the energy requirements of regenerating the carbon dioxide re-
moval solution are shown for an amine system and for one of the newer carbon dioxide
removal systems. These steam to gas ratios are 1.40 and 0.70, respectively.
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Once again, the 0.70 value appears and shows that the C18-1 development is an
important contnbutor to the advancmg technology in ammonia synthesis gas
production. - -

Figure l'also shows the relative physical size of the shift converters for the three
basic conversion systems. If the size requirement of the  single-stage system
using the C18-1 catalyst in conjunction with pre- -conversion over a conventional
catalyst is considered as 1, the size of the two-stage conventional catalyst qystem
is 1.4 and for the single-stage conventional catalyst sysiem is 6. 0.

The potential advantages of the low-temperzture shift catalyst in ammonia synthesis
gas production are further shown in Table I, wherein a cdmparison_is made in scme
of the critical conditions and requirements for a hypothetical 300 ton per day
ammonia plant for the following three alternate processing schemes. The reformer
pressure level in all cases is 300 psig exit the reformer tubes.

Casel ' =~ A single-stage conversion system employing conventional
o " catalyst in series with low-temperature shift catalyst
and using one cf the newer 'lower energy" carbon dioxide
removal processes.

Case 2 - The same as Case 1 except employing conventional cata-
lyst throughout the single-stage converter and operating
with higher inerts in the synthesis gas ioop.

Case 3 - The same as Case 2 except using amine as the carbon
‘ dioxide removal system and obtaining a greater con-
version of the carbon monoxide due to the higher steam
requirements of the amine system.

Comparison of the hydrocarbon requirements in the above systems in Table I in-
dicates that the use of low-temperature shift catalyst permits the syntheeis gas
section of the plant to be reduced in size by approximately 12 per cent. The in-
‘creased cost of the catalyst required'to give this advantage is approximately
$50, 000, including the use of a primary reforming catalyst with the best known
activity and heat transfer characteristics such that full advantage can be taken in

reducing the physical size of the plant.

Figure 2 shows the relative hydrocarbon requirements for the process, including
fuel and steam production, for these three systems of synthesis gas production.

' The production of large quantities of relatively high-purity hydrogen, such as are

necessary for the new hydrocracking of hydrocarbons processes, is gaining rapidly
in industrial importance. The typical plant involves high pressure reforming,
single-stage conversion, carbon dioxide removal, and methanation of residual

_carbon oxides. The degree of conversion of the carbon monoxide exit the reformer

influences the ultimate cost of these plants since unconverted carbon monoxide ends
up as a methane impurity in the product and affects the degree of reforming tc
reach a given product purity. The greater conversion of carbon monoxide is made
possible through the use of low-temperature shift catalyst and, therefore, permits
a substantial reduction in the physical size of the reformer with attendant lower
steam and fuel requirements, or alternatively, permits reforming at a higher

13
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pressure level with 2 subsequent reduction 1n compression costs.

Figure 3 shows a comparison of a reformer design when using conventional cata-
lyst versus the use of low-temperature carbon monoxide conversion catalyst
and the best reforming catalyst available. The size of the reformer in terms of
catalyst volume requxred and the maximum tube wall temperature in the reform-
ing furnace are plotted against hydrogen purities of 95 to 98 per cent for a
production capacity of 50 MMSCF D of net hydrogen delivered at 150 psig. It is
shown that the use of the Jlow-temperature conversion catalyst permits a 25 to

30 per cent reduction m the size of the reformer. :

For example, in the case of 95 per cent hydrogen purity, it is observed that
approximately 740 cubic feet of catalyst are required in the reformer when usmg
the conventional catalyst, whereas approximately. 550 cubic feet are required
when using the low-temperature shift catalyst and the best reformmg catalyst
available. The maximum tube wall temperature in both cases is 1670°F assuming
the same physical size of the tubes in terms of inside diameter and length in the
fired zone of the reformer. For 97 per-‘cent.hydrogen.purity, when using the con-
ventional catalyst, the reformer must contdin about 785 cubic feet of catalyst and
the maximum tube wall temperatire required is' 1720°F.. With .C18 catalyst in~
the shift converter, the reformer size may be reduced to contain 665 cub1c feet of
catalyst and the tube wall temperature requ1red is now 1700 °F.

LABORATORY DEVELOPMENT AND COMMERCIAL DEMONSTRATION OF THE
EFFECTIVENESS OF C18 LOW-TEMPERATURE CARBON-MONOXIDE CONVERSION
CATALYST: Bench scale and pilot plant work have been conducted in the laboratories
of Catalysts and Chemicals Inc. to establish the preferred catalyst composition, the
best method of preparation of the catalyst, the method of reduction giving a catalyst

of the highest activity, the cptimum op€rating conditions, the.effect of poisons, and

the decline.of activity with time on stream versus operating temperature. Specific
studies were made on the effect of total pressure, the partial pressure of carbon
dioxide, and the partial pressure of steam on the kinetics of the reaction.

It is not to be implied that the laboratory studies have resulted in complete answers
to the quantitative effect of all the variables involved; however, it is believed that
sufficient information is known upon which to base workable. des1gns at the usual |
processing conditions. - -

Life tests in excess of 13 months' duration were conducted at typical operating con-
ditions. '

o A e etk ach 2l o

The first commercial charge of C18 was placed on stream on January 1, 1963 in

a 210 ton per day ammonia plant at about 120 psig. An operating mishap during
reduction of the catalyst and adverse conditions during the initial stages of opera-
tion resulted in below-normal initial activity of the catalyst. Despite these factors,
however, the catalyst had sufficient activity to show a distinct advantage over the
previous conventional catalyst, and operation has continued to the date of this
writing with no more than the anticipated decline in activity. The initial activityA
and the rate of decline in activity are shown in Figure 4. This charge of catalyst
has been on stream for 12-1/2 months as of this date. ’



The second commercial charge of C18 catalyst was placed on stream on May 11,
!963 in a 260 ton per day ammonia plant on the West Coast. In contrast to the -
first charge of catalyst, the conditions of reduction and initial operation were in
accerdance with the recommended procedures, and this charge of catalyst is con-
tinuing to operate at an inlef temperature of 400°F, which was the initial inlet
temperature. The relative activity level and decline in activity of this charge of
catalyst are shown in Figure 4, and specific data are presented in Table II. The
performance of this charge of catalyst has thus far exceeded the anticipated per-
formance based on the pilot plant life tests.

A third charge of C18 catalyst was placed in operation on July 24, 1963, operating
on a slip stream of a reformer effluent at 2 psig. It continhues to perform satis-
factorily, and the relative activity and decline in activity are shown in Figure 4.
The design level of this operation, however, which was deduced from experiments
at low pressure, may prove to be uneconomical in many applications. Further
operating experience is required before the use of the catalyst can be encouraged
at low pressures.

As stated, Figure 4 shows the performance of the C18 catalyst in these three com-
mercial units. The relative activity with time on stream is shown in relation to
the performance of the catalyst throughout the 13-month life test in CCI's pilot
plant.

A projection of these curves indicates an anticipated life of the catalyst of one
and one-half to three years in commercial operation. A significant factor shown
in Figure 4 is the commercial verification of the importance of reduction conditions

" on the activity of low-temperature conversion catalysts when the performance in
- Plants 1 and 2 is compared.

As of this writing, five more commercial charges of C18 éatalyst have been sold
for startup in early 1964.

SUMMARY: The C18 low-temperature carbon monoxide conversion catalyst has -
beexn demonstrated commercially to offer a proven economical life in hydrogen
and ammonia synthesis gas manufacture. The catalyst is, in general, more
sencitive to both catalyst poisons-and abnormal operating conditions than is the
conventional iron oxide-chrome oxide catalyst and, therefore, requires more
careful operation and greater attention to detail in process design. Specifically,
the catalyst activity is severely affected by even trace quantities of sulfur in the
feed gas. The activity is appreciably affected by the subjection of the catalyst to
temperatures in excess of the normal operating level.

The C18 catalyst must be reduced under special conditions and with great care in
order to obtain maximum activity and long life.

Application of the catalyst in low pressure operations has not been shown to be
practical. and more operating experience will be required before this can be
determined. ’ -

The cataiyst has been proven to offer an attractive payout factor in terms of initial
p:ant investment and operating economy. The ultimate life of the catalyst could well
exceed the projected minimum of one and one-half to three years based on the

v ummercial operatwn to date.

15
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TABLE I

L Cbrﬁpar;éb'n ‘of Pro¢éss DesigniFeatures of Ammonia.
* Synthesis Gas ‘Manufacture Using” Low-Temperature
. .Carbon Monoxide Conversion Catalyst

Process Scheme:

Basis:

Case *

CO in Shift Converter
Effluen(:"-‘* :

Inerts (CHgq + A) Exit
Methanator, mols/hr

Synthesis Gas Required
for 300 TPD NH; ’
- mols/hr
Relative Amount

Hydrocarbon, mols/hr
Process Requirements
Fuel Requirements

- Total Requirements
Relative Amount

Air, mols/hr ,
Process Requirements
Fuel Requirements
Total Requirements
Relative Amount

Steam Requirements
Total Lbs/Hr
Relative Amount

Relative Reformer Size

Relative Shift Converter
Size

Steam-Hydrocarbon Refor.ming ,

Primary and Secondary; 300 psig;

‘Carbon Monoxide Conversion;
Carbon Dioxide Removal;
Methanation of Carbon Oxides.

300 Tons Per Day Ammonia

1 ' 2

0. 2 mol per 1.1 mol per
cent, dry basis cent, dry basis
. 29.89 70. 85

0.5 mol per
cent, dry basis

38. 30

17

{0. 96 mol per cent)(2.1 mol per cent)l. 2l mol per cent)

3114.98 : 3361. 01
100% 107. 9%
702. 44 788.11
295.63 331.68
998. 07 1119.79
100% 112. 2%
988. 47 1054. 25
2957.70 3318. 42
3946.17 4372.67
100% 110. 81%
69,570 , 75, 200
“100% 108. 1%
100% 112. 9%
100% 125. 1%

Cases are defined in text.

Practical level of carbon monoxide in shift converter effluent using the steam
requirements of the carbon dioxide regeneration system to full effectiveness

in the shift converter.

3165. 46
101. 6%

720. 68
451. 77
1172. 45
117.47%

1001. 99

4519.74

5521. 73
139. 93%

114, 350
164. 4%
103. 0%

194. 6%
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Table II Plant Operating Data; C18 Low.Temperature Carbon Monoxide

Conversion Catalyst (260 Toné/Da’y Armmonia Plant, 120 PSIG)

Gas Analyses,

Mol Per Cent

Dry Gas
Days S. V. Inlet Outlet Inlet
on SCFH/ Temp. Temp. S/G ‘
Date Stream V/Hr. °F °F ‘Ratio " CO,
5-24-63 13 1925 410 445 © 0,336 In 4.2
Out 7.0
6-27-63 47 1980 400 450 0.42 1o 0.8
Out 3, 8
9-4-63 116 1800 402 453 0. 38 In 0.11
Out 2.91
12-4-63 207 1840 405 456 - 0.388 In 0.23

Out 3.18

Hp

71,
72,

4.
74.

71

75

.76

4

276
72.

97

.69
. 40

CHy Nz+A

(=]
W
[ZY)
_—
el

0.3 21.8
0.27 24.70
0.27 '23.80
0.28 20.70

0.27 20.10

*Analyses by customer's laboratory. Nitrogen and argon by difference.
All other analyses by CCI chromatograph and were essentially confirmed

by customer analyses.
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F1gure 1. - Low Temperature CO Convers1on Catalyst (C18)
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Figure 3 - Low Temperature CO Conversion
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Ultra Pure Hydrogen for Fuel Cell Operation
H. H. Geissler -

‘Engelhard Industries, Inc.
Process Equipment Division

The first practical fuel cells to be developed used pure oxygen
and hydrogen. It has proven to be quite feasible to adopt certain
of these cells to use air at the oxygen electrode, that is, the cath-
ode. An intensive effort is underway to develop cells which can use
a more convenient fuel at the anode. However, it appears unlikely
that such cells will be available for- pract1ca1 application in the
near future.

One alternate approach is to separate a conversion function from
the cell and modify the anode to use an impure hydrogen-rich gas. It
is relatively simple, for example, to dissociate ammonia3 and it would
‘appear to be easier to modify the anode to handle the resulting 75%
hydrogen in nitrogen mixture than it was to modify the cathode to han-
dle the 21% oxygen in nitrogen mixture which is air.  Residual fuel
gas from the anode can then be burned to supply the energy require-
ments of the dissociation reaction. This method of operation has re-
cently been described by Asea.4 : ’ : )

Producing a hydrogen-rich gas from hydrocarbons (or from oxygen-
ated hydrocarbon derivatives such as alcohols) requires appreciably
more elaborate conversion equipment and the product gas stream will
contain a variety of impurities. Methane, carbon monoxide, carbon
dioxide, nitrogen and water vapor may all be in the hydrogen-rich
stream. The presence of these impurities introduces a ‘large number
of problems with respect to the development of anodes and to the de-
sign-of the fuel cell battery system. The conditions for efficient
operation of gas diffusion electrodes with gases containing inerts
- have been developed by Baucke and Winsel.® 1In the case of gases con-
taining potential catalyst poisons, however, it may well be much more
_desirable to combine hydrogen purification with the fuel conversion
function so that only pure hydrogen'heed enter the cell. '

The production of hydrogen for fuel cell appllcatlons has been
explored for a considerable time. A number of reports prepared re-
cently indicate the difficulties which arise in scaling down conven-
tional processes for manufacturing hydrogen.sf 8 Conventional pro-
cessing schemes are as shown in Figure 1. : ' »

21
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- The primary reaction may be steam reforming or
partial combustion or a combination of the two.
- In any event it involves a high temperature en-
dothermic reaction to which heat energy must be
supplied.

- Carbon monoxide removal is generally accomplished
by the catalysed water gas shift reaction wherein
carbon monoxide reacts with water vapor to form
carbon dioxide plus hydrogen. Recent advances in
catalyst composition permit this reaction to pro-
ceed at commercially operable rates at moderate
temperatures.gl10 The advantage is that the equi-
librium is sufficiently favorable so as to require
only a single stage of shift reaction in a plant
producing about 99% purity hydrogen. Formerly sev-
eral stages with intermediate carbon dioxide removal
were required. While the shift reaction is exother-
mic the temperature level is such that the heat is
not generally usefully recoverable.

- Carbon dioxide removal is done at near ambient tem- i
peratures by scrubbing the gas with suitable regen-
erable basic reagents. A variety of reagents and
processes are available.11,12,13 i

- Pinal purification is often accomplished by catalyt-
ically hydrogenating the residual oxides of carbon
to the much less objectionable impurity methane,
followed by drying the product hydrogen stream. Al-
ternately cold box processing, generally involving
a liquid nitrogen wash, can be used.

It is evident that scaling down conventional equipment without sig- !
nificantly altering the process steps cannot result in any appre- .
ciable reduction of equipment components in small hydrogen generators !
for fuel cell use.

The Engelhard Hydrégen Process provides a new improved approach
for solving these problems by combining three basic concepts:

- a hydrogen producing reaction
~ the removal of pure product hydrogen

- the utilization of the residue as fuel to
supply the energy requirements of the process.

This makes it possible to design and construct compact hydrogen gen-
erators. The process is schematically indicated in Figure 2.
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The dissociation of ammonia is a suitable hydrogen producing

reaction. An earlier paper14 describes the design, construction
and performance of a miniature generator delivering 4 SCFH of hy-
drogen to serve a 200 watt fuel cell. This unit was developed for
the Electronics Research and Development Laboratorles of the United
States Army.

Hydrogen generators based on hydrocarbons are of much greater
general interest. Engelhard is currently engaged in constructing
a number of liquid hydrocarbon fueled hydrogen generators having
hydrogen output capacities in the range of 4 to 600 SCFH.

Steam reforming of hydrocarbons lends itself well to the Engel-
hard Hydrogen Process because the energy required for the process is
liberated outside of the reaction zone rather than within it as in
the case of part1a1 combustion. Thus the residual fuel gas can be
used to operate the process. -

While various hydrogen removal methods may be considered, dif-
fusion through a material permeable only to hydrogen accomplishes
the objectives in one simple step and can be readily adapted for
use in small hydrogen generators such as we are discussing here.
Palladium and palladium alloys are well known for their ability to
diffuse hydrogen. Several reviews of the hydrogen permeation process

have recently been presented. 15,186,137 The process is unique in that

it supplies the purest grade of hydrogen available: ultra-pure hy-
drogen containing no impurities measurable by presently available
techniques. Use of ultra-pure hydrogen greatly simplifies fuel cell
battery design. With no impurities contamination of the electrolyte
does not occur, nor do inert gases accummulate. The requirement of
venting such gases which would complicate the mechanical design of

a  fuel cell battery can be eliminated with ultra-pure hydrogen.

The Engelhard Hydrogeh Process is a highly efficient way of pro-

" ducing hydrogen. This becomes particularly important if it is to be
- considered as-a component of a fuel cell power source package. Now

consider the energy balance of a hydrogen generator as shown in Fig-
ure 2, for the steam reforming version with liquid water and liquid
hydrocarbon feed streams. . In principle the energy content of the

product hydrogen would be the same as the gross heating value of the

hydrocarbon feed and the generator would have an energy conversion
efficiency of 100%. For .this the following conditions would have to
be met: The product hydrogen and the flue gas leave the apparatus
at the same temperature as the incoming. streams. The water con-
tained in the flue gas is discharged as a liquid. No radiation and
convection heat ‘losses occur. In practice these idealized condi-
tions cannot be realized. : '

The temperatures of the'output streams can be brought to rel-
atively low levels by heat .exchange, output hydrogen against in-
coming combustion air, flue gas against fuel and water feed streams.
It is not feasible, however, to usefully recover the latent heat of .
the water vapor in the flue gas, and this may represent a sizeable loss.
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Radiation and convection losses depend upoﬁithe size and
arrangement of the apparatus, and vary from very small relative
to the gross heating value of the fuel fed, in large generators,
to as much as 20% in very miniaturized generators.

The energy loss represented by any excess water fed as a
liquid but discharged as a vapor in the flue gas is one reason
for operating at the lowest possible molal water to carbon ratios.
Another reason is to reduce the water vapor content of the reformed .
gas stream and hence to increase the partial pressure of hydrogen
in the diffusion zone. This reduces the amount of palladium alloy
required and. the overall size and weight of the apparatus. A third -
reason is that if the ratio is sufficiently low a combined hydrogen
generator—-fuel cell power source could operate with no external
water supply if the fuel cell can be engineered so that the water
produced from the hydrogen consumed is returned to the steam re-
forming hydrogen generator.

There is currently a great interest in developing improved_cat-
alysts for the steam reforming of normally liquid hydrocarbons.~¢ 9 4
Moreover, for universally useable hydrogen generator-fuel cell power
sources a catalyst is required capable of steam reforming any: type
of currently available hydrocarbon fuel, in particular gasoline, jet -
fuel, and.diesel fuel meeting present military. specifications. Such
catalysts do not appear to be available at the present. ) . - {

In the Engelhard hydrogen éenerators.now being built pfoprie-.-ﬁ -~
tary catalysts are being used which have demonstrated the ability
to steam reform. a wide variety of hydrocarbon structures, i.e. par- ~

affins, naphthenes, olefins, aromatics. Commercial-fuels such as . -
BTX raffinates (essentially Cg-Gyparaffins), light naphthas, and jet
fuels such as JP-4 have been steam reformed with these catalysts at
molar water to carbon atom ratios of three .or lower, with runs of - {
over 1000 hours, prov1ded the sulfur content was below 40 ppm. In
tests.with other commercial fuels having higher sulfur contents, ex- M
cessively rapid.catalyst deterioration was observed, which we-have

ascribed to sulfur poisoning. :

The maximum sulfur content permitted by military specifications:
for JP-4 is 4000 parts per million;20 we have found it interesting
that batch after batch of JpP-4, from at least one refiner, has con-
sistently analysed under 50 ppm. We believe this reflects how overly
liberal sulfur spec1f1catlons are in this day of modern refineries.

. Nowadays sulfur removal often occurs incidentally to other processing
and is frequently done to protect the process equipment and catalysts
used by the refiner. When and if direct conversion of hydrocarbons
in fuel cells becomes a reality a sulfur problem is likely to arise
there also. It would appear reasonable and desirable that any new
fuel specifications be written with low sulfur limits.

Returning to the mechanical aspects, it must be remembered
that although the Engelhard Hydrogen Unit is appreciably simpler
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than other hydrogen manufacturing processes it still requires a
number of components and controls. . There are ways of designing
certain very small generators to operate without any auxiliary
electric power, but in general pumps and blowers and controllers
are necessary, all of which requlre power,

One version is 1llustrated in a 51mp11f1ed schematic flow
diagram, Figure 3. Fuel and water are metered to the’ gystem in
fixed ratio by controlling the speeds of positive displacement
pumps to supply adequate feed for the hydrogen demand at any in-
stant. The feed stream is heated in a flue gas exchanger, it is
then reformed and product hydrogen removed in the reactor/diffusor.
The hydrogen stream is cooled against incoming combustion air, which
is metered by a speed controlled positive displacement blower. The
residual fuel gas from the reactor/diffusor passes through a high
temperature back pressure control valve, on to the furnace burner
where it is burned with the controlled combustion air. The flow
rates of the fuel/water feed and the combustion air must be closely
controlled to maintain high efficiency. Feed, air, and product hy-
drogen flows are not linearly related, which complicates the control
system.

The interplay between generator size and weight, efficiency,
and power requiremerit is complex. Optimization is particularly
difficult and critical in generators for mobile fuel cell power
systems. There is need for more efficient auxiliary equipment than
now available. For example, in one .140 SCFH unit under construction,
theoretical feed pump power is 2 watts, air blower power 50 watts,
while actual available equipment requlres 200 watts and 400 watts
respectlvely.
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A Hydfo’gen-dénerafing Plant for Submarine Fuel-Cell
Use Based on-Methanol Decomposition '

W. H. Heffnér, A. C. Veverka and G. T. Skaperdas
M. W, Kellogg Company
- New York:17, New York

ABSTRACT

A design study of a hydr.o"gei;x:génera:"tihg plant based on the
delcomposition of methanol and intended as a source of hydrogen for
fuel cells to be used in submarine propuision is reported. The plant
is ties’igned to supply 20 pounds per hour of ultrapure h.)'d;'dgen nolrmallyvr
(76 poundvs.; })er hoﬁr,makimﬁfn) and i's optimized on the basis of minimum
volume and weight,.'minimum oxygen consumption, maximum efficiency,
maximum simplicity and i;elliabilit.)r, .rhinimum hazar&, minimum mai.h-
tenance, and minimum cost. For ten days‘of continuous operation at

normal capacity, the hydrogen-generating equipment and fuels (méthanol

- and oxygen for combustion) represent a combined specific weight of

about 1.0 1b. /kwh and a spécific volume of 0.018 cu. ft. /kwh,
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HYDROGEN FROM NATURAL GAS FOR FUEL CELLS
~ John Meek and B. 5. Baker
"institute of Gas Téchh‘oloby s
Chicago 16, lllinols
INTRODUCTION -
To be practical, any commercial fuel cell system for Use withnatural gas must be competltive
with existing power generation schemes. Under this siringent economlc limitation, many potential

fuel cell systems are eliminated. A review of the more common fuel cells (Table 1) summarizes the

authors' estimate of these systems, based only on the criterion of economic feasibility for use In the
gas Industry.

At the beginning of 1963, a low~temperature -fuel cell program was Initiated at the Institute of
Gas Technology to study the use of reformed natural gas and alr in acld fuel cells. This system, based
on the use of Impure hydrogen, does not appear to have been extensively studied elsewhere. The
following considerations motivated this course of study:

1. Natural gas (methane) is difficult to react directly at low temperatures
in fuel cells.

2. Hydrogen Is known to be a good fuel cell fuel at low temperatures.
3. Natural gas is-an eastly reformed hydrocarbon fuel. .
4. Reformed natural gas will contain about 80 mole percent hydrogen.

5. Anacid cell, in principle, does not require a high-purity hydrogen
feed. T

“The present paper Is concerned with that portion of the IGT program devoted to the production
from natural gas of a hydrogen-rich feed which is compatible with economic fuel cell operation.

The obectives set forth for the hydrogeﬁ generation sysfer;{ were dictated by economlc as -
well as practical. feasibility. The project.was gulded by the following goals:

1. Low-cost components,

2, Mux!mum_ methane conversion,

3. Minlmum carbc_)n monoxide content.
4, No moving parts, |

5. Low system pressure drop.
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The need for low-cost components with low pressure drop eliminated conventional paliadium
diffuser purification schemes. The impracticability of having moving parts in small generators (deliver-
ing 2~ to 100-kilowatt fuel cells) eliminated scrubbing towers, often used in larger hydrogen
purification processes. Maximum methane converslori Is essential "6 obtain high efflclency.  The
desirability of a low carbon monoxlde concenhaﬂon resulfed from information derived from the fuel
cell portion of the program. All of the above goals ore ‘based on the needs of on-site generoﬁon -
systems for use in the gas lndustry. :

THE HYDROGEN GENERATION SYSTEM

To ochleve the design gools outlined ‘above, a multi-stage process was necessary. - The scheme
studied was a three-stage process made up of the following steps:

. Reforming: CH4 + H0 »3H, +CO o )
Shifting: CO +HpO ~COp + H, @
Methanation: CO + 3H,-CHy + HyO ' I )

The overall proeess s shown schemoﬁcd”y in Figure 1.’

Methane Reforming

Reaction (1) being well-known, it was the intent of this study to establish operating parameters
which might be useful In the construction of small hydrogen generators. Experiments were conducted
In reactors capable of providing power for a fuel cell system of a few hundréd watts. Since most
experience with these reactions Is with larger systems, It was feh that scaleup in this instance would
be relatively sh'o!ghfforward

A steel reactor 1 inch In diameter and 18 Inches long was filled to a 4-Inch bed height with
Girdler G-56B catalyst, which was reduced in size to give a reactor diameter-to-particle size ratio of
about 10:1. The total pressure drop through the reactor at a space velocity of 1000 SCF per cu. ft.
of catalyst f per hour was only 1 inch of water. A steam-to-methane mole ratio of 3:1 was chosen, and
studies were made at space velocities of 500 and 1000 SCF per.cu. ft. of catalyst per hour at a '
variety of temperatures. Effluent gas was ‘analyzed chromatographically for carbon monexide and meth-
ane with a Fisher-Gulf partitioner using a charcoal column. The only other detectable carbon-contain=
ing species present, carbon dioxide,was determined from a mass balance. -

The results of these experiments (Figure 2) show that methane conversion was a strong function
of space velocity with respect to the temperature required to achieve complete converslon, higher
temperature being required for higher space velocities. For the space velocities studied, complete
conversion was obtained at 800°C. and above. The exit gas carbon monoxide content was not a strong
function of space velocity, and the effiuent carbon monoxide concentration at 800°C., was about 15
mole %. At the lower space velocity, experiments conducted at temperatures up to 1000°C, resulted
In a further increase in carbon monoxide concentration. Sinceé the ultimate goal is a low carbon mon-
oxide content in the fuel cell feed gas, operating at this high temperature is undesirable. Also, from
a thermal efficiency standpolnt the lowest possible reforming temperature is most desirable, Having
established reasonable operating limits for the reforming stage, the effluent from the reformer was used
as the lnput to the shift reactor. :

Carbon Monoxide Shift’

Conventional shift processes operaﬂng between 300° and 500°C. require, to achieve a low car-
bon monoxide content (3000 parts per million or less), the use of o carbon dioxide absorption stoge, which
is unwlieldy for use in small systems. Recently work done by Moe (1) indicated that reformed and shifted
gases containing 2000 to 3000 parts per million carbon monoxide could be achfeved without carbon
dioxide removal if a low~-temperature (175° to 300°C.) shift catalyst was used. This relatively new
catalyst,” Glrdler G-66, was placed iIn a reactor of 1-lnch dlameter and 18-inch length,- filled to a bed
helght of 8 inches, and the shift reaction was studied with respect to temperature, space veloclty, and
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steam~-to-gas ratia, As in the study of the reforming i’eccﬂon, the carbon monoxide and methane can-
tents of the effluent gas stream were analyzed chromatographically,

The results of this study are shown In Figures 3 and 4, In Figure 3, the effects of space velocity
and temperature on the carbon monoxide content of the effluent gas are indicated. At the higher space
velocity, 1000 SCAF per cu. ft. of catalyst per hour, the desired (educ.tion in the carbon monoxide
content of the effluent gas could not be obtained. Experiments at still higher space velocities, 2000
SCF per cu. ft. of catalyst per hour, yielded much poorer results, not reported here. However,- at
a space velocity of 500 SCF per-cu. ft.of catalyst per hour, a minimum in the carbon monoxide
concentration Is seen to occur at about 267°C. In Figure 4, the strong effect of the steam content of °. -
the reacting mixture on the effluent carbon monoxide concentration Is indicated. At 250°C., a con-
tinuous reduction In the carbon monoxide content is obtained as the steam-to-methane ratlo is Increased,
The maximum ratio tested was 7.3:1, as this ratio readily ylelded a carbon monoxide content which was
known to be further reducible by methanation. Whether additional steam is desirable will be declded
later on the basis of the cost of the steam, as well as the fuel cell performance on impure hydrogen -
feed. -

Carbon Monoxide Methanation

Reaction 3, methanation, posed the greatest challenge in the overall carbon manoxide reduction
process. The first attempts at achieving an effective reduction in the carbon monoxide content of a
synthetic gas containing 80 mole % hydrogen, 19.7 mole % carbon dioxide, and 0.3 mole % carbon

monoxide, using conventional methanation catalysis, were unsuccessful. Either of two events occurred, .

At very low temperatures no reactions occurred, while at higher temperatures the water gas shift was
promoted along with methanation and at best only a slight decrease, and in some cases an actual In-
crease, In carbon monoxide: was observed. '

The problem was to find a catalyst which would permit selective mefhanation of carbon monoxide
In the presence of carbon dioxide, under conditions in which the latter Is present in concentrations two
orders of magnitude greoter than the former. The need for selective methanation is twofold. If appre~’
ciable amounts of the carbon dioxide react, the exothermic nature of the reaction almost ensures a
complete loss of temperature control in the system. As the temperature rises, more carbon dioxide is’
methanated and large amounts of hydrogen are consumed. In the limiting case, all of the hydrogen
and carbon dioxlde could react to form methane. Equilibrium calculations clearly Indicated the desir-
ability of low-temperature operation, although even under these conditions the sought-after reduction’
did not appear achievabie. ’ ’ ; -

Using the above-mentioned gas-composition, experiments were conducted with a ruthenium-on-
alumina catalyst obtained from Englehard Industries, Inc. The effluent gas composition was analyzed
with the afore-mentioned chromatograph and a Mine Safety Appliances Co. Lira Infrared analyzer.
With the infrared analyzer, carbon monoxide was determined with an accuracy of about 10 parts per
million. Again, a variety of parameters were studied, Including excess water, and the results are
shown In Figures 5 and 6, The excess water tests were made to ascertaln ot what stoge in the hydrogen
generation system it would be most favorable to remove water. .

In Figure 5, the carbon monoxide content of the exit gas Is seen.as o function of temperature
for the case of 2 mole % water vapor in the feed. Distinct minimums in carbon monoxide content —
about 100 parts per million, dependent on space velocity and temperature — are seen. It Is interesting
that, for Increasing space velocity, the same minimum carbon monoxide content Is obtalned, but at
higher temperatures. In Figure 4, the some parameters are studled with o feed gos containing 15% water
vapor, Again,. the same minimum carbon monoxide concentration 1s obtalned, but at slightly higher
temperatures. It was also observed that, In the range of minlmum carbon monoxide coritent, no apprec!-
able conversion of carbon dloxide to methane occurred; hence, the reaction can be cansidered highly
selective. The carban manoxide reduction process Is summarized In Figure 7.

'
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Complete Hydrogen Generation System

After completing the experimental work on the reactions described above, .reforming, shift, and
methanation reactors were connected in serfes, and the complete system was analyzed, A natural gas
containing about 95% methane and 5% higher hydrocarbons was passed through a sulfur removal
cartridge and fed to the first reactor stage, where it was reformed in the presence of excess steam (steam~
to-gas mole ratio of 7.3:1) at a space velocity of 250 SCF per cu. ft. of catalyst per hour at 800°C.

The effluent from this reactor was fed to the shift reactor operating.at a space velocity of 500 SCF per
cu. ft. of catalyst per hour at 270°C. The effluent from this stage was fed to a condenser where a por-
tion of the excess water was removed, and the remalning gas mixture was fed to the methanation reactor’
operated at a space velocity of 1000 SCF per cu. ft, of catalyst per hour and at a temperature of 190°C.
The total system pressure drop was 4 inches of water column. The product gas was analyzed to be 78 mole
% hydrogen, 19.7 mole % carbon dioxide, 0.3 mole % methane, 2 mole % water, and 8 parts per
million carbon monoxide. The carbon monoxide was analyzed on a speclul MSA Lira Infrared analyzer
with a senslﬂvlfy of 2 parts per million. . -

The tenfold improvemenf in performance compared with the previous experlmenf”ls not readily

- explalnable. Some.improvement had been anticipated on the basis that the orlginal methanation

experiments were performed with a feed gas containing about 3400 parts per million carbon monoxide,
while the actual shift reaction reduced that concentration by almost a factor of 2, Experiments are
belng continued to study further the effects of steam-to~methane ratlo, space velocity, and catalysf
life. Experimental evidence from the fuel cell portion of the program indicates that the above~
mentioned carbon monoxide content can be readily tolerated by the hydrogen electrode.

EFFIC l'ENCY AND EC ONOMICS

One of fhe most oﬁrocﬂve features of fuel ce||s Is their potentially high efficiency. When on

_ addltional processing sruge,such as the one just described, s added to the. fuel cell system, a reduction

In overall efflclency may bé anticipated. To place the exfernal reformer=fuel cell system in the proper
perspective, estimates of the overall system efficlencles have been mode, based-on several fuel cell
and reforming parameters.

.Two madels have been chosen for evaluoﬂon, and these are shown schematically In Figure 8.
In both schemes, It is assumed that the heat requlired to sustain the reforming reaction is supplied from

an external burner (I.e., there Is no partlal combusﬂon in the reformer).” Also, both schemes assume

single-pass conversion In the fuel cell.

" The two schemes choseh for anolysls differ only In the effect of.recovery of the heat value of
recycled spent fuel from the fuel cell. The following parameters have been defined:

no - overdll efficlency, electrical energy output based on the heat of combustion of
the total amount of methane consumed

My - voltage efficiency, fraction of the theoretical fuel cell potential actually obtained
Nc- - conversion efficiency, fraction of the fuel converted in the fuel cell

NR - reactor thermal efficiency, totdl reformer heat requirement, based on the as—
sumption of nonideal insulation :

ME - heat exchanger efficlency, fraction of heat recovered In heat exchangers

A partial summary of the results of these calculations is shown in Figures 9 and 10. In Figure 9,
a case where reactor thermal efficiency Is 80% was analyzed for the no~recycle system, A number of
arbitrary conversions and voltage efficiencies were chosen as parameters, and the overall system effl~ -
ciency was calculated as a function of heat exchanger efficiericy. A typlcal 1-kilowatt fuel cell
system using impure hydrogen feed might be expected to operate in the grey zone shown in Figure 9.
An overall system efficlency range of from 21.5% to 32.5% can be realistically anticipated. For the
case of a pure hydrogen cell, a somewhat higher converslon efficiency cmd voltage efflclency mlghi be
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anticlpated, and a total system efficiency of 40% Is most likely. In Figure 10, using the same para-
meters for the recycle schemes two characteristics are seen. First, the overall system efficlency Is
less dependent on conversion efficiency because of the utllization of the heating value of the spent
fuel. Second, a cutoff point Is seen at high heat exchange efficlency and the lowest chosen converslon
efficiency. This point indicates the case where the hydrogen generation system can be operated solely
on the spent fuel from the fuel cell. With the same range of heat exchanger efficiency as in the no-
recycle case, an overall efficlency between 26.5% and 35.5% appears likely.

A more complete analysis of low-temperature fuel cell systems with external reforming places
the parameters studied in the following order of importance with respect to overall efficiency in a
recycle system operating below the cutoff point: 1) voltage efficiency, 2) reactor thermal efflclency,
3) heat exchange efficiency, and 4) conversion efficlency.

The complete economics of the present hydrogen generation system wiil not be known until more
hardware is developed, Present estimates, based on the fuel requirements of the fuel cells under study
and the catalysts and conditions described In this paper, indicate the cost of catalysts In the 1GT hy-
drogen generation system would be less than 5 cents per watt.
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Table 1.-STATUS OF FUEL CELLS FOR USE IN GAS
INDUSTRY APPLICATIONS

Oxide (1000°-1200°C.)

’ Present A Potential Gas )
Type of Principal C o Industry i
Fuel Cell Drawback Applications
‘ Low-Temperature Alkaline Electrolyte Incofnﬁatible Pobr !
Direct (25°-250°C.) with Methane o
A Ll
Low-Temperature Alkaline Cost and Technical Draw- Fair
Indirect (25°-250°C.) backs of Ultra-Pure Hy-
drogen Production
Low-Temperature Acid Very High Cost of Fuel Fair .
Direct (25°-200°C.) Cell Catalysts and Com- .
ponents
Low-Temperature Acid High Cost of Fuel Cell Good
Indirect (25°-90°C.) Components
High-Temperature Molten Operating Lifetime Good
Salt (450°-800°C.) .
High-Temperature Solid Operating Lifetime Good
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Steah Naphtha Reforming By The Imperigl Chemical Industries Process
iFRaymond J. Kenard,. Jr. - : . -
Joseph C. Maginn I
Selas Corpbrgiion of America

Dresher, Pennsylvania

In 1803 Thomas Robert Malthus published his ""Essay on Population' which culminated
a five year study of population growth in all the countries of the world. Malthus
concluded that population tends to grow at a rate faster than the rate of growth
of food producing resources and that therefore famines, wars and pestilence were an
unavoidable means of checking this growth. Malthus' pessimistic view of the future
was bourne out in the 1800's by the Napoleanic wars followed by food shortages in
Europe and the Irish famine of the 1840's.

Some 70 to 80 years later Sir William Crooks, the eminent English chemist who
discovered the element thallium, predicted that the entire world faced a wheat
famine in 25 years because existing supplies of nitrogenous fertilizers (Chilean
saltpeter) would be exhausted by that time. Sir Crooks stated: ''The fixation of
atmospheric nitrogen is one of the greatest discoveries awaiting the 1ngenu1ty of
chemists', (1) N

J
A
4

Now, after another period of some 70 to 80 years, attention is again being directed
to the age old problem of producing enough food to support the world's growing 1
population. The emphasis has passed, however, from the prevention of starvation to
maintaining -and, hopefully, to improving the diet of undernourished millions, and <!
as well as to planning the use of raw material resources to feed the burgeoning S
population of the world. (2) d

That the emphasis has shifted reflects with credit upon aivances in science. The ‘
uge of manures and composts for improving the yield of farm products dates from the !
earliest days of civilization.. In the second century before Christ, Cato, in his {
book De re Rustica, detailed the benefits to be derived from organic fertilizers.
Arab scholars in the 10th Century noted the value of blood as. manure - kuggesting
that human blood was the best kind. American Indians placed fish in their corn hills.

Lacking, however, was the scientific approach that uould léad to recognition of the

value of inorganic sources of soil nutrients. Obviously, organic material was limited
in availability. The first scientific efforts were undertaken by John Bennett Lawes 4
at his estate, Rothamsted.

Lawes studied chemistry at Oxford and was well versed in the theoretical discussions
of contemporary chemists on the subject of sotl management. He determined to perform
practical application work on his estate, tackling as his first problem the making
of water soluble soil nutrients.

By extensive experimentation in pots and thsn in the open soil of the fields, Lawes
found that bones needed a preliminary treatment with acid to consistantly achieve
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their maximum effectiveness. In 1842 “he patented ‘a process’ for treating bones and
rock phosphate with sulfuric acid “to make soluble phosphates. N ?*'> :
By about 1880, application of Chilean nitrates to the soil was accepted, and
shipmerit of nifrates expanded 10 fold "in the subsequent 30 years. (3) - With this as
the background the stage was set for some scientist to synthesize ammonia. N

 Ome 'liKes to think that the ability ‘to synthesize ammonia opened a new era of well

being for mankind Unfortunately, nitrogerous compounds were as vitally important
to the waging of war, at least before the atom bomb, as ‘they were to the growing of
food. Within 4 years after successful laboratory synthesis of ammonia by Fritz
Haber, World War I was declared

The production of nitrogen from various sources before and after Horld War I is

_shown in Table I.

In 1913, production of nitrogen totalled 851 thousand tons. In 1918, production
had increased 38% to 1160 thousand tons. In the same 5 year interval of time,
production of synthetic nitrogen increased 700% from 3% to 16% of the total
production. ' ' '

Germany was the only nation to achieve self-sufficiency in nitrogen required for
both explosives and fertilizers. The United States did not have an ammonia synthesis
plant ‘in production until 1921, : '

With the importance of fertilizers now scientifically demonstrated, and with
techniques available to synthesize ammonia from the plentiful supplies of nitrogen

“in the atmogphere, attention was directed to alternate ‘sources of, and economic

means ‘for recovering, hydrogen.

In these early years, the various sources of hydrogen were limited to byproduct gas
from the electrolysis of brine, byproduct gas from the conversion of coal to coke
and "producer gas" from the reaction of incandescent coke with steam,

Considerable work was being done on the reforming of gaseous hydrocarbons by the

I. G. Farben interests. (4) Basic patents were issued in 1913 and 1927, Following
an exchange of information with Standard Oil Development Company (now Esso Research
& Engineering Co.), Standard 0il brought the process to commercial realization in
1930 with an installation of three reformers at their Bayway, New Jersey Refinery,
Three more installations were made soon thereafter at their Baton Rouge, Louisiana
Refinery. Standard 0il's installations were for the purpose of producing hydrogen
to hydrogenate low quality gasolines, kerosenes and diesel fuels. It appeared that
hydrogenation of distillate oil stocks would be a major process for all refiners
because of the relatively poor quality crude oils available at the time.

Concurrent with Standard's interest, Imperial Chemical Industries in 1928 undertook
pilot plant studies of steam reforming of gaseous hydrocarbona. These studies led
to a commercial installation in l936 - Co

In the latter part of the Thirties, Standard Oil's interest in the process waned as
the neeéd for oil hydrogenation processes failed to materialize. However, ICI con-
tinued their intensive pilot plant work, as their prime interest was ammonia
production and they recognized the importance of steam reforming in the preparation
of ammonia synthesis gas,

The United States chemical companies were not unaware of the potential for steam
reforming. Both Hercules Powder Company and Atlas Powder Company approached I. G.
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Farben in the latter part of the 1930's for knowhow and rights to build reforming
furnaces. Both companies werc rejected (3). Hercules proceeded to develop its
own reforming catalyst and turmace, starting up a small plant in1940.

At the outbreak of World War II; the United states ammonia industry was ill-equipped
to handle the quantity of nitiogen required to support the war effort, since the
major producers of ammonia, DuFont at Belle, West Virginia and Allied Chemical at
Hopewell, Virginia were still cependent upon coke for hydrogen. There were seven
other’ plants--all quite small. Five usad electrolytic hydrogen, one cracked refinery
gases and one reformed naturzl gas. Consequently, the U. S. government had con-
structed ten now am:onia-plents with ao estimated annual productive capacity of
&800,0U¢ Lo 900,000 tens per year of nitrogen--more than twice the productive

capacity of the plants thken 7un operatiocn (3). .

Of the tén new plants Luilt by the Government, six were based on steam methane
rcforming. ICI loared a team of engineers to cooperate in the construction of three
of the reforming plants, and undoubtedly the ICI knowhow was of influence on the
design of the other three reforming plants

ICI1's interest in reform:ng of” hydrocaxbons was not limited to gaseous hydrocarbons.
4s early as 1938, ICI had demonstrated the ability to reform sulfur-free distillate
hydrocartons. This technique was not commercially applied until 1954 when a plant

at Heysham, England was adapted to reform a sulfur-free synthetic hydrogenated
gasoline with a 192°C end point. - After development of .a sulfur removal process,, this
plant was converted to reform straight run distillate fractions with the same end
point.

The early naphtha reforming plants operated at. low pressure, but further development
work led to ‘a pressure process which permitted refar ming up to. 400 pounds pressure
at steam to carbon (rmol) ratios comparatle to those used.in. steam methane reforming.

The. succecs of the ICI.Steam Naphtha Reforming Process is being demonstrated today
by ICI's own construction program.. Practically all ICI's capacity to produce
ammonia and methanol synthesis gas ‘is .already converted from coke to naphtha reform-
ing. Addaitional ammrunia plants based ou naphtha reforming are planned or under
construction, : :

Fur thermore 13 towns gas plants producing.a 400-500 Btu per cubic-foot gos from
naphtha are operating or under construction in Great Britain..

Reforming Reactions

The reactions occurring in steam naphtha reforming are basically the same as those
in steam methane reforming, with the addition of a series of reactions, extremely .
complex due to the length and configuration of the carbon chain of the heavy
hydrocarbons making up the naphtha fractionm.

The pertinent reactions are shown in Table II.. In reaction 1, substitution of.
methane (CHa) for CnHm yields a statement of the overall reaction for steam methane
reforming. 1In all probability the actual reaction mechanism consists of a cracking-
dehydrogenation reaction, which produces carbon, and a concurrent and competing
reaction of carbon with steam to yield hydrogen and the carbon oxides,

In the case of a naphtha containing various-paraffinic, aromatic and naphthenic
compounds having a boiling range encompassing C4 to Cjg fractions, the complexity
of the reaction mechanism increases greatly,
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The ability of the.reforming process to operate successfully depends upon the
avoidance of. carbon laydown, . Two mechanisms for carbon laydown can be idéntified:
one based on the equilibrium relations expressed by eguations (2 ), (3.) and (4:)
in Table II and the other based on the cracking-hydrogenation-polymerization - )
reactions of the hydrocarbon. o

In the case of the first mechanism, based on the reaction of an average light
distillate hydrocarbon with steam, ICI has computed a tendency to form carbon’ in
the .range of 1000 to .1200°F.  This carbon forming reaction takes place very s
rapidly in the presence of nickal catalyst. In this temperature range, should the -
steam.rate be reduced below a certain mfnimum, cdrbon forms instantaneously through-
out each catalyst pallet causing the pellet to disintegrate k

The second carbon forming pechanism 1s believed to occur as a result of a’'cracking- -
dehydrogenation reaction, followed by polymerization to tarry substances which, in
turn, carbonize to a soft sooty carbon. This carbon forms on the exterior of the
catalyst not within ‘the  intersecticies. " No damage to ‘the catalyst results from this
carbon deposition. The active surface of the catalyst is blanketed, thereby reducing
its activity and also building up pressure drop through the catalyst bed. This type
of carbon can be removed by oxidation (i.e. regemeration with steam and air) without
impairment of catalyst activity or physical strength. Prevention of carbon is a
matter of maintaining suitable steam ratios and keeping the reactants in contact
with the catalyst., Care must be exercised in loading the catalyst so that bridging
is avoided.. : o ' o : -

Reaction 1, in Table 1I is a highly.endothermic reaction. Reaction 3, which is the

_Hell known wvater-gas shift reaction, is exothermic. This, coupled vith the complexity
-of the feed analysis and the potantial for carbon deposition, makes necessary the selective

use -of a catalyst which promotes the desired reactions while also inhibiting the
reactions leading to carbon deposition. It also necessitates precise control of the
heat input profile to the tubes of the reformer.

Reformed gas from the naphtha reformer consists of hydrogen, carbon dioxide, carbon
monoxide, methane and traces of heavier gaseous hydrocarbons. Feed naphtha is
completely converted. The presence of methane in the gas results from either, or
both, the initial cracking reaction of the naphtha or reaction 2 (shown in Table II)
which 1s the reverse of the steam methane reforming reaction.

The lCI Process

The ICI process consists of sulfur removal and steam reforming over a special ICI
catalyst, followed by conventional processing techmiques to make hydrogen synthesis
gas for ammonia or methanol and towns gas.,

Sulfur removal is fundamental to the successful performance of the ICI refoarming

“catalyst, as the catalyst is-sulfur semsitive. A three-bed desulfurization process

is usually required, The first bed is a bed of zinc oxide; the second bed a cobalt
molybdate catalyst; the third bed another bed of zinc oxide.

Elemental sulfur and hydrogen sulfide are absorbed by the zinc oxide. Mercaptan.

and disulfide sulfur, in the presence of hydrocarbons and zinc oxide, are converted
to hydrogen sulfide, which is then absorbed by the zinc oxide. Thioethers are also
hydrogenated to hydrogen sulfide and similarly removed. Other sulfur compounds are
non-reactive in the presence of zinc oxide and are hydrogenated over cobalt molybdate
catalyst to hydrogen sulfide, which is removed in the final zinc oxide bed. The
sulfur concentration in the feed to the reformer is reduced to betueen 3 and 5 parts
per nillion.
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The zinc sulfide formed in the above process must be periodically replaced. In

the case of naphthas with high sulfur content, it may be economic to use preliminary
electrostatic acid treatment to remove most of the sulfur before the three-bed
treatment.

After desulfurization, the vaporized naphtha passes to the steam reformer where it
is admixed with steam and converted to a hydrogen-rich gas. The steam reformer

is the heart of the process. Suspended in the center of its firebox are vertical
tubes packed with catalyst. These suspended tubes are heated extermally by a large
number of burners. Advancement in furnace design and tube metallurgy have gone
hand in hand with advancements in catalyst technology. Reformers today not only
can reform liquid fractions but also produce at higher space velocities, with higher
flux densities and higher tube wall temperatures than have been considered for
methane reforming.

A simple outline drawing of a typical steam reformer is shown in Figure I, De-
sulfurized, vaporized naphtha flows down through a bed of catalyst contained in a
multitude of tubes. Because the reactions occurring at the top of the tube are
highly endothermic, a large quantity of heat must be contributed to the reaction to
prevent carbon laydown., Various furnace designs accomplish this in different ways.
(4) 1In the furnace design shown (Selas Corporation of America), the variable heat i
input down the length of the tube 18 accomplished through the use of a multiple -
number of radiant cup burnmers arranged in horizontal rows which can be independently
fired to give the optimum heat profile.

The tube wall temperatures of a naphtha reformer will operate in the range of 1700
to 1750°F. The generally accepted technique for manufacture of the catalyst tubes {
is permanent-mold centrifugal casting of a Type 310 stainless steel (ASTM 297-55
HK) . The grain formation is such that the tubes have higher stress values than the
extruded tubes.

Despite the greater carbon laydown potential of naphthas relative to gaseous hydro- ]
carbons, the ICI catalyst is able to operate continuously without carbon laydown or
loss of activity, even at operating conditions more severe than those of conventional
steam methane reforming. Current designs are based on a 3 to 1 steam to carbon mol
ratio and 400 pounds pressure. Outlet temperatures, determined by the desired
effluent gas composition, range from 1200 to 1500°F. Straight-run naphthas with end |
points as high as 400°F can be reformed, There is no restriction on the degree of
aromaticity.

Application Of The ICI Process

The applications of the ICI Steam Naphtha Reforming Process are the same as those of
the conventional steam methane reforming process. The process produces a hydrogen-
rich stream containing, as impurities, carbon dioxide, carbon monoxide, methane and
traces of heavier gaseous hydrocarbons. This stream is subsequently processed by
conventional techniques to give either a relatively pure hydrogen, & hydrogen-nitrogen
mixture for ammonia synthesis, hydrogen-methane mixture for towns gas, or a hydrogen-
carbon oxide mixture for methanol or oxo chemicals manufacture.

Block~flow diagrams are shown in Figure II to delineate the fundamental differences
of processing schemes for hydrogen, ammonia synthesis gas and towns gas manufacture.

The scheme for hydrogen generation includes sulfur removal, the primary reforming
reaction, shift conversion (where the carbon monoxide is reacted with steam to
produce more hydrogen and carbon dioxide), and purification to remove carbon dioxide
and to methanate the residual quantities of the carbon oxides back to methane by
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reaction with hydrogen ( a reversal of the reforming reaction). The resultant
final product has only parts per million of- the carbon oxides which are catalyst
poisons in most processes that require hydrogen. The reforming operation will be
at temperatures sufficiently severe to minimize the methane in the outlet of the
reforming process. The concentration of methane will usually be of the order of 1
to 4% depending upon the ultimdte use of the hydrogen.

oS

-
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The scheme for ammonia synthesis differs from the hydrogen generating scheme by the
addition of a seqondary‘reformer which combusts part of the poduct stream with air.
The secondary reformer introduces the nitrogen required to yield a 3 to 1 hydrogen-
nitrogen mixture which, after purification, goes to an ammonia synthesis converter.

N

It is obviously not necessary to reform the naphtha as severely in this scheme,

) since a certain amount of residual hydrocarbon can be used to combust with air.
Under the less severe operating conditions, the methane content in the product from
the reformer will be in the range of 7 to 10%, It is interesting to note that, even
in cases where the reforming is not done under severe conditions, naphtha does not
show up in the product from the reforming step.
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= In the secondary reformer, after combustion, the gases pass through a catalyst bed

X that further reduces the methane content. The secondary reformer is a refractory-

’ lined vessel which operates at a temperature higher than the outlet temperature of

i the primary reformer, thereby making it possible to achieve concentrations of methane
R in the product as low as one~quarter of one percent.

The balance of the processing steps are similar to hydrogen manufacture, i.e. shift
conversion and purification.

P In the production of towns gas, the process scheme varies greatly with the final
' specifications of the towns gas. In prinicple however, as shown in PFigure II, a
low~severity reforming and shift conversion step is required. Addition of an

. enrichment gas is also required, and some balance must be struck between carbon
! dioxide removal and inert gas makeup.

Naphtha Reforming Vs, Steam Reforming

At the present time, the determinant for using Naphtha Reforming instead of Steam

) Reforming is more one of raw material availability than ome of economics, 1In major

> - market areas of the world, natural gas either does not occur or has not been dis-
covered and developed, In these areas natural gas can only be made available by

) liquification and tanker shipment. The economies of these areas are therefore

\ oriented around oils for heating and, to an ever decreasing extent, around coal,

- Naphthas are usually in long supply, as the gasoline consumption is not great

) enough to absorb them. Here the ICI Steam Naphtha Reforming process has its

N broadest application.

' On the other hand in an economy built around natural gas as a fuel, and with a large
automobile population as is the case in the United States, napbthas as a raw material
for reforming are too expensive relative to natural gas.

To demonstrate the relative values of naphtha and natural gas as raw materials for
reforming data have been developed -from a recently published paper on the economics
of reforming (5). By comparing the relative requirement of feed and fuel for naphtha
reforming and methane reforming a breakeven curve has been plotted as shown in
Figure III.
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In Great Britain, which conforms to the condition of an oil-based or coal-based
economy, lacking natural gas resources, naphthas in large quantities can be
contracted for at a price of about 0.8 cents per pound. The breakeven value of
natural gas 18 47-48 cents per million Btu--not an unusually high price in terms
of the U. S. economy, but without significance in Great Britain where the gas 1is
not naturally available. .

However, in the case of the United States which is the largest natural-gas-fuel~

based economy having a large automobile population, naphthas on the East Coast sell
in the range 1.5 cents per pound. The natural gas breakeven 1s about 90 cents per
million Btu, or just about double the going market price for natural gas, o

The United States economy, with respect to sources and uses of natural gas,
automobile population, and refining capacity is a mature enough economy that no
unusual dislocation of this price structure is anticipated. Such is not the case
in many of the major market areas such as Great Britain, Extensive discoveries of
natural gas in Holland and the North Sea could have a significant bearing on the
future economics of the entire European area.

To the extent that natural gas replaced fuel oil for heating purposes, crude oil
runs would be reduced, thus reducing the surplus of naphtha. The expanding
automobile population of Europe would absorb more of the naphthas., The net result
would be firming of the price for naphtha. :

In view of the potentially unstable fuel economy in Europe, many naphtha reforming
projects under bid require rating of the naphtha reforming equipment on natural gas.
. The ICI process is readily converted to methane reforming.

Basic to naphtha reforming are the following processing steps not required by methane
reforming: ‘ : .

1. Desulfurization. Either a fixed bed or combination of electrostatic ﬁcid
treating and a fixed bed.

2, Vaporization facilities for naphtha,
3. Imperial Chemical Industries naptha reforming catalyst,
4., Larger capacity facilities for carbon dioxide removal.

Were a naphtha reforming plant to be converted to methane reforming, the acid-
" treating sulfur removal step and the naphtha vaporizer could be dispensed with.

The fixed-bed desulfurizer could be used for removal of sulfur from the natural gas,
although the desulfurizer would be grossly oversized. The ICI catalyst will reform
methane equally well as naphtha. Carbon Dioxide removal facilities would be over-
sized, since the less favorable carbon-to-hydrogen ratio of naphtha, relative to
methane, result in the production of more carbon dioxide per unit of product, (See
Table III) .

In the case of capital investment, it has been shown (5) that the battery limits cost
for an ammonia plant based on naphtha reforming is about 18% greater than for ome
based on methane reforming. For a plant to produce 97% purity hydrogen, the naphtha
reforming plant investment is about 30% greater than that of one based on methane
reforming. It should be noted that although the two percentage figures are different
by a large degree, nevertheless the order-of-magnitude differences of the absolute
values are roughly comparable, since the ammonia plant cost includes the cost of the
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ammonia synthesis loop. Technological advances in the ICI process during the past
year have resulted in pressing the technological frontier back faster than methane
reforming, and the spread between the costs for naphthe reforming and methane
reforming are probably somewhat diminished :today. . e

Conclusion

Science has’ demonstrated over the yeers the ability to develop new technologies
to meet the ever increesing demands of population for food. A P A

What once was a problem of elimination of starvation has now become a problem of
maintenance, and i.mprovement, of a: minimum diet. .

Technologies have been'developed which free the world from the uneconomic restrictions
on the use of raw materials to manufacture fertilizers. Developwent of oil resources,
shipping facilities and technologies, such as the Imperial Chemical Industries Steam

Naphtha Reforming Process, permit the construction of economic facilities for ammonia

manufacture anywhere in the world. Sl

The problem of carbon deposition when reformhg liquid fractions has been solved by
the development of the ICI catalyst. Continued development work on naphtha reform-
ing has pushed naphtha reforming technology beyond methane reforming techmology,
and furnaces are now being designed at higher space velocities, -higher pressures,
high tube wall temperatures and high heat flux densities.
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TABLE I

Production of Nitrogen From Various Sources_Before And After World War I
. Thousands of tons of nitrogen

Chilean Nitrate

By Product Nitrogen
Cyanamide Nitrogen
Synthetic Nitrogen

TABLE 11
Reactions
1. CnHm + nH70 = n CO + 2n + m H2
2
2, CO + 3Hp = CH, + Hy0
3. CO + H20 = COp + H2
4, 200 = 002 + C
TABLE III

1913

473
313

42
24
852

Carbon Dioxide Produced Reform.

Hydrogen Production - 97%

Steam Methane Reforming
Steam Naphtha Reforming

Ammonia Synthesis Gas Production

Steam Methane Reforming
Steam Naphtha Reforming

1919

487
402
98
172
1159

Reactions

tons CD3/ M SCF H2

tons C02/ton ammonia
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Design of Selas Corporation of America Steam Reformer
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The Production of High B.t.u. Gas from Light Petroleum
Distillate by Low Temperature Catalytic Steam Reforming

Robert G. Cockerham
George Percival

Gas Council, Midlands Research Station
Solihull, U.K.

Summary
This paper describes processes for the production of high calorific

value gas by the steam reforming of light petroleum distillate under pressure at
low temperature., The distillate is first purified and then gasified to a methane-
rich gas over a catalyst at 500°-550°C. At this temperature carbon deposition
is avoided and steam-distillate ratios approaching the theoretical minimum can be
" employed. After carbon dioxide removal, the product gas would have a calorific
value of 800-850 B.t.u./cu.ft. '

The methane~rich gas which is non-toxic and free of sulphur may be
methanated at about 350°C. The re-establishment of equilibrium at this lower
temperature produces a gas, which after the removal of carbon dioxide, contains
over 95 per cent of methane. The calorific value of this gas would be 950 B.t, u/cu ft.
With butane, high calorific value gas can be produced in one stage.

Results are given for experimental work in the laboratory and on a pilot plant
in which the feedstock varied from butane to distillates boiling up to 170°C.

I Introduction

Work on the catalytic gasification of light distillate began at the Midlands
Research Station of the Gas Council in 19561 The investigation was designed to
"develop a process for the manufacture of a gas with a calorific value of 500 Btu per
cu.ft. for peak load use alongside coal gasification plant operating at pressure. A
primary consideration was plant cost and therefore an autothermic system was chosen
which required the introduction of air for internal combustion.

The early laboratory work indicated that steam economy and a high thermal
efficiency would be more readily achieved if the transition from distillate to town gas
were made in two principal stages. In the first, steam lLand distillate reacted at
about 500°C over a highly active catalyst to give a gas rich in methane and, in the
.second, a reforming reaction reduced the methane content of the gas to the level
required for town gas. The temperature of the first stage was maintained by the
exothermic formation of methane whilst the combustion of air supplied to the second
satisfied the thermal requirement of the reaction between the methane and steam.
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"It is the. ga51flcatlon of the dlstlllate -in the first stage which provides the .,53
substance of this paper, however, since gas of up to 650 Btu/cu ft. calorific-valué *

can be prepared by it. Still higher calorific values can be achieved by methanating -

:the gas obtained.

§LI The Catalj[tlc ‘Gasification of Distillate at Pressure

‘(a) Laboratory Exmerl.ments on Process De51gn

.

s

-When hydrocarbons are gasified with steam in the presence of a catalyst
the gas produced consists of methane, hydrogen, carbon monoxide and carbon dioxide.
Provided that the catalyst is sufficiently active the following reactions are brought to

equilibrium: . :
CO + 3H; == CHy + Hy0 .... (i)
CO + HO &= COg + Ho ceee (i)

At equilibrium, the gas composition is determmed by the reactlon condltlons
so that for a given ratio of steam to hydrocarbon the gas becomes richer in methane
as the working pressure is raised and the reaction temperature is lowered. As the
system moves towards methane the steam requirement falls and the overall reaction
becomes exothermic. Conditions may be chosen,. therefore in which it is possible
to convert a hydrocarbon feedstock to a methane rich gas continuously, the heat of
reaction being sufficient to provide for heat losses from the system.

Laboratory experiments showed that a temperature within the range 400-550°C
eliminated the danger of depositing carbon by the thermal decomposition of the hydro-
carbon before reaction with steam. In order to establish equilibrium at these temper-
atures it was necessary to use a very active catalyst and to free the feedstock from
sulphur compounds to avoid poisoning it. The composition of the gas produced when
distillate was gasified with twice its weight of steam at 500°C., and under a pressure
of 25 atmospheres is given in Table 1.

" A process was envisaged, therefore, in which vaporized hydrocarbon in the

. form of liquified petroleum gas or light distillate was freed from sulphur compounds,

mixed with steam, preheated and supplied under pressure to a suitable catalyst. The
removal of sulphur from the feedstock eliminates the need for gas purification and
safeguards catalysts that are used in subsequent reactions. The low temperature
employed allows the steam requirement to be reduced to the minimum and increases

" the thermal efficiency of the process. Approximately 1.05 therms of methane~rich

gas are produced per therm of light distillate supplied and, if heat recovery is
practised, an overall thermal efficiency of 95% can be achieved. The flow diagram
of the process shown in Fig.1. includes the purification of the feedstock, gasification
and the removal of carbon dioxide. A small proportion of the scrubbed gas is
recycled to provide hydrogenating gas for the purification section.
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Table 1 The Composition of Gas Produced at 500°C and 25 Atmospheres

Wet Dry Calculated to
COz2 = 1% .
Gas Composition,
per cent by volume.
CO3y 10.4 20.6 1.0
co ' 0.35 . 0.7 0.85"
Hy : 8.45 16.8 20.95
CHy4 31.2 61.9 77.2
H2O - : 49.6 - -
Calorific Value, Btu. per cu.ft. 671 836
Equivalent Temperatures for the
equilibria, °C,
CO + 3Hgy &= CH4 + HyO - 496
CO + HO22COz + Hy 500

(b) The Purification of the Feedstock

The amount of sulphur in light distillates available in the U.K.
within the range 100~500 p.p.m. by weight, In low boiling fractions mercaptans
and disulphides are present, but in the higher boiling materials heterocyclic
sulphur compounds may be found.

Early experiments showed that the removal of sulphur compounds from
distillate in the liquid phase was unlikely to be successful and that a chemical method,
applicable to all types of sulphur compound was essential to achieve a satisfactory
degree of purity. '

Absorption of sulphur from distillate in the vapour phase, at pressure,
was therefore attempted, using alkaline iron oxide in the manner in which it has been
used for synthesis gas. This reagent operates by a mechanism which involves
conversion of sulphur compounds to hydrogen sulphide, and the presence of a trace
of oxygen in the gas facilitates absorption as sulphur oxides in the alkali. Oxygen
could not be used with distillate with which it reacts preferentially although, when
hydrogen was added to the distillate vapour, iron oxide had an adequate capacity to
absorb the sulphur as hydrogen sulphide without oxidation. It was found that the
sulphur compounds could be more effectively hydrogenated by treatment separately
over a molybdenum based catalyst at 350 - 400°C., The process thus developed as
the vaporization of the distillate, admixture of hydrogenating gas, the conversion of
sulphur eompounds over a molybdenum catalyst and the absorption of the hydrogen
sulphide formed in iron oxide,

Commercial molybdenum catalysts supported on alumina were found to

be suitable for the conversion step, when about half a cubic foot of hydrogen was
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used per pound of distillate. Luxmasse, widely used for synthesis gas purification 55
was retained as it is a powerful absorber of hydrogen sulphide at elevated temper=-
ature; it is porous and there is rapid diffusion into.the interior of granules,

Prepared forms are of necessity of lower por051ty, but this is of little account since
absorber vessels are designed for relatively long.periods .of operation.... The crude
materlal contams approxlmately 6% of alkali and approx1mately 50% by weight of iron
oxide as ferrlc oxide. There is evidence however that under w0rk_1ng cond1tlons
conversmn to. hydrated magnetlc oxide of iron occurs and sulphur absorptlon proceeds

accordlng to the equatlon -

Fe3dg + ~3H25 + H2 -—‘>3'FeS +"'4H20

After treatment the amount of sulphur in d1 stillate was very small
in all cases less than one part per mllllon, and a spec1a1 analy'tlcal technique was
requ1red to measure it accurately. A combustion procedure described by Wickbold
proved satisfactory, the sulphur being finally estimated by nephelometric titration
with 0.0025M. barium chloride.

The amount of hydrogen added is many t1mes the.quantity theoretlca]ly
requlred for reaction with the sulphur compounds in order to displace the equilibrium
towards hydrogen sulphide, In some cases even more would be required, because it
was found that if olefins were present in the distillate they were hydrogenated, although
aromatics in the distillate were unchanged after processing. .The quantity of olefins
in the distillates available was insufficient to show this directly, but distillates from
olefinic crudes were simulated by the addition of n~-hexene and n-heptene, and styrene
was employed to represent the effect of blending in fractions from cracked stocks.

The process described has been applled to a number of distillates
rangmg from butane, containing 0.6 per cent of butenes and 8 parts per million of
sulphur, up to kerosene, containing 3 per cent of olefins and 1000 parts per million
of sulphur. With the higher gravity distillates, it was necessary to increase the
hydrogen supply and temperature. :

In reforming processes,make gas. is usually used as the hydrogenating

gas for purification and this practice can be followed when making rich gas, if the

volume recycled is increased to compensate for its low concentration of hydrogen.

- Carbon dioxide should be removed to below 5 per cent since it interferes with the

purification.

{c) Further Laboratory Experiments on the Gasification Reaction

, After purification,the gasification process outlined operated satisfactorily
in the laboratory with butane and low~ boiling types of distillate using in the gasification
stage a co~precipitated nickel-alumina catalyst formulated for methane synthesis,
Further development of the catalyst has since been necessary, however, since with
distillates of higher specific gravity and boiling point, it was found that there was
a tendency for the catalyst to.lose activity. The reaction zone would increase in
length during an experiment until it extended to the full depth of the catalyst bed and
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undecomposed distillate would then appear in the product gas.

Considerable evidence has now been collected which indicates that the
deactivation with higher boiling distillates is due to the formation of a polymer
which reduces the accessibility of the reacting molecules to the surface of the
catalyst., The work of Kemball? throwss light on a possible mechanism involving
the production of radicals on the catalyst surface which may either react with steam
or link together to form polymer. There is a difference between this polymerisation
and the deposition of carbon, however. The latter depends upon the complete break-
down of distillate molecules to carbon atoms which appear to enter the catalyst
structure and crystallize from there leaving the surface active. This process can
continue until there is a blockage, whereas no increase in back pressure is observed
during the deactivation of catalyst by polymer.

The regeneration of deactivated catalysts has been only partly successful,
Oxidation processes which will remove the polymer also damage the catalyst and
the original level of activity cannot be restored. Treatment with hydrogen at the
working temperature will re-activate a recently poisoned surface. The object of o
the experimental work, however, has been to minimise polymer formation and the
stage has now been reached where the loss of catalyst activity has been reduced to {
negligible proportions with the distillates available. ’ 4

This has been achieved by modifying the catalyst composition, using an
optimum preheat temperature for the distillate and paying attention to the rates of
supply of feedstock and steam to the catalyst bed. Distillate having a boiling point of
170°C. can be gasified satisfactorily and it is estimated that the life of the catalyst in

a commercial plant will be at least one year and possibly up to five years. -
Experiments are continuing with feedstocks of highér boiling point and in the 1

laboratory it has been found possible to gasify kerosene.

(d) The Steam Requirement

1

Since the amount of steam used in all reforming processes is an item which
affects both the thermal efficiency and the operating costs, it has been the practice
during the present investigations to keep the amount near the theoretical minimum.
The minimum is governed by the fact that catalysts not only establish the methane-steam !
and water gas equilibria but also promote the Boudouard reaction: ’

2 CO=COy + C

{

Carbon will tend to be deposited by this reaction if the concentration of carbon monoxide
in the gases exceeds the value corresponding to the equilibrium. Control can be
exercised by allowing an excess of steam to limit the carbon monoxide/dioxide ratio

- according to the water gas reaction. The minimum amount of process steam required
to prevent carbon deposition by this reaction can therefore be calculated from the
equilibrium constants,

Fig.2 shows the curves for the minimum steam requirement for hexane when
reformed at various pressures, Although the curves pass through a maximum
and then fall again at the highest temperatures, the latter values are not attainable
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in practice since the system would inevitably have been taken. through the lower 57
temperatures. The curves indicate that at a temperature of 530°C for example,

and undeér a pressure of 20 atmospheres the minimum steam-hexane ratio is 1.0
parts.by weight. These are similar to the conditions which are employed in, the

-gasification stage of the process put allowance.must be made for the composition

of distillate feedstocks and a'margin provided against accidental fluctuations. A
steam-~distillate ratio of 1.2 has been satisfactory in the laboratory but, :for the
commercial production of rich gas under pressure, a ratio of 1.5 would he regarded
as the minimum for distillates boiling up to 170°C. It will be noted that steam
ratios of 1.6 and 2.0 have been used on the pilot plant but this is because in the U.K.
the rich gas has subsequently to be reformed at a higher temperature in order to.
reduce its calorific value to 500 Btu/cu ft.  The effect of varying the proportlon of
steam -supplied on the composition of the gas produced is given in Table 2.

"TABLE 2.,

Thé Effect of Varying the Proportion of Steam on the Composnlon of the
Gas Produced at 540°C and 25 atmospheres

Steam supplied, lbs/lb distillate : 1.2 1.6 2.0

Gas Comp051t10n, dry, per cent by volume
CO, . ) : . 22.55 22,85 22.95
CcO ‘ I 2.0 1,75 1.55
Ha - ’ 12,5 16.15 | 19.25
CHy . 62,95 59.25 | 56.25 '.

Gas Composition,. dry, calculated to »
1.0% carbon dioxide, per cent by volume.

Coy 1.0 1.0 1.0
co 2.55 2.25 | 2.0
H, . 16.0 20.7 | 24.75
CHy ' 80.45 | 76.05 | 72.25
Calorific Value, Btu/cu. ft. : 859 829 803

(e) Pilot Plant

The pilot plant in operation at Solihull is shown in Fig. 3, It has an

“output of 1/5 million cu.ft. of town gas per day.- From the left, the three short

vessels constitute the distillate purification section followed by the catalytic gasifier,
second reforming stage for town gas, carbon monoxide converter and final cooler, in
that order. No provision was made for removing carbon dioxide from the gas since
this was regarded as an established operation and gas compositions can be readily .
adjusted. ' :

The pilot plant was designed to have catalyst beds of a similar depth

e e ———————— =
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to those of a commercial plant and, therefore, at a given space velocity,

the linear velocity of the reactants through the beds is full scale. Scaling up

then involves an increase in reactor diameter only and it is believed that large
units can be designed from test results with confidence,

reactors are long, of small diameter and liable to heat loss from the walls.

For this reason the pilot

This

was prevented by the use of electrically heated lagging. No heat exchangers were
used on the pilot plant, the preheating of the distillate vapour prior to purification
and of the process steam bheing carried out in gas fired equipment,

The control of the plant during tests involved maintaining constant
preheat temperatures to both the purification and the gasification sections and
adjusting the steam supply to give the appropriate ratio.
to the gasification catalyst was 440°C when butane was used and varied from 460°

to 535°C in the case of distillate feedstocks.
least a month in order to obtain an indication of the life of the gasification catalyst.
Observations of the movement of the reaction zone are made with a system of thermo-

couples,

The preheat temperature

The tests have normally lasted at

Table 3 gives a selection of results covering different feedstocks,

steam ratios and pressures.

TABLE 3
The Results of Pilot Plant Tests

i il mmen o TN

Test No. - 1
Type of Distillate, F.B.P., °C. 170
Pressure, atmospheres 20
Process Steam, 1lb. per lb of feedstock 1.6
Temperatures, °C Inlet catalyst 515
' Outlet catalyst 553
Gas Composition, per cent by volume Wetj Dry
COq 14.4(21.9
CcO 1.0 1.5
Hy 12.6 (19,15
CHy 37.8157.45
Hs0 34.2 -
Calorific Value, Btu. per cu.ft. 637
Gas Composition, dry, calculated to
" 1.0% carbon dioxide, per cent by volume
COy 1.0
coO 1.9
Ho 24.25
CH4 72.85
Calorific Value, Btu per cu.ft, 807
Specific Gravity (Air = 1,0) 0.454
Gas Yield (CO2=1%)s.cu.ft. per lb feedstock 26.6
Therms in gas : 1.06

Therms in feedstock

2 3
115 Butane
20 25
1.6 2,0
515 440
550 487
Wet{ Dry Wet jDry
13.0120.5 9.2 18.5
1.0 1.55 0.3{ 0.6
12.0118.95 | 7.5( 15.1
37.4159.0 32,7)165.8
36.6 - 50,3 -
652 704
1.0 1.0
1,95 0.7
23.6 18.35
73.45 79.95
811 855
0.457 0.462
26,7 25.7
1.06 1.0

o omdiiibe. N\,

-
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The effect of changing the feedstock can be.seen by comparing Tests. 1 >
and 2 in which distillates boiling up to 170%C and 115%C respectively were used
under identical conditions of pressure, preheat temperature and steam ratio.
The concentration of carbon dioxide is. lower in the gas produced-from the lighter
distillate whilst the methane content of the -scrubbed gas is*higher. at 59. 0 per... °
cent. Test 3 was carried out using butane at 25 atmospheres pressure and with.
a steam ratio of 2.0. The low preheat temperature of 440°C gives rise to a
high concentration of methane in the product gas.

Calculated gas compositions a’re’gi\}en in which carbon dioxide has been
removed to one per cent. It will be seen that the calorific values of the result-

-ant gases would lie in the range 807 to 855 Btu per cubic foot.

A commercial plant is being built for the p'roductlon ‘of 25,000 therms
per day of methane~rich gas at 17 atm. pressure from a distillate feedstock.

(f) _The Production of Gas Interchangeable with Natural Gas .

Al though the process so far described is capable of producing a gas
having a calorific value of up to 850 Btu per cu.ft., the presence of hydrogen
raises the flame speed above the level of certain natural gases. In order to be
interchangeable with natural gas, therefore; the equilibrium needs to be estab-
lished at as low a temperature as possible. When liquefied petroleum gases are
used as the feedstock the reaction with steam may be carried out at a temperature
between 300°C and 400°C. Gas of the following composition was produced when
butane was ga81f1ed at 25 atmospheres pressure usmg a steam-butane ratio of 1.3
by weight :- - )

- COgy 17.75, CO 0. 05, Hp 1.8, CHy4 80.45 per cent by volume.

After the removal of carbon dioxide this gas would contain 96.55 per cent of
methane and have a calorific value of 970 Btu/cu.ft. With high boiling distillate,
however, the temperature of the gasification stage cannot be reduced to this low
level without causing deterioration of the catalyst, but a subsequent methanation
stage can be used. ‘ ’ o

The pilot plant was equipped with an auxiliary methanation tube through
‘which gas from the gasification catalyst was passed at 360°C and 25 atmospheres
pressure. If carbon dioxide had been removed, the dry gas produced would have
had the following composition, per cent by volume ;-

COz 1.0, €00.3, Hp 0.7, CH, 98.0, Calorific Value = 977 Btu per cu. ft.

" When two stages are used it is convenient to condense some of the undecomposed

steam as an intermediate step in order to raise-the concentration of carbon oxides
in the reaction zone. The scale of the experiment was not large enough for the
problem of heat removal from the catalyst bed during methanation to be encountered.
There are a number of ways in which this may be done, but a discussion of these -

. techniques is outside the scope of this paper. When operating at 25 atm. pressure,

1 therm of methane can be produced from 0. 98 therms of distillate at a thermal
efficiency of 95%.
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The Production of High Be.t.u. Gas From Light pistillate
By Continuous Pressure Hydrogenation

Binay B. Majumdar and Brian H. Thompson

Gas Council, Midlands Research Station
"Solihull, U.K.

Summary

- This paper describes the use of light petroleum distillates for the prod-
uction of gas of high calorific value. In the process the distillate is converted
to methane and ethane by reaction with gas rick in hydrogen. An aromatic condensate
is obtained as a by-product.

Two methods of carrying out the operation have been used. 1In the first, a
hydrogenator of simple design incorporates temperature control by recycling the reac-
ting geses. The second uses a fluidised bed of coke for the same purpose and can be
operated to give an increased yield of liquid products.

I. Introduction

The hydrogenztion of oils was developed initially1 for the enrichment cf
lean gas produced by the total gasification of coal with steam and oxygen, for
example, by the Lurgi Process. 1In recent years hydrocarbon reformers operating at
high pressures have been developed which are capable of gasifying distillate to prod-
uce a comparatively lean gas. It is in association with such plants that hydrogenat-
ion units are being extensively introduced. The hydrogenation stage is capable of

. producing gdses of high calorific value which can be used as a satisfactory substit-
- ute for natural gas.

II. The Hydrogenation Process

When a mixfure of distillate vapour and lean gas are exposed to a tehperat-
vre of 700 - 750°C the hydrogen in the lean gas reacts with the distillate to produce
gaseous hydrocarbons, mainly methane and ethane. Little change in gas volume occurs.

(—CH2)+H2‘——)C>H,+'F
1 vol. 1 vol.
v 2( - CHZ) + Hy— 0256

1 vol. 1 yol.
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benzene can readily be ct
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The rezciion iz exothérmic and being non-catalytic the distillate reed not
aeceszarily be purified before hycdrogeration. Tie d:gree of nrcheat recuired for
the reactants can be obfained by heot exchenre wlth the wroducts,

It 35 necessary tc be able to control resction conditions in order that
ti:e exothernicity cf the reaction does not lead to hot zones where excessive tem-
noratures cause carbon deposition. Process design has been directed so that this
protler does not arise. Initially z fluidized bed was used to meintain uniform
temperatures within a reactor tut recently the process has been simplilied. RJopid
recirculation of the reacting gases within the hydrogenator is now used to mnintain
- strict .temperature control. . o

III. The Gas Recycle Ivdrogenator

The Tivdrogenator is shown diagramatically ia TFig. 12. It consistz of e
cylindrical vessel with a coaxial tube inside it enclosed within a pressure vessel
of sufficiert diazmeter to allow 9 of heat insulation. The mixture of distillate

and hydrogen are introduced through a jet at high velocity and directed down the
inner tube. The momenturm of the jet c,uses the gaseous reactants to circulate doun
the tube and up the annulus. The recirculation results in the mixing of the inlet
reactants with a relatively large volume of hot gases already at reaction temperat-
ure. In the pilot plant, a recirculation ratio, i.e. the numker of volumes of re-
circulating gas ver volume of reactants, of 10 : 1 or more has been readily cchieved.

The recirculation of gases gives precise control of reaction tennerature
and the temperature distribution within the reactor is rerarkably even. Except in
the vicinity of the inlet jet the temperature variation in the rezctor is within

LeC., Tt is merely necessary to control the prehest tewperature to maintain the
ehu1red temperature. When making gases of nigh calorific value the prehent temper-
ature reguired is usually within the range 400 - 450%C whilst maintaining = reaction
temperature of 700 ~ 7S0%C.

The distillate is converted to hydrocarbbn zoses, mainly et:
with small cuantities of olefines, lie proportion of ethane incresse
tion temperature is lowered. The output of a reactor of a given size va
as the pressure. At a given vressure, however, 2 nlant iz extirevely fl
outrut can be controlled over wide limits,

In troutle free opcration cver long periods carbon ch‘:
avoided, This governs the choice of operatirn: cenditions espe
pressure is comparatively low. Cperaticn at 350 p.s.i.g. “LLWGa &
of 8CO Btus/s.c.f. to be readily sctitained with zn operating tem
At lower pressures or when attazining hi

er caloriiic values iv i
lower the temperature. Relow about 675°C however the reaction is

becomes unstable, 70C~C is, therefore, considered to te a zafe minix
temperature. The presence of 5 - 10 of steam inr the hydrogenstin

B
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suff ;c1ent to overcome any remaini:; teudency'for carbon deposition. If a hot
potassium carbonatc scrubber is used to remove carbon dioxide from the lean gas,

_ there is sufficient steam left in the gases for this purpose.

Fig. 2 shqws the flow diagram of the pilot plant. The hydrogen was made
by the steanm reforming of commercial butane followed by carbon monoxide. conversion,
carbon dioxide removal and compression, approximately 0.9 million s.c.f./ day of
gas contalnlnT abcout 9%/ hydrogen being available. The distillate, which was not

) purified, was pumped into the hydrogenating gas stream and the mixture preheated

so as to maintain the required temperature in the hydrogenator using gas-fired
preheaters which would be repleced on a commercial unit by heat exchangers between
product gases and reactarts. The product gases removed from inside the top of the
reactor were water quenched followed by indirect cooling. Samples for analysis
vere taken from the hot gases before the quench. :

The plant was started up using hydrogenating gas, preheated to about
650“0 to raise the temperature in the hydrogenator to 575 =~ 600°C. Distillate
was then introduced into the hydrogenating gas stream at a low rate and as the heat
of reaction raised the hydrogenator temperature the distillate rute was increased
and the preheat temperature reduced until over a period of about i hour the final
reaction condltlons vere attained,

IV. Tests in the Gas-Recycle Hydrogenator
The rcsults of some three days tests are given in Table 1.

Test 1 represents a run at 250 p.s.i.g. using anhydrogenating gas contain-
ing 92.l& hydrogen, obtained by reforming commeré¢ial bu.ane followed by carbon
nonoxide conversion and carbon dioxide removal. A calorific value of 804 Btus/s.c.f.
was obtained without difficulty using a comparatively high specific gravity distill-
ate with a final boiling point of approx. 170°C. Analysis of the feedstock gave an
aromatic content of 8.1% by volume and on hydrogenation 11. 1% ®f the. carbon in the
0il appeared as condensate and 88.9% as hydrocarton gas. There was no trace of un-
reacted paraffins in 'the condensate. The gas contained a considerable concentration
cof ethane, but no trace of higher paraffinic hydrocarbons showing the relatively
slowv rate of ethane decomposition compared with higher hydrocarbons under these
conditions. A small amount of uncaturated hydrocarbons also survived.

A preliminary test showed that at a pressure of 450 p.s.i.g. and a reaction
temperature of 725°C a calorific value of 960 Btus/ scf, using a similar distillate
and a dry hydrogenating gas could not be obtained without an appreciable amount of
carbon deposition. Tests 2 and 3 were therefore carried cut to make calorific values
of 900 3tus/s.c.f. and 1,000 Btus/s.c.f. respectively using an hydrogenating gas to

. which 9 - 10% steam was added, carbon deposition troubles being then eliminated.

. As tie calorific value of the gas was increased from 900 ~ 1,000 Btus/
Sec.f. the yield of aromatic condensate increased so that in the latter case 15.%%
of the carbon in the oil appeared as condensate and only 84.9% as hydrocarbon gas.
itk the reduced operating temperature and the low partial pressure of hydrogen in
the final gas traces of paraffins appeared in the condensate. .
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. Table 1

- ‘Tests in the Gas Recycle Hydrogenutor.

Test 'o. :
Hydrogenation Pressure, PeSe 1 g.
.Inlet Gas Rate, s.cf.hi "
-Dry Inlet Gas Com9031t10n, % by volum
CCpr - ’ : :

co-

Hp .

CHy,

N2

Steam content of hydrogenating gas
vols/100 vols dry inlet gas
Distillate Type:
Specific Gravity
Aromatic Hydrocarbon, % by volume
Carbon/Hydrogen, w/w
Imp. Gals. of distillate per 1000 cu.ft.
of dry inlet gas
Preheat temperature, °C
Hydrogenation temperature, “C
Product Gas Rate, s.c.f.h.
Froduct Gas Composition, % by volume:
o5
CH
Xy
co
H
Cﬁ4
C2H6
N
Calorific yalue, Btu/s.c.f.
Calorific Value, Btu/s.c.f. (inert free)

Carbon Balance
Percentage of carbon supplied in
distillate appearing as:
Hydrocarbon Gas
Benzene
Toluene
Xylene and Higher Monocyclics
. Naphthalene
Higher Aromatics
Unreacted Paraffins
Carbon Deposited
bassl’—‘roduced and absorbed s.c.f,/imp.
gallon of distillate:
CHY4 produced
C2H6 "
CH "
Xy

H2 absorbed

12 s [ s
350 450 450 180 180
. 30,790 ,ﬂ8'230 18,400| 13,855 ! 14,090
0.3 ‘.-1.0_; :018' 15.7’3% 12,8
R T R PO S W 2.5 1 2.4
92,k 93,6 92,.b 83,3 - 83.9
3.0 | 1.2 2.4 -1 0.6 1 0.7
0,6 0.5 4 0.7 0.9} 0.8
.700.0 | 100,0 |700.0 |730.0 ynoo.O-
‘Ml 10.2 9.2 7.3 1 7.2
170 170 170 170 115
0,71 0.71 0e72 | - 0.71 0.66
- 8.1 7.2 6.5 7.l 146
5.7 . 5.7 5.8 5;? 5.4
L,27 5439 6.87 | 398 " 3.99
Ly 403 Los 503 530
750 715 715 715 715
33,600 | 20,480 | 21,400 | 15,3%0 | 15,575
0.4 0.7 0.7 11435 /. 10.9
1.1 1.1 2.4 | 1.4 2.1
3.3 3.8 2.3 ‘2.9 2.8
44,6 34,8 23,8 43,1 Lby,6
32.6 | 36.8 43,95 | 23.35 1 21.3
17.5 22.1 25.15 1 16.8 175
0.5 0.7 0.7 1.1 0.8
100,0 { 100.0 |100.0 | 100.0 |- 100.0
8oL 896 1008 704 713
810 909 1022 8ok 808
88,9 88.8 84.9 87.3 96.0
8.8 7.9 7.9 7.8 3.2
1.1 1.5 2.7 2.3 0.3
0.6 0.7 1.7 1.5 0.2
0.3 0.6 1.2 0.5 0.1
0.3 T4 1.5 0.k 0.0
0.0. 0.1 0.1 0.2 0.2
0.0 0.0 0.0 0.0 0.0
76.4 74,4 71.0 63.4 5847
4y, 8 Lk6.0 42,6 L, 48,5
2.8 2.3 b | 3.9 5.8
102.5 | 100.9 94,2 89.5 86.8

;

{

g}



The use of steam to avoid carbon deposition difficulties enabled the use
of lower operating pressures and Tests 4 and 5 vere comparative tests at 180 p.s.i.g.
Gas with an inert free calorific value of 800 Btus/s.c.f. was made using an initial
gas containing-about 1%’ of carbon dioxide. The hydrogen partial pressure was only
135 pes.i.g. Two types of distillate were used, one the comparatively high gravity
distillate used for the previous tests and the other of lesser gravity with & final

" boiling point of about 108¢C containing only 1.6% aromatics., The main feature of

the results is the increased yield of hydrocarbon gases with the lighter feedstock,
96% of the carbon in the distillate being converted to gas. A second feature is ’
that taking the increase in volume into account the product gas contains almost as
much carbon dioxide as present in the inlet gas. There is no marked tendency for
the carbon dioxide to react with hydrogen to give carbon monoxide.

A typical potential heat balance when making a gas of 900 Btus/s.c.f, from
170 distillate is given in Table 2, The efficiency of the process is seen to be
high with 88.4% of the potential heat in the distillate appearing in the gas and
9.2% in the condensate, the combined yield being 97.6%.

TABLE 2

Typical Potential Heat Balance when meking -
900 C.V. gas in Gas Recycle Hydrogenator

Type of Distillate - : L.D.F. 170

Potential Heat in Products as perc-
- entage of Potential Heat in

Distillate:
Hydrocarbon Gas ' - 88.4
Benzene ' 6.5
Toluene . . 1.3,
Xylene and other Monocycllcs_' N
Naphthalene ] : A
Higher. Aromatics : o3
Unreacted Paraffins o
Heat of reaction by differeunce. . 2.4

100.0

V. The Fluldized Bed Pllot Plant

. The use of a gas recycle 51mp11f1ed the design of a hydrogenator for use
with distillate under conditions when carbon deposition is avoided. The fluidized
hydrogenator developed for crude and heavy oil, is an alternative and can be usged
when carbon is deposited. In this process a fluidized bed of coke serves to take
up any carbon and also serves to establish the uniform temperature requirement. -
The large heat capacity of the fluidized bed compared with that of.the .inlet reac- .
tants serves to bring them rapidly to reaction temperature and by absorblng react—
ion heat prevents excessive temperatures in the bed.
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tor design iz ghown in T
t cia. ond 16 ft. é:
aivied 2 flhlll" d. ted of coke i
ion when using henvy feedstoch
rec1vculated t roL.D a louer fluldlfod bed via z downcorer and riger :
long., The mair streanm of hydroge:: ti 5as was lrtreduced JUSt belo. the betior of
the riser. ‘Subsidiary streams of hydrogenating gas were uvsed to maintzin fluidizetion
in the lower bed and at the bottos of the downcomer. ‘hen using dl;t llate the soligd
recycle system was not necessary but was retained as port of the rment nrograome /
of the reactor for use with heaviCr fpedstocks. The latter were 1ntroduced throuzh an
atoriser located telow the riser and doaxial with it. When using distillate it wzs
nerely GV”“Oered into the main h»drogerutln“ gzs stream fed in below the riser.

The hydrog
of @ thin walled "cylinder 2
ar 1nve“ted ~ohe. It co"t
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Gimplification of the plant for use solely with dlat¢11ate hould leave a y
sinzle fluidized bed with only the one inlet gos stream contaunlnf the preheated wix- N
ture of distillate and hydrogenating gas. A system of horizontal and vertical baff- -
les was included in the main fluidized bed to improve the fluidizetion characterist- !
ics. The whole internal assembly of the rilot vnlaant was surrounded by 10 ins. of J

heat insulstion and enclosed in a mild steel pressure vessel.

The flow dizgram for the plant is shown in Fig. 4. The hydrogenating gas
was produced as for the Gas Recycle Plant by reforming of butane followed by carbon
monoxide conversion and czrbon dioxide removal. It wac then preheated in gas fired
preheaters but on a conmmercial unit heat exchange with the product gases would be
utilised. The reaction products were water guencned to about 200“C and then cooled
further by direct scrubbing with recycled condensate in s tower packed with raschig
rings. Final cooling to 30°C was by an indirect cooler. Gas samples for analysis ?
were taken before the water gquench.

[ §

The plant was started up with the full flow of preheated hydérogenating gas
but at a reduced pressure to give the recuired fluidizing velocity in the reactor.
The coke was then carried in with 2 subsidiary stream of gas and the plant warmed up
further with gas preheated to 650“C. ‘ien the reactor temperature reached 350°C air
was adritted to accelerate the heating. At 650°C distillate was introduced at & low
rate and as the heat of renction raised terneratures the air rate was reduced to .
zero followed by 2 reducticn of the preheat tem erature of the rehctants. 4s temp- |
eratures rose the pressure was increased to maintain the desired fluidizing velocity.

VI. Tests in the Fluidized Hydrogenator

The results of tests carried cut in the rilot plant are given in Table 3.

Test 1 gives the results of 2 »un of 14 days duration cperating a
atmospheres pressure and 750C. Tre g=s preduced hed a calorific veliue of S50 2tus/
S.C.fs Cperztion of tne plant was extremely steady ©nd there was nc
carbon deposition. The elutriatior of coke frosm the bed zmounted to S5
lbs./day. 4 comparatively low gzravity distillate with o final boiling peint of 13C.
was used,
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Table 3 - Tests in the Fluidised Hydrogenator

)

;
t
A
\
X
\
\

,s
)

Test No.
dydrogenation Pressure, p.s.i.ge.

. Inlet Ges Rate, s.c.f.h.

Inlet Gas Composition, % by volume:
COp
co
i
CHy
No

Distillate Type:
Specific Gravity
Aromatic Hydrocarbon Content,
% by volume
Carbon/Hydrogen ratio, w/w
Imp. Gals. Distillate per 1000 cu.ft. of
dry inlet gas .
Time of residence, secs.
Preheat temperature, °C
Hydrogenation. temperature, °C
Product Gas Rate, s.c.f.h.
Product Gas Compasition, % by volume:
Cop : )

Calorlflc value Btus/s.c £,

Carbon Balance
Percentage of carbon supplied in
distillate appearing as:
Hydrocarbon Gas
Benzene
Toluene
Xylene and higher monocyclics
Nephthalene
Higher Aromatics
Unreacted Paraffins
Carbon Deposited
Gases Produced and absarbed as ft. /
imp. gallon of distillate:
CHy produced
"
€2 .
C H "-
xy
Hp absorbed

1034

1 2 3
350 250 720
33,240 22,369 32,052

1.2 1.3 "1.85
2.6 2.3 3.6
9345 92.0 91.3
2e1 3.9 2.75
0.6 0.5 . 0.5
100.0 100.0 100.0
0467 0.70 0.71
3.6 6.3 7.4k
5.3 5.7 5.6
4,88 4,95 7.82
28 29 66
455 bsh 379
755 755 722
37,767 | 36,343 ko, 348
0.85 1,0 1,35
1,00 1.3 1.05
2,55 2.45 2.15
37.9 33.7 - 16.75
39.1 45,3 54,05
17.4 15.4 23.05
.2 0.85 0.6.
- 100.0 100.,0 | - 100.0
8ho 859 1024
oh.8 | 89,4 82.8
4.5 8.7 11.2
0.1 0.3 1.7

T 0.1 0.2 0.6
0.3 1.0 104
0.2 0.4 1.7
- - 0.6
86.8 94.3 83.5
40.5 34,7 37.1

108.8
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Test 2 was of similar duration =nd rexction conditions
Gistillate (5.G. Co70and final boiling zoint 165%C was used.)
slant was equally satiefactory the most significant difference being tle

nden;ate vield vwith the heavier feedstock. 1In test 1 94,%° of the corbon in tre
il epjeared in the zas and only 89.4 in test 2.

In comparison with tie tests in the 5 recycle hydrogenctor using the
heavier type of distillate the yield of naphthalene and higher aromatics is higher,
possibly due to a more sudden neatinz on entry to the fluidized bed =znd the =hse:sce
of dispersion of the reactirg distillate in a large volume of reacted pus.

Test 3 shows the rcsults of a run at 50 atmospheres gpressure to produce =
gas of 1,000 Etus/s.c.f., a calorific value vhich was reached without difficulty.
With ar operating temperature of 7229C 0.6 of the carbon in the oil was deposited
on the particles in the fluidized bed. 1In comparison with tests 1 and 2 the effect
of increased residence tire due to the highcr pressure was to reduce the ethane/
methane ratio in the gas produced, despite the counteracting effect of a reduced
operating temperature. The yield of condensible aromatic hydrocarbons wos increzsed
and only £2.8¢ of the carbon in the oil appeared in the gzs.

VII. The Hydrosenation of Light Distillate with the
production of Aromatic Hydrocarbons

In the tests described so far the aromatic condensate is mainly derived
from that already in the distillate. The ring structure of these aromatics remains
intact undef the reaction conditions although tqe side-chzins are removed increasing
the yield of gaseous hydrocarbons,

However, it is evident that as the distillate/hydrogen ratio is increased
in order to obtain a higher calorific value of product gas the yield of condensible
aromztic hydrocarbons is increased., The synthesis of aromatics is believed to be
due to the fact that, when present.in greater concentration, radicals have an opgor-
tunity te cyclise before they are hydrogenated. It was considered, therefore, that
if the distillate/hydrogen ratio were incressed 1o an even larger extent the nroduc-
tion of aromatic hydrocarbons could te very greatly increzsed, whilst still producing
a very high calorific value of gas.

Laboratory experimentsJ showed that at an crerating teriperature of 750 -
775°C and with s distillate/hydrogen ratio of about 20 - 25 imp. gallons/1000 cu.ft.
20% or more of the carbon in the o0il could be recovered as arcmatic hydrocarbons
even vhen there was virtually no arom=tic content ir the dicztillate. Pressure was
found to have little effect on the reaction. wWith the lirited pzrtiel pressure of
hydrogen the condensate contazired an auypreciatle pronortion of alkylated aroratic
cormpounds and the gaseous hydrocarbons contained a comparatively high pronortion of
unsaturated compounds. It was apparent that further hydrogenczticn was desirable in
a second stage to de-ulkylate the condensate and to convert olefinic hydrocarbtons
to methene and ethare.
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The Hydrogenation of Distillate with

Aromatic Hydrocarbon Formation

Hlydrogenation Pressure
Inlet Gas Rate, s.c.f.h. (90% HZ)
Distillate Type:
Specific Gravity
Aromatic Hydrocarbon COntent
Carbon/Hydrogen, w/w

Tmp. Gals. of distillate /1000 cu.ft, of -

- gas:
a) synthesis stage
b) overall
Hydrogenation temperature, °C:

a) synthesis
" b) de-alkylation
Product Gas Rate, s.c.f.h.
Product Gas Composition, ¥ by volume

Calorific value, Btus/s.c.f.

Carbon Balance
Percentage of carbon supplied in
dlstlllaxe appearing as:
: Hydrocarbon Gas
Benzene )
Toluene and ngher monocycllcs
Naphthalene
Higher Aromatics
Deposited Carbon

265
334350

760 - 765°C
790
45,080

2.9
0.3

3.4
30.0
51.8 .
11.0

0.6

821




It was realised that the fluidiced rydrogenator with the scliGe AL

sultable for carrying out this'prdcésS withvVery little modification (Fig. 5).

lover fluidised bed was utilised for the st stage 'of the resction and the Znd 4~ -

was carried out in the rain bed.

The whole of the distillate was mixed with the hydrogencting gas used ‘r

fluidize the lower bec which was deepened to 5 ft. to give adesuate time for re-cil

The hydrogenating gas for the second strpe was introduced at the tuse cf the ri
The first stage reaction was éndcthermiq id the second stare exoth ic.  The
recycle then served to transfer heat from the second stage t« the first stage
taining cverall lLeezt balaonce with a temperature differential between the two o
of 25 - 30“C. o

The results of operating the process a-e given in Table 4 showing that iv
a distiilate containing only 3! of aromatics the yield of arcratics acccunted for
27.5%: of the carbon in the distillate. The condensate itself was free of parafii...

Carbon deposition amounteé to 0.9 of the carbon in the oil and thi.. wes depositer
2s a grephitic coating on the fluidised particles. The overzll product gas had =

calorific value of 321 Btus/ft.3, = value wihich could be increased with a reduced

supply of hydrogen to the second stage. )
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THEORETICAL ANATLYSIS OF CYCLIC PROCESSES
FOR PYROLYSIS OF PETROLEUM OILS

Alan Kardas, S. A. Weil, A. R. Khan, and Jack Huebler

Institute of Gas Technology
Chicago 16, Illinois

INTRODUCTTON

: The most severe problem whlch faces any utility
is the ability to supply gas, water, or electricity during
periods of peak demand. In the case of the natural gas
industry, the gas comes from wells which are generally a
great distance from the point of use. This requires the
construction of very expensive .transmission pipelines. To
use these pipelines economically, it is necesary to run them
at near their maximum capacity at all times. If this i1s to be
done during periods of low consumption, the pipelines will be
incapable of furnishing the required gas during periods of
high consumption and means of supplementing gas will have to
be found.

In practice, the gas industry meets this problem in
a large variety of ways. For example, additional uses of gas
during periods of low consumption are encouraged by selling
the gas on an interruptible basis at a low cost. This means
that when non-interruptible customers — principally residential —
require gas the interruptible service can be shutoff. Gas is
quite generally sold to industrial manufacturers on this basis.
These concerns meet the problem which confronts them when their
service is Interrupted by putting in standby facilities such
as combination burners which can burn oll as well as gas. A
second method, very commonly used by the gas industry, is to
store the gas near the point of consumption. This method has
been used quite extensively where natural storage facilities
exist. Buch facilities might be depleted cil or gas wells,
aquifers, or underground storage caverns which occur naturally
and which are capable of containing gas at relatively high
pressure. At the present time there is great interest in
liguefying natural gas and storing it in various types of
containers near the point of consumption.

Wnile all of the above means are used to meet this
problem there still remains, in many localities, a problem of
meeting the high peaks of demand which occur during extremely
cold weather. Commonly, such periods are only a few days in
length and occupy only from ten to thirty days of the year.
In the creation of facllities to handle such peaks it is
apparent that investment cost 1s a paramount item. If, for
example, the average anmual usability of the facility 1s 15
days, the fixed charge on the investment must be carried by
15 days of operation rather than 365 days. Therefore the
flxed charge must be multiplied by a factor of nearly 25 in
arrlving at the cost which must be added to the cost of the
gas which 1s furnished during the peak periocd.

-
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One of the methods used to meet the peak demands is
storage of propane, which can be blended with air when needed
and sent out with the natural gas which is arriving via
the pipeline. As mentioned above, storage of natural gas
either in underground facilities or as liquid natural gas can
be used to meét the problem. In some sections of the United
States, principally the northeastern sections, it is
advantageous to store oil and to gasify the oll when the
supplemental gas is required. The present paper is concerned
with the oil gasification process.

A large number of processes have been developed to
gasify oil. Among these are hlghly sophisticated processes
such as hydrogasification (1,2,3) or thermofor pyrolytic
cracking {ﬁ,lS), which are both continuous processes capable
of gasifying a wide range of feedstocks. They are found to be
unsuitable, however, because of their high investment cost.
The cyclic processes to be discussed here most nearly meet
the requirements of the gas utility industry in the Important
aspect of having low investment cost.

GENERAL PROCESS CONSITERATIONS

When petroleum oils are heated to about 1100°F.

or higher, pyrolysis occurs, that is, the larger oil

molecules undergo thermal cracking to form a wide variety of
end products. The chemistry and the chemical kinetics of
this process has been thoroughly studied and reported by
Iinden et al (6,7). During the thermal cracking process
coke, tar, aromatic liquids, and butadienes are formed, as
well as permanent gases such as methane, ethane, ethylene,
hydrogen, etc., which can be used as substitutes for natural
gas. 'The gas issulng from the thermal cracking device is,
therefore, cooled to condense the tar and scrubbed with light
oil to remove objectionable constituents such as benzene, -
toluene and the butadienes. After being properly blended with
flue gas to adjust the heating value and density to make 1t
substitutable for natural gas, the product gas 1s ment to the
customer.

In spite of the highly involved chemistiy,
Iinden et al (6,7)have shown that the gas resulting from
the cracking operation can be characterized by a fairly simple
expression; the heating value and products formed are a

function of
) t 60-08

in which t is the temperature at which the cracking occurs in
OF. and 6 is the time in seconds. While Linden's work was

-conducted under essentially isothermal conditions one can,

derlive from 1t the integrated effects of temperature and time
at temperature in a non-isothermal heatlirg process. These
relationships will be discussed in a future paper. The present
paper 1s concerned with the heat transfer aspects of an oil gas
set (the cyclic’heating apparatus) and not directly with the
chemlcal kinetics.



78

The equipment used to carry out the oil gasification
process can, in principle, be extremely simple. It may
consist of an 1lnsulated shell into which refractory shapes are
placed in such a fashion as to provide free access of flowing
oil vapors to the surface of the refractory shapes and to
allow the refractories to be heated up by a flow of hot flue
products. For example, one might lay up conventional firebrick
to form parallel walls with spaces between the walls for the
passage of the gases. Heat is stored in the refractories by
passing a combusted oil and air mixture through the passages.
When the desired amount of heat has been stored in the
refractory, a small amount of steam 1s passed through the
passages to remove most of the flue products. Then oll mixed
with steam 1s passed through the passages. The oll-steam
mixture utilizes the stored heat to vaporize the oil, to heat
it to cracking temperature, and to furnish the required heat
of cracking. When the stored heat has been removed, a small
amount of steam is again passed through the set to remove the
last of the oil gas and the heating cycle is again initiated.

In principle, the oil gas set performs simply as a
regenerative heat exchange device. A significant difference
between the operation of the oll gas set and the repenerators
in common industrlal use arises from a fact which can be seen
in Idnden's correlation; 1.e., the heating value of the gas
product is extremely sensitive to temperature. In any
regeneratlive process the temperature of the stream belng
heated will be hotter at the beginning of the cycle than it
will be at the end. Since temperature has such a pronounced
effect 1n the oll gas process it is necessary to use extremely
short cycles to minimize this temperature difference.

THE HEAT EXCHANGE PROBIEM

The numbgr of permutations and combinations of ways
to accomplish the cyclic heat exchange required in an oil gas
operation are limitless. One can chose from a large rumber
of heat exchange materials and there are limitless variations
in thelr size and shape. The process can be operated cocurrent
flow (the heating stream and the male (01l) stream traveling
in ‘the same direction through the set) or countercurrently
(the heating stream flowlng through the set in one direction

~and the make stream in the reverse direction). The heat or

make streams can be introduced into the set at a variety of
points and the heating air can be preheated from the residusel
heat in the make stream before the air 1s combined with oil
for combustion on the heating cycle. The problem can be
further complicated by carbon deposition, which occurs during

- the cracking portion of the cycle and which is, of necessity,

burned off during the heating cycle. Nearly all of these
variations, as well as the chemical kinetics, have been bulilt

adih A .
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into a.digital computer program which is capable of describing
the details of the process with sufficient accuracy that the
computed heating value of the product gas is in very good-
agreement with actual operating results. A detailed description
of this. computer program is beyond the scope of the present
paper. We will, however, show some very simplified expressions
for the heat transfer problem which will give a clear indica-
tion as to the important variables in the heat transfer process
together with some results of the computer program for a typical
cocurrent-flow set.

Simplified Model

The simplest model of a regenerative heat exchanger
ls one in which the heating gas and the cooling gas flow
through the set in the same direction (parallel flow), and
having heat exchange material with an infinite heat capacity.
The heat exchange material will then adopt a constant
temperature intermediate to the heat and make streams. Thus
one can write

hiA (tl—ti) Ty = hpA (ti—tz) T2‘ (1)
hiA (ta-t;) Ta = -wicy T, S& (2)
1) 1 h g
~wic1 Ti g;l= Wzcz Tz g_;f{g ] ‘ . (3)
where
h = heat transfer coefficlent - Btu/(br x £ x °F.)
A = heat transfer area per unit length - ft2/ft
't = temperature -~ °F. '
T = time of period - hr
w = mass flow rate of gas per unit ‘open area,

1b/(hr x £t2)
¢ = specific heat of gas - Btu/({1b x om,)

x = length in direction of flow - ft
Subscripts '

1 = heating gas

2 = cooling gas

1 = heat transfer surface

Equation (1) equates the heat transfer rate multiplied
by the period time of the two parts of the cycle, assuming no
purge periods. Equation (2) equates the same to the heat given
up by the heating gas as sensible heat of temperature change
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‘per unit length along the regenerator. Equation (3) equatcs

the heat lost by the heating stream to the heat gained. by the
cooling stream.

Equation (1) is used to solve for t; in terms of ts

and te. This result is substituted into Equaticn (2.7
Equation (2), with the substitution, is differcntiated wii
respect to x and the resulting term containing dts/dx ir
eliminated by using 1ts value from Equation (3). Thus, a
second order equation in t, i1s obtained as follows:

d%ty  _ a1y dty !
—8.1;-— "b(l+a2)dx (‘)

81 = WlC:LTl

o = WzCsz

b~ MTihaToA
T Ty + haTse

Appropriate boundary conditions of
X =0, t1 = t:9, to = t2°

X = 0, %%g = - gl (£1°-129)

X =, t =tz

can be applied to the integration of Equation (4) and the
related expressions for ts,and the final result is

£t _ _Bp {a1t82) b }
£19-12° T aatas L-expl 8182 x ] (5)

ta-t2° &y {1_exp [_ﬁa_ﬂﬁz_)_bx]} (6)

th_tZO 8148z

To a falr degree of approximation, the temperature
rise of the make stream (100° to ~ 1300°F.) and the temperature
drop of the heating stream (3000° to ~ 1700°F.) are of the
same order of magnitude. As a consequence, the values of a,
and ap are also of the same order of magnitude. If the periods
ang the %eat transfer coefflcients are also equal, Equation (6)
reduces to

te-t2° 1{1 _ exﬂ*(ng‘ff)(%T) ax]} .

t19~t2° -2

!
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which 1s trivial except to show that the period time wlll
tend to dancel out under these operating conditions. In
addition if T» 1s made lower but not T, or &;, then wzcz will
have to go up or the set capacity will fall and 1f wazcz= goes
up, hs will also rise and hoTz will tend to stay the same.
As a result the effect of the period 1s very small. The
computer program bears this conclusion out as can be seen 1n
Figs. 1, 2, and 3 where the make period has been varied from
bz to 86 seconds without appreciable change in the heating
value of the oll gas produced. The heating value of the -01l
gas 1s very sensltlvely related to the temperature the oll
reaches as described above.

‘Refined Heat Transfer Model

The above very slmple treatment of the problem g:ive.s

no information on the effect of the propertles of the heat
transfer medium. A better approximation to.the actual
problem can be obtained in the following way.

If a slne wave temperature varilation having an ampldtude

equal to (ti1-to) 18 impressed upon a heat transfer material
having real properties, Ci’ Py> ki,ai

where
py = density - 1b/ft°
ky = conductivity - Btu/hr x ft x °F.
@, = diffusivity - £t2/hr '

end if hy; 1s equal to hz, 1t can be shown (8) that the surfacs
temperature of the heat transfer medium will oscillate between
ti,, and ti,, in such a way that

by, - b2 = F (t2 - ta) : - (8)

vhere F 1s a constant and is glven by
21;1 / ﬂk = |/

Equations (1) and (2) may be revised to account for
the fact that the heat exchange medium has an average surface
temperature which 1s higher than ti durlng the heating cycle

and cooler during the cooling cycle.
hiB (ts =ty ;) Ta = haA (ty ,=t2) Ta (1a)
v _ _ dty
had - (t, ti,l) Ta Wi1C1Ts HEL (2a)
If Equation (8) is used in combination with (1a) and (2a) -
and the samelgrocedure followed as shown. above the resulting

solutions will be exactly as in Equations (5) and (6) except.
for the definition of b which becomes b'. :

L]
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Some valnes of F have been computed for reasonable
values -of the various parameters and using a fireclay and &
silicon carbide refractory as the heat exchenge medium.
Table I shows the properties of these two refractories

Table I
Material - k _c P o
Fireclay o 0.88 0.295 130  0.023
Silicon Carbide 9 0.289 160 0.195

Silicon carbide represents a nearly optimum material
while fireclay represents about the least expensive material
which has sufficient structural strength under the conditions
of use. Teble II shows the assumed values of T and h and the
resulting values of (1-F).

Table IL
Period Time, Heat Exchange 1-F
T, min. Medium A h=75 h = 10
1.5 . Fireclay . 0.93 0.87
1.5 - 8ilicon Carbide 0.98 0.96
2.5 Fireclay 0.90 0.84
2.5~ Silicon Carbide 0.97 0.94

This table shows that the thermal properties of the
heat exchange material are not an overriding consideration.
The largest effect is at an h of 10 and a period of 2.5
minutes (5 minute cycle), where the gilicon carbide shows a
12% higher value of (1-F). This would allow the use of 12%
less surface area of silicon carbide (less refractory) or 12%
more production of oil gas with the same surface and no change
in h (same amount of refractory but rebricked to keep the gas
velocities unchanged).

In an extensive monograph on regenerative heat
transfer, Hausen (8) derives equations which are very similar
to those given sbove but which cover long cycles as well as
short ones. If the two are compared for the conditions of
interest in oil gas sets the quantitative results are very
close although the algebraic form of expressions showing the
effect of the properties of the heat exchange medium are quite

different. In place of F given above in Equation (9), Hausen has
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1 4 -0:-375 hé_
k(0.3 + g—T)

/2

where
6 is the brick half thickness - £t

He also has the same harmonic form of combining
the values of h;T; and hoTe, T: and Tp as well as a; and ap.

The Computer Model

‘While the foregoing relationships are very useful
to examine the d&ffects of the variables they can not be used
to predict actual operating results. Partly this is due to.
the -fact that the results of the cracking reaction are dependent
upon time as well as on temperature end in a very complex
fashion. The capability of being able to consider the large
number of possible ways to construct and operate a set is

- Important.

In addition the heat transfer coefficient during the
heating perlod varies by a substantial amount due to the intense
gas radiation in the first several courses of brick and the

- effective heat capacity of the make stream varies considerably

due to heat of vaporization in the first few courses and heat
of cracking in the central sections.

Flg. 4 shows an example of a very common cocurrent
set design. It is bullt with two vertical sections with an
empty crossover section. This construction comes about because
these sets are actually converted carburetted water gas sets.
As mentioned earlier there are a large variety of shapes and
slzes of this design and many other designs as well.

The open space at:.the top of the left hand section
1s required as a combustion section on the heating period. The
refractory in the first few courses just below the combustion
chamber is usually made of silicon carbide in order to with-

- stand the extreme temperature fluctuations which occur in the

switch from hot flue gas (30009F.) to cold oil and steam
(200°F.). The high thermal conductivity and diffusivity of
this material greatly minimizes 1ts temperature fluctuation
as can be seen in Table II and Equation (9). Below the
silicon carbide are courses of bricks which are usually
fireclay and which are not always laid up in the same pattern

‘ag the silicon carbide.
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and cleaned vy ac deveriloed cardtor.

The cunpaicre program s corigned so that each of the

secetions fust descrdibed can booanaly wiih the input data
e [EVERIEN . v vacehlion conl he

in order to improve tie accuracy
of the compuatat Lop e, subdivislon ithe surfoace area,
the heat iranafloer cowo Seontoand Lhe Lhermei properties off
the gases are computed for ihe particular conditions which
exist at that pesition. The variation in time of hoth the
refractory and the gases 13 computed at the subdivision with
the relractory temperature being computed as a funci. n of
depili into it normal Lo the ges flow direction. In scctions
where thermal crecking occurs the heating value and yic = of
the oil gasare computed as a function of time over the p.riod
and {ime weighted average values calculated.

Qundivie inloe

The cocurrent sets ore relatively simple to compute
compared to thce countercurrent. This is because the
temperature of’ eacli gas stream is known at their common inlet
point to the set. 'This makes 1t possible to start at the
front, solve the first subdivision and then proceed to the
second, etc. It 1s not inferred that the solution itself is
simple but only that the procedure is straightforward. In .
the countercurrent set this can not be done because the
initial gas stream temperatures are known at opposite ends of
the set. This makes it necessary to make an "educated guess"

for the entire set, run through the solution, "guess again" |
and repeat until an ecceptably cleose agreement is obtained. -
This lteration process is superimposed on the iterative

processes used at cach subdivision and the required computer J

time is considerably greater.

Typical computer resulis are shown in Figs. 5, 6,
and 7. Fig. 5 shows the heating gas and oll gas temperatures
at the beginning and end of each period. Fig. 6 shows the
variation in heating value of the oil gas during the make
period at varicus positions in the set. TFig. 7 shows the
heating value and yleld at the start and end of & period
as well as the average values as a function of the length of
the set. These results are for an idealized set and do not
represent actual operation but actual results would not appear
too different in principle.




CONCLIUSION
A highly sophisticated computer program has been

developed which 18 capable of handling both the complex heat
exchange relationships and the chemical kinetics involved in
cyclic oil gas sets. The program 1s being used to analyze
exlsting sets and to enable recommendations for lmproving
them to be made. It will also be used to design an optimum
oill ges set in the near future.’ '

Closed form solutions of the heat transfer problem

have been obtained. These solutions can be used to show
the general effects of the parameters and thelr interrelation~
ships and to approximate the design of the optimum set.
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HYDROGASIFICATION OF OIL SHALE IN A CONTINUOUS FLOW REACTOR

Herman Feldmann and Jack Huebler

Institute of Gas Technology
Chicago 16, Illinois

INTRODUCTION

Satisfaction of the projected needs for pipeline gas from a domestic source
will ultimately require supplementing the avallable natural gas with gas produced from
the large reserves of solid fossil fuels, coal and oil shale, "The time when natural gas
will have to be supplemented by the gasification of solid fossil fuels depends on many
factors. These factors, along with information on the potential reserves of solid fossil
fuels and processes for the production of pipeline gas, have been discussed by Linden (4).

Oil shale is a carbonate mineral which rather tenaciously holds oil~yielding
hydrocarbons called kerogen. The production of pipeline gas from this kerogen requires
the addition of sufficient hydrogen (hydrogasification) or subtraction of enough carbon
(pyrolysis) to convert it into methane or a mixture of methane, ethane and hydrogen
having burning properties similar to methane. The most attractive present technique for
producing pipeline gas from oil shale is by hydrogasification. : :

A major processing problem with oil shale arises from the fact that the pipeline
gas forming reactions are accompanied by side reactions which occur at significant rates.
The major side reactions are mineral carbonates {calcite and dolomite) decomposition,
liquid formation, and carbon deposition, Maximum heat economy and kerogen
utilization can be obtained if these side reactions are minimized to the greatest extent
possible.

" The objective of the present work was to develop sufficlent information to
allow design of a prototype plant for the economic production of pipeline gas from oil
shale. Studies were carried out on. a pilot planf scale in a continuous—flow tubular
reactor. The study evaluated the effects of important process variables such as the
hydrogen-to-shale feed ratio, feed gas composition, shale space velocity, pressure,
temperature, gas-solid contacting scheme, and oil shale feed stock. '

EXPERIMENTAL
Egu’lgmenf ! .

‘ The hydrogasification unit used in this study consisted of an interconnected
feed hopper, a screw feeder, a reactor tube, a discharge star gate, and a residue
receiver. A drawing of the assembled unit, showing dimensions and relative positions
of the vessels as well as working pressures and temperatures, Is given in Figure I. The
flow and instrumentation diagram for the entire plant is shown in Figure 2.

The feed gas was fed into the top of the reactor cocurrently with the shale.
The product gas was taken out at the top of the residue receiver, and was passed through
porous stainless steel filters, a water-cooled condenser and cartridge filters filled with
glasswool, for final cleanup. Pressure was maintained on the hydrogasification unit by
an externally loaded back-pressure regulator. Feed gas flow was controlled manually
by aneedle valve and was metered by a plate orifice.
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The shale bed level was controlied by means of a differential pressure
measurement by probes set at the desired bed level and ot the reactor top. A change
In the differential pressure reading of 10 inches of water column (full scale) between the
bed and the reactor top corresponded to a change. in the bed level of about 4 inches.
In moving-bed tests, the shale space velocity was set by setting the bed height and the
shale feed rate.

The reactor was heated externally by an electric furnace having eight
Individually controlled heating zones. Reactor temperatures were measured by eleven
Chromel-Alumel thermocouples placed in an interfor thermowell. Reactor outside wall
temperatures were measured at the center of each heating mne. Reactor pressure, .

reactor differential pressure, and the hydrogen orifice differential pressure were recorded.

Product gas volume was measured with a tin case meter. The specific gravity and heating
value of the product gas were measured and recorded continuously.

Procedure

Colorado shale was obtained from the Union Oil Co. mine at Grand. Valley,
Colorado. The material was selected because of Its availability in amounts required for
pilot plant testing (approximately 200 pounds per run) and because it is typlcal of shale
from the Greon River deposit, New Albany shale was selected as representing a
promising Eastern shale. A typical Colorado oll shale ultimate analysis is shown below:

Wt. % (dry basis)

Ash 59.2t
Organic Carbon 18.05
Hydrogen 2.54
Sulfur ’ 0.85
Oxygen (By difference) 13.87
Nitrogen . - 0.46
Mineral Carbon 5.02
TOTAL . 100.00

Feed shale was prepared in batches by crushing the 6-inch chunks to ~10 +55
or to -55 #200 U.S.S. sieve size and-drying in a steam~heated oven.

Prior to beginning a test, the reactor tube was heated to the desired operating
temperature, the feed hopper was filled with shale, and all vessels were purged with
nitrogen, depressurized, and then repressurized to the desired operating pressure with

feed gas. In moving-bed tests, the reactor tube was initially filled to the desired operating
level with inert material prior to starting the run so that steady operating conditions could '

be obtalned more quickly.
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When the proper flow of feed gas had been established and was steady, the
screw feeder was storted. This feeder was calibrated so that the rate of flow of sollds
could be predicted from the feederrate. Actual feed rates, however, were obtained by
measurement of the welght of solids removed from the hopper divided by the elapsed
time of the run. Simultaneously with the start of screw fezder, the discharge star
feeder was set Into rotation. The star was operated either at a rate just sufficlent to
hold the bed level at the predetermined position or, as in the free-fall tests, at a
maximum rate so that no shale bed could be bullt up within the reactor tube.

With hydrogen feed, as a run progressed, the product gas would gradually
Increase in gravity and in heating value. Steady values were reached during the latter
part of a run. All test results were based on the steady-state portion of the run. Gas
samples taken directly from the reactor, however, were found to approach steady values
much more quickly than those taken after the product gas passed through the residue
receiver, which indicates that steady state conditions were achleved quite rapidly in the
bed and that the approach of the product gas to steady state was slow because of back-
mixing of the product gas in the residue receiver. In oll runs there was an adequately
long steady period. In a typical run, using a shale rate of 35 pounds per hour and a
4-foot deep bed, the material in the reactor was completely replaced approximately
20 times. :

Liquid rates were measured during the run by means of high pressure Jerguson
gages in the bayonet and condenser knockout pots. Liquid recoveries were usually
incomplete, due In part to absorption of the liquids on the residue in the receiver
hopper.

After completion of a test, the unit was depressurized, purged, and allowed
to cool. Feed remaining in thefeed hopper, the solid residue in the solids receiver and
the liquid products were removed and weighed. Feed and residue solids were given
complete chemical analyses and were screened to determine the degree of particle
degradation. Residue solids were sampled from near the top of the receiver In order to
obtain material representative of steady operation. Liquid products were analyzed for
carbon and hydrogen and specific gravity. Product gases were analyzed with a mass
spectrometer - except that carbon monoxide was determined by infrared analysls,

. The residue rate was calculated from the feed rate and an ash balance between
the feed and residve. Feed and product gas rates for the steady-state perlod were
corrected for pressure and temperature and reported in standard cublic feet per hour (at
60° F. and 30.00 Inches of mercury), on adry basis. Gas heating value and specific
gravity were computed from gas on a dry gas basis at standard conditions (5).

Process Variables Studied

The range of process variables studied are giveh below.

N
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Hydrogen-to-shale feed ratio: 0 to 200 percent of the stoichiometric
requirements for complete converslon of the organic carbon and hydrogen content of
the shale to methane,

Temperature: 1150° to 1360°F.

Total Pressure: 400 to 1600 p.s.i.g.

Shale space velocity: 50 to 900 pounds per cu. foot-hour in moving bed
tests (residence time 6 to 90 minutes, and in free-fall tests shale residence times

approximately 3 seconds).

Feed gases: H}drogen, synthesls gas, nitrcgen-hydrogen mixtures, and
nitrogen.

RESULTS

Hydrogasification with Hydrogen

_ The most important variable in determining the degree of conversion of the
oll shale to gaseous hydrocarbons was shown to be the hydrogen-to-shale feed ratio.
For the sake of consistency this parameter was defined as the actual hydrogen feed rate
divided by the stoichiometric amount. This ratio Is the percent of stoichiometric

. hydrogen and denoted by S.

Figure 3 shows how this stoichiometric ratio influences the conversion of
organic carbon to gaseous hydrocarbons and residue, the remaining carbon being
converted to liquid products. The scatter in the fraction of residual carbon formed is
due to varying amounts of liquid absorbed by the spent shale and to experimental error.,
Selected residue samples were extracted with toluene to eliminate variation due to
absorbed liquids. This lessens the scatter considerably as indicated by Figure 3.

As the hydrogen-to-shale stolchiometric feed ratio is'Increased, the

conversion of organic carbon to gas Increases, until the ratio Is approximately 90 percent,

at which point approximately 65 percent of the conversion is obtained, Increasing the
amount of feed hydrogen beyond 90 percent of stoichiometric only results in difution of
the product gas with hydrogen and no further significant conversion of kerogen.

The decreasing fraction of hydrogen utilization with increoslng stoichiometric
hydrogen-to-shale feed ratlo Is also apparent from Figure 4 which shows the composition
of the product gas as a function of the hydrogen-to-shale feed ratio.

Since the ob[ectlve of this work is to develop a process for converting oll
shale to high-B.t.u. gas suitable for pipeline transmission- It Is necessary to remove
the carbon oxides and .excess hydrogen. The preferred method of accomplishing this Is

by catalytic reaction of the-carbon oxides with hydrogen to form methane. Since the
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methanation reaction involves expensive equipment and lowers the overall process
efficiency, it is desirable to minimize the amount of carbon oxides and hydrogen
consumed in this reaction. Consequently, the use of excess hydrogen 1s not desirable
and only a relatively limited numbe: of experlments were conducted above 90 percent of
the stolchiometric ratio,

Pressure

The only variations in gasification yields and product distributions noted
with changes In total pressure between 400 and 1600 p.s.1.g. were the result of changes
in the gas phase residence time. Even at the lowest pressures and highest gas rates
studied with pure hydrogen, gas phase residence times were sufficiently long to convert
the heavier aliphatic intermediates. Liquid products collected were mainly aromatic.
These aromatics would be difficult to hydrogenate at even the longest gas phase
residence times studied.

Temperature

The average bed temperature has a great effect on the paraffin distribution
in the product gas as is shown in Figure 5. The methane-to-ethane molar ratio
increases very rapidly at temperatures above 1250°F. Propane and butane increase
and pentane appears as the temperature is reduced to [150°F. Both propane and butane
vanish as the temperature approaches |350 F.

These changes in gas composition are due to the decrease in the rates of
hydrogenolysis of the heavier gaseous constituents to methane with decreases in
temperatures (8). This verifies the mechanism suggested by the earlier laboratory scale
work (2) that the hydrogasification reactions proceed via the stepwise destructive
hydrogenolysis reactions of ofl vapor through successively lower molecular weight
aliphatics and finally to ethane and methane. -

There are indications that a maximum of organic carbon conversion for a

given stolchiometric hydrogen ratio occurs between temperatures of 1200° to 1250°F .
A corresponding Increase in residual carbon occurs above 1250°F. while increased liquid
formation occurs below 1200°F, These results Indicate that there is no incentive in
operating an oll shale hydrogasification reactor above 1250°F. because of the increased
formation of residual carbon. In addition, there is a rapid Increase in mineral carbonate
decomposition at higher temperature as shown In Figure 6. A portion of the carbon
oxides In the product gas has been suggested (6) to result from the decompasition of
groups containing organic carbon-oxygen linkages such as carboxyl groups. Carbon

- oxides from the decomposition of these groups occurs at temperatures as low as 575°F . (1).
However, mlneral carbonates are the chief source of carbon oxlides.

4'
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Shale Space Velocity and Free-Fall Tests

Shale residence time hod virtually no effect on the conversion of kerogen in
the shale to gaseous hydrocarbons: and liquid products.  Shale residence times were
varled from approximately 3 seconds in free-fall operation to 90 minutes in moving-bed

. operation, with the majorlty of the tests being made dt a shale residence time of

approximately 10 minutes. A comparison of the results of a shale residence time of 90
minutes with the results obtalned at 10 minutes, at 90 percent of the stoichiometric
hydrogen, showed that the organic carbon conversion only increased from 65 to 72 percent.
Extrapolation of these resuits indicates that a nearly tenfold increase in reactor volume -
would be necessary to achieve this additional 6 percent conversion. Under the conditions,
carbonate decompasition was Increased from 34 to 70 percent because of the longer

" residence time, The 6 percent increase in conversion is offset by the greatly Increased

reactor size necessary to achieve it and by the increased carbonate decomposition with
its detrimental effects on process heat economy, hydrogen utllizuﬂon and product gas
cleanup costs.

‘Carbonate decomposition decreased with increasing shale space velocity
from approximately 70 percent at a shale space velocity of 50 pounds per cu. foot-hour .
to 34 percent at 800. Further increases in shale space velocity In moving-bed operation
were not effective In reducing carbonate decomposition because 34 percent of the

- carbonate is magnesiun carbonate which decomposes at a very high rate (3). However,

free fall operation reduced the carbonate decomposition to only 8 percent and made
possible the direct production of a high-B.t.u. gas. The effect of this'decrease Is shown
by the much higher hydrocarbon:composition of the product gas in Figure 4.

 The distribution of organic carbon between gaseous hydrocarbons, liquids,
and residual carbon products remained unchanged in free-fall as compared to moving-bed:

“operation. The reaction model described below attempts to rationalize this important -

fact as well as the observed effect of the hydrogen-to-shale stolchlomefrlc ratio.
Reaction Model

It Is known from retorting experlence that when an oil shale is heated above
500 to 600°F., oil is evolved. Retorting Is usually done.at moderate’ temperatures of the
order of 1000°F. and falrly complete evolution of the kerogen s attained.

In hydrogcsiflcaﬁon work conducted by Shultz and Linden (7), conversions of
the organic material to gaseous hydrocarbons above 90 percent were obtained, This
work was conducted in a batch system which was charged with hydrogen and heated from
room temperature to a final temperature of 1300°F. at a heating rate of approximately 9°F.
per minute. In marked contrast to this, the heating rate In the present reactor was on .

- the order of 400°F. per second. It is believed that the rapid heaflng rate in the present

work is responsible for fhe relatively low conversion to gas.’
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In the present system the shale particles heat so rapidly that a portion of the
ol vapor 1s probably pyrolysed to relatively unreactive aromatics and coke before it can
escape from the particle to the gas phase. The rate of evolution of oil vapor is so large
that no hydrogen from the gas phase can enter the particle while the vaporization s
occurring. This places an upper limit on the conversion to gaseous hydrocarbons, which
Is represented by the carbon lost to pyrolysis within the shale particle.

The oil vapor which reaches the particle surface without being pyrolysed can
elther react with hydrogen in the immediate vicinity of the surface of the particle or it
can pyrolize. Thus, one would visualize a gas film surrounding the particle in which
both pyrolysis and inttial hydrogasification will occur. The extent to which hydro-
gasification can predominate would seem to be logically a direct function of the rate
of mixing of the hydrogen with the oil vapor. It is assumed that the ability of the
hydrogen to mix with the oil vapor Is a function of the ratio of the hydrogen flow rate
to the ofl vapor flow rate, This ratio is proportional to the stoichiometric hydrogen to
shale feed ratio S, In the lower limit, i.e., zero feed hydrogen, one would not expect
zero conversion to gas since gaseous hydrocarbons are a direct product of the pyrolysis
reaction. '

As these results indicate, at the temperatures employed in these experiments
the pyrolysis and hydrogasification reactions are quite rapid. Three seconds is sufficient
time to heat the shale particle, evolve and partially pyrolize the oil. The oll evolved
from the surface of the particle travels through the reactor at the gas phase velocity,
typically on the order of 0.1 feet per second, which results in a total gas phase residence
time of approximately 80 seconds. This residence time of the gas phase 1s essentially.
independent of either free-fall or moving-bed operation, Consequently, the
gasification results should be, and were, independent of the method of handling the
solids.

Following this inltial reaction phase, further gasification would necessarily
occur by hydrogenation of the residual coke formed by pyrolysis. This coke Is apparently
quite unreactive to the hydrogen-hydrocarbon gas mixture at the temperatures and

residence time employed in these tests, This is due in part to equilibrium hindrance of the
reaction

C+2Hy # CH4
due to the presence of CHy.

This conceptual model of the hydrogasification reaction scheme,in addition to
explaining the differences between the batch results reported by Shultz and Linden (7)

and those reported here, allows an equation to be written which provides a satisfactory
fit to the observed results.

e e e s o b

ey

N

N




<
5.

g

s Vil aandl

———

. pllot plant varie

The total organic carbon conversion of the shale may be written as,
) XRi+XGi+XRo+ XG°+XL=I

where -

Xp; is the fraction of the kerogen carbon cracked to residue inside the
particle. ’ :

Xg; is the fraction of the kerogen carbon converted to gas in the particle
through the crockmg reaction.

XRo is the Ifrucﬁon of the kerogen carbon cracked to residue outside the particle.
XGo is the fraction of the kerogen converted to gas outside the particle.
XL is the fraction of kerogen. carbon which is cor;verfed to liquid products.

" The conversion to gaseous hydrocarbons is, therefore,

’ R (2) . . XG- + XG =l -XRi"XR -XL

On the basis of the model XRI Is a function of the heatup rate, Xp _-a function.
of both heating rate and the stoichiometric hydrogen feed ratio (a measure of the degree

‘of mixing of the hydrogen with the oil vapor outside the particle) and Xy is also probably

a funcHon of heatup rate and the degree of hydrogen mixing. Because of the difficulty
of measuring liquid rates in both the pilot plant and laboratory studies it is difficult to
determine how X; was affected by the various parameters. The liquid conversions in the
c!'from 10 to 20 percent. In the batch tests (7) with hydrogen and slow
heatup rates very little conversion to liquid producfs was observed. ’

A small Increose in llquld producf formatlon was noted with Increasing
hydrogen-to-shale feed ratlo In the semiflow (2) tests. This was probably because gas
phase residence time decréased in these tests with increasing hydrogen-to-shale feed
ratio (hydrogen feed rate). .Gas phase residence times were on the order of 10 seconds
In these tests which is considerably shorter than the typical 80 second gas phase residence
times In the pilot unit. Thus, the most Important variable in the formation of liquid products
Is probably the particle heatup rate assuming sufficlent gas phase residence times. - This
follows from the model since high heatup rates promote pyrolysis which in tum promotes
formaﬂon of arematic liquid products which are very difficult to hydrogenate. S
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Since all of the pilot plant tests were made at essentially the same heatup
rates, the following expressions will be written for the various conversion parameters:
s

(3) X Ro" Ae

where

il

A is a functison of the heatup rate. This function fulfills the boundary

conditions that the B—I—L—"-‘;;— XRo =0, i.e., perfect mixing, and XRo = A when
rog

S =Q, i.e., no hydrogen feed.

— \r‘_n.

4) Xe.=f(a) =B

e .

A function only of the heatup rate, essentially constant for the pilot plant
tests.

a

(5) _ XL =C ;

Assumed a constant for the pilot plant tests.

Substituting from (3), (4) ond (5) into (2) gives,

: _ +«s '
) Xt Xgo= 178C Ae . : '

Determination of the constants gives the final equation,

, -1.725
) Xgi+ Xgo= Xy = 0.68-0.30 e

-Equation (6) compared with the experimental data in Flgure 3 and a reasonable
£t 15 shown, WHhkin the limits of the work done to dote the medel ceems reciongble, It

Is hoped that future tests will further prove or modify the assumptions and allow a complete
description of the process to be given,

Hydrogasification with Synthesis gas and Nitrogen-Hydrogen Mixtures

Operating the process with synthesis gas produced by partial oxldation of .
shale ofl can provide a means of heating the oil shale to reaction temperature at
sufficiently low hydrogen to shale ratios that hydrogen separation in the product gas will
not be required. The presence of carbon dioxide in the synthesls gas also inhibits the
decomposition of calcite (CaCOg3) thus Improving hydrogen utilization and process heat
efficlency. Inanoctual synthesis gas run, carbonate decomposition was reduced from 30-40
percent to approximately 20 percent.
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Feed gas composlitions for synthesis gas evaluation were chosen to be as close
as possible to the reported values (10). Since synthesls gas was not avallable a gos was
prepared whose composition at room temperature was the same as synthesis gas would be
if cooled down to room temperature assuming water gas shift equiilbrium were satisfied.
The room temperature composition of this gas was:

/

Constituent , Mole, %
CcOo 36.0
€O,y 15.1
Ha- 48.1
CHy 0.6
CoHg 0.1
‘CaHg 0.l

TOTAL . 100.0

In’experimental runs the presence of gaseous constituents in the synthesis gas
other than hydrogen did not have an effect on the hydrogasification results within the
lImits studied. The organic carbon conversion to gaseous hydrocarbons remained to be
Influenced by the hydrogen-to-shale ratlo fed as shown by the general correlation for
the conversion of organic carbon to gaseous hydrocarbons in Figure 3,

Alternate processing schemes include the use of steam, hydrogen-steam; or
carbon dioxide-steam mixtures (flue gas) in a fluidized-bed reactor. External heat
requirements, if necessary, would be furnished by heating coils. Since the process Is to
be operated at approximately 1200°F., steam and carbon dioxide are assumed to be
essentlally Inert to the gaseous hydrocarbons. This was verified in the synthesis gas tests.
Therefore, it was expedient to study the effect of diluents on hydrogasification by making
tests with various nitrogen-hydrogen feed mixtures since nitrogen Is certaln to be inert,
The intent was to determine If either the mole fraction hydrogen or the hydrogen partial
pressure were Important in effecting converslons to gaseous hydrocarbons, These tests
employed nitrogen mole fractions from 100 percent to O percent.- This serles of tests
correlate  nicely with the results achleved with pure hydrogen as shown by Figure 3
Indicating that the only important variable was the stoichiometric hydrogen ratfo, and
that neither the mole fraction or the partial pressure were important parameters.

Hydrogasification of New Albany Shale

New Albany shale was selected as being one of the more promising Eastern oil

shales for the manufacture of pipeline gas. A complefe survey of the important Eastern shale
deposits has been reported by Shultz (9).
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New Albany shale has a greater tendency to form carbonaceous residue than
does Colorado shale, This Is indicated by the table below where representcﬂve results
with the New Albany shale are reported.

Run No. . . 57 ’ 59 - 68

Shale Particle Size, U.S.S. -10+55  -10+55 -10.+55
Shale Space Velocity, Ib. /cu.ft.hr. ' 688 698 352
Average Bed Temperature, °F, 1219 1273 1261
Hydrogen-to~Shale Feed Ratio, % of
Stoichiometric 43 42 205
Organic Carbon Converslion, Gaseous
Hydrocarbons 36.3 40.6 53.2
Liquids 6.4 3.0 7.2
Residue 54.0 52.7 34.5
TOTAL ' 96.7 96.3 94.9

Also, with New Albany shale, the conversion to gaseous hydrocarbons is
less dependent on the hydrogen-to-shale feed ratio than with Colorado shale. However,
no difference was noted in the gasification behavior of these two materials in batch
tests. The same model as presented for the Colorodo shale, therefore, may also be
valid for the New Albany shale, but insufficient data is available for the New Albany
shale to determine the validity of this.

Qualitatively it appears that the Fisher assay oil yleld is an Important
parameter In determining the reactivity of a shale to form gaseous hydrocarbons. For
example, the Fisher assay oil yield for the. New Albany shale was approximately 0. 052
gallons per pound of organic material whereas the Colorado shale oil yield was
approximately 0.088 gallons per pound of organic material. The carbon-hvdrogen ratios
were approximately 7.85 and 7.20 respectively. The lower oil yleld with the New
Albany material indicates an Increased tendency to form residual carbon rather than oil
vapor. This tendency of the kerogen to form carbonaceous residue appeared to have a
similar effect on the hydrogasification yields.

SUMMARY AND CONCLUSIONS

The production of pipeline gas from oil shale Is possible over a wide range of
operating conditions, The conversion of the organic carbon in the shale was a function
mainly of the hydrogen-to-shale feed ratio being independent of pressure and diluents
in the feed gos. A slight effect of temperature was noted at the extremes of the
temperature range studied, 1360° to [I50°F, The conversion of kerogen to gaseous
hydrocarbons was reduced at the higher temperature level by increased residual carbon
formation and at the lower temperature by increased liquid formation. Particle residence
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' Hime did not have an effect on product gas propertles or conversion of organic carbon

to gaseous hydrocarbons. A semi-emplrical equation was developed, based on the rate
of particle heatup and hydrogen-oil vapor mixing, which allowed the conversion of
organic carbon to gaseous hydrocarbons to be predicted. The model indicates that the
Ideal hydrogasifier design should provide for slow solids heatup rates and rapid '
hydrogen-oil vapor mixing.
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Commercial and Industrial Fuel Gases from Coal

Neal P. ‘Cochran
Office of Coal Research
Washington 25, D, C.

ABSTRACT

To produce fuel gases from coal at commercially attractive prices the
Office of Coal Research has undertaken three projects. In one
project low cost gasification equipment is under development while
the other two seek to develop processes that will reduce capital and
operating costs of synthetic gas plaﬁts. Thg projects are mutually
supporting and directed toward OCR's over all objective of increasing
the use of coal. Pipeline gas at 50 cents per 1000 cubic feet and

hydrogen at 25 cents per 1000 cubic feet are the research targets.
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A COAL-BURNING SOLID-ELECTROLYTE FUEL CELL POWER PLANT

N
by
!\ .
: R. L. Zahradnik

' L. ¥.ikan
¢ D. H. Archer
A‘ »

ABSTRACT
N .

) ' ) A plant is proposed which combines a coal-gasification unit with
' a high~temperature solid-electrolyte fuel cell battery to produce an

efficient power generation system. The special requirements imposed on

-

the gasifier by its coupling with a fuel cell battery are discussed and
.two avenues of investigation - one experimental, one analytical - are
proposed. The results 6f a computer simulation of the overall plant are
presented and preliminary projections of plant economics and characteristics
are reported. The many research and development problems, which must be
solved before such plants are technically and economicallylfeasible, are
pointed 6ut, and the progress made towards their solution is discussed.
‘ This work ﬁas sponsored by the Office of Coal Research, Depart-

ment of Interior under Contract lkf01-0001-305.
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Introduction

The direct conversion of the energy of coal into useful
electrical power has long commanded the serious attention of many
investigators, This paper describes how in principle a coal gasification
unit can be combined with a high temperature solid electrolyte fuel cell
battery to produce just such a direct energy conversion system. Before
the details cf this system are discussed, however, it may be well to review
some of the properties and characteristics of the solid-electrolyte fuel
cell and to cite some of its operating characteristics for reference a

little later on.

Solid Electrolyte Fuel Cell

The basic component of the Westinghouse tclid electrolyte fuel
cell is the zirconia-calcia or zirconia-yttria electrolyte. This material
is an impervious ceramic which has the unique ability to conduct a current
by the passage of 0 ions through the crystal lattice. The ease with
which these ions pass through the electrolyte is measured by the electrical
resiﬁtivity of the electrolyte. Values of this resistivity for both Lypes
of electrolyte as functions of temperature have been published in several

places.(g’s)

Fuel cells have been made by applying pcrous platinum electrodes
to this material.(lﬁ) The operating principles of the resultant cells

bhave been diSCuSSed(ll and optimized batteries constructed from such cells
hhave been described.(a) In brief these batte;ies operate at about 1000°%¢c
and consist of short, cylindrical electrolyte segments of about 30 mils
thickness shaped so that they can be fitted one into the other and
connected into long tubes by bell-and-spigot joints, as shown in Figure 1.
The overall length of an individual segment is 1.1 cm, with a mean diameter
of 1.07 cm. The segment weighs 2 g and occupies a volume of 2.0 cm3.
Electrodes are applied to the inside and the outside of these segments
which then have an overall resistance of about 0.2 - 0.3 . The inner

electrode of one segment is attached to the outer electrode of the adjacent
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segment, in this way connecting the individual segments electrically in

series. .Gaseous fuel passes through.the center of the resultant, segmented

tube, and oxygen or air is'supplied'on_the outside, Figure 2 shows two
15-cell batteries constructed on this principle.

The performance of this and similar batteries has been evaluated
for a variety of fuels, using either air and pure oxygen as the oxidizing'
agent. With H2 fuel and pure 02, a three cell battery has produced an
open circuit voltage of 2.9 volts. The current density at maximum power
was 750 ma/cmz. At the maximum pbwer point the battery produced 2.1 watts;
and each cell segment 0.7 watt.~- about the same as an ordinary flashlight

battery (2,3)

System Configuration

In order to utilize such batteries in the production of electrical
power from coal, it is hecessary to devise a reasonable overall system for
the purpose. As fas asithe present type cell is concerned, a gaseous fuel
‘is required for cell operation. In order to provide such a fuel to the
fuel cell batteries, the scheme shown in Figure 3 has been devised.

Essentially,'coai (indicated as carbon on the figﬁre) is
introdueed into a reactor, into which recirculating gases from cell bank
l‘also enter. Celllbank 1 consists of a number of fuel cell batteries of
the kind just described. The gases from this cell bank consist primarily

of CO and C02 (along with H_, and HZO) in some definite ratio. 1In the

2

reactor, some CO2 and H20 is reduced to Hz and CO by reacting with the

‘coal. This results in a gas composition leaving the reactor which has

higher CO/CO2 and H2/H20 ratios than that of the entering gas. The gas
leaving the reactor is then cleaned and passed, without cooling, into the

fuel cell bank 1. There it serves as fuel for. the cell unit, combining

with oxygen which has been ionically transported through the cell electrolyte,

resulting in ‘power” generation, “The - ‘gases 1eaving this cell bank are split
1nto two streams.’ One ‘Stream 18 recirculated ‘to the reactor at s given

recycle rate, completing the major system loop. The sécond stream is sent
to fuel cell bank 2, which completes the combustion of CO to CO2 and,Hz to

H,0.
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The reason for this system configuration is that it allows all
of the oxygen which enters the system to react with the coal to pass through
the electrolyte and thereby contribute to the electrical energy output of
the system. In addition, by limiting the degree of oxidation in cell bank
and H,O entering the reactor are only slightlvy

2 2
removed from their equilibrium values. This means the bed operates under

1, the concentrations of CO

more nearly reversible conditions, so that cverall the maximum elecrrical
energy output from the coal-oxygen reaction is recovered. 1In order to
obtain such recovery, however, an over-size ccal reactor, excessively large
cell banks relative to the power produced and high recycle rates wouid have
to be employed. A compromise must be effected between the desire to obtain
high recovery and the desire to aveid large and expensive equipment. Much
of rhe work to date on this system has been geared to locate those cptimum

conditions which best effect this compromise.

Reactor Considerations

- Because the reactor must contribute to an overall system optimum,
certain of its design features must be tailored specificalily to the tzshk
of gasifying coal in a rather unusual way. In most ccnventional gasifiers,
vxygen is inirodaced at sume point direcily into the reacior. The fuel-
cell power plant has been so desigred, however, that oxygen is introduced
2 320, and CO. The coal may be
considered to be gasified primarily by the two reactions:

into the reactor only in the form of CO

Reaction 1 ... C + CO2 ——> 2C0

Reaction 2 ... C + HZO — H2

which proceed at rather slow rates compared to the direct oxidation

+ CO

reaction:

Reaction 3 ... C + 02 — CO2
Moreover, reactions (1) and (2) are endothermic, as compared to reaction
(3) which is quite exothermic, meaning that heat will have to be supplied
to the reactor where (1) and (2) occur. The problem of supplying this

heat considerably complicates the overall reactor design.




Because reactions (1) and (2) proceed at relatively slow rates,
it is advantageous to take steps to increase the rate of these reactions.
Two such steps which may be taken are the maintenance of a high reaction v
temperature or the use of a highly re#ctive fuel. The temperatqré level
of the reactor is limited, however, due to the fact that the reactions
which occur there are endothermic. This means that heat must be supplied
to the reactor from an external source (e.g. the fuel-cell banks where
exothermic oxidation reactions are taking place and internal battery heating
due to 12R losses is occurring). This transfér may be accomplished either
directly through the walls of the gasifier or indirectly in the sensible
heat of the recirculating gases. However; some finite temperature gradient
will be required to transfer this heat, constraining the reaction temperature
to be less than the source temperature. If the source is the cell banks,
an upper temperature limit is imposed due to the meéhaﬁical an& structural
properties of the cells. This is reflected in an upper temperature limit
on the reactor of about 1000°C. )

At this tempefature, many of the fuels, which appear attractive
for fuel cell use because of the clean nature of their gasified products,
become unusable because of their low reactivity. On thé other hand,
those fuels which are reactive at this temperature produce quantities of
térs,-pitches, and other impurities which may have a deleterious effect on
cell operation. The presence of such undesirable gasification by-products
is increased even further in the absence of a direct supply of oxygen in
the reactor. The issue is complicgted by the fact that cell performance
is most efficient when the fuel contains high concentrations of either
CO or HZ' In the reactor, however, large qﬁantities of CO and H2 inhibif
reactions (1) and (2), retarding their reaction rate. This effect compounds
the problem of striking an effective compromise between a reasonﬁble
reactor size and highly efficient cell ¢peratihg'conditions.

In order to study the effect of such factors as thgse on the
overall system performance, two avenues of inveétigation have peen pursued,
A small test reactor has been built to which a stream of gases containing

co, COZ’ H2 and H20 can be added, simulating the recycle gases in the
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propcsed design. Secondly a systems study of thg propuseéa piant has been
undertaken, culminating in a computer simulation of both :exzt- v and cell
banks. The purpose of this study was to demonstrate the engine¢ering
feasibility of such a plant, to ascess its economic desirability and to

point out areas where further develeopmsnt effort weuld be most beneficisl.

Test Reictor

The test reactor is shown in Figure 4. It consists of a 1-3/8" .

feuc-zone furnsce, This reactor {

i,d. inconel tube locared in a

itself is of conventional fized bed design with the exception of two

d outlet., (The inlet

small fuel cells which are located nesy its inl

cell is barely visible in the tigurs . The opewn circuit voltages of these.. !

cells are used to determine the compositions of the inlet and outlet . |
streams, thereby providing a measure of the extenr of gasification wh;gh
occurs in the reactor. The use of the celle as measurement devices »
allows a rapid and convenicnt sualysis of the guses to be obtzined,
immediately upon their exit from the fuel bed, without conling cnﬂ??mpering
with the gas stream in any way. Tnitisal runs using this cetup ha&é been

entirely satisfactory, and a repert from this laboratcry cn the observed

In addition to providing kinetic data for the various coals of {
interest, the test reactor serves seveval cther purposes. It is being
used to study nct ounly the inhibiting effert of high €O and H2 concentraticns .
on the gasification, but to examine the effect< of operating very near to
the equilibrium gas cbmpositions, which yield the highes: cell efficiencyf
The problems of cleaning and filtering the reactor output gases are being
examined,and the effects of such materiais as fly-azb. pirches, and tars
on cell performance are being explored. Overall, the test reactor iz used
to supply necessary engineering information for the computer simulation in
order that optimum system operating conditions and gemerszl feasibility can

be determined.
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System Simulation

Some preliminary results.of this simulation may be of interest
at this time. The simulation includes both fixed and fluidized bed
conditicns, operated either isothermally, or adiabatically. It includes
both the reactor and cell.banks 1 aud 2, In the reactor the surface

reactions between carbon and steam and CO, are assumed to be controlling.

2
In the gas phase, the "water gas" equilibrium were assumed to hold. Rate

expressions_of the Langmuir~Hinshelwood type were adopted for the surface
reactions, and published data for the specific constants were employed

(7,10,11,14)°

in the simulation. In the cell banks equilibrium conditions

were assumed to prevail as far as the gas composition was concerned, with

.the generated voltages modified tc account for both the losses due to

internal cell resistance and those which occur due to cell polarization.
Figure 5 illustrates how the gas composition varies in its
passage through the main system leop, as predicted by the computer

simulation. Note that as CO, and H20 react with the carbon, their

percentages decrease, while ihe percentage of CO and H2 increase. In the
gas space immediately adjacent to the coal bed provision has been made for
some volatile material to enter the gas stream; this is indicated by the
sharp change in composition indicated by the dotted lines. 1In the cell
banks as oxidation occurs, the percentage CO and Hz'decrease while 002
and H,O increase. 1In the example shown on Figure 5, the hydrogen (H) to

carboi ratio, H/C, is 1.0. The oxygen (0) to carbon ratio at the inlet
to the reactor is 1.67 and the system is considered to be isothermal at
1200°K.

In addition to predicting the change in gas composition as it
moves through the system the simulation provides the size reactor needed
to generate sufficient gaseous products to attain an assignéd power level,
if a particular fuel, an inlet 0/C ratio; a recycle rate (moles of CO and

co flow1ng through cell bark 1 per mole of carbon C, consumed in reactor),

2

a percent ‘fuel burnup, and a system temperature aré specxfled

Figure ‘6 ‘shows how the reactor size’ requxred to gasify ag mole/

sec varies with conversion, for an inlet n value of 1.67 ‘and a temperature
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of 1200°k., Plotted on the same figure is a curve which represents the
total theoretical power output of the system per g. mole / sec gasified -
also as a function of conversion. Two cases are illustrated on the figure
for reactor size: one corresponding to plug flow conditions in the reactor;
the other corresponding to perfectly mixed conditions. The reactivity of
the carbon in the bed itself was taken to be that for retort coke, and
published rate data for this material was used in the construction of
Figure 6(10’11).

Figure 7 shows how a normalized gasifier size depends upon degree
of conversion. Here the size of the reactor in grams per 100 theoretical
watts produced by the system is plotted vs the oxygen to carbon ratio, né,
This figure is obtained from the data on Figure 6 by dividing reactor size
by power produced, each per g. mole gasified per second. The case presented
in Figure 7 is for isothermal operation at 1200°k. Two inlet (né) values,
1.25 and 1.67, are illustrated for both plug flow and perfectly mixed
reactors, The gas flow in the cells is assumed to be plug flow in all
cases. The size of a reactor for a particular configuration and inlet
condition is obtained by locating the desired (n;), value on the abscissa
and reading the ordinate for the appropriate curve. To demcnstrate the
affect of temnerature on reactor cize, Figure 8 chowe 2 p
size vs., the reciprocal absolute temperature for an inlet (né) of 1.67 and
an outlet (né) of 1.25. ‘

In addition to such results obtained for isothermal operation,
the simulation predicts system size and behavior under adiabatic conditions.
In this case the net heat release by the exothermic reacticns and IZR
losses in the cell banks contributes to increasing the sensible heat of
the circulating gases, The heated gases then psss through the reactor,

losing heat to the endothermic reactions which occur there. The

. simulation has shown that, depending on conversion and recycle rate, the

temperature rise in the cells may exceed, balance, or be less than the
temperature drop in the reactor, and careful design will be required to
adjust effectively the various system parameters in order to attain a

proper thermal balance.

]
{
7



:

- driving force as 100%c.

Discussion

On the bases of the investigations both with present-day
laboratory equipment and with the overall-éystem simulation certain key
problems have emerged which require solution before the proposed plant
can be considered as a feasible power generation system. There is con-
siderable incentive to seek out these solutions, however, because of the
many desirable features such a plant would have, such as high overall
efficiency, even for small sized plants, inherently simpler operation due
to the lack of moving parts, and compact overall size.

- Some of the problems tonnected with the suggested coal gasifier
have been discussed briefly in a previous section. Essentially these
pfoblems center around the fact that heat will have to be supplied to the
reactor and that the gasification temperature is not spectaculatly high.
Bdth of these factors indicate that a rather large scale reactor may be
required compared to the idealized size obtained from the iso-thermal
simulation. However Joiley, Poll and Stantan reporting oﬁ the fluidized
gasification of non-caking coals with steam in a small pilot plant have
shown that reasonably good heat transfer through the walls of the
gasification chamber can be attained with as little an overall temperature
®) This is encouraging in that it meaﬁs that
much of the heat which is generated in the éell banks can be transferred
directly to the reactor by conduction through separating walls. Moreover,
the temperature gradient required to do this is not excessive.

In addition to this external heating of the gasifier, some
measure of internal heating will be accomplished by means of the recycle
stream, which serves as a heat-carrying fluid as well as a gasification
agent. Preliminary indications are that the recycle molar flow rate will
be three to six times larger than the amount of coal gasified per unit
tiﬁe. " This means that a good portion of the eﬁdothermic heat of reaction
can be provided by the recirculating gases. )

- The final solution to this problem remains still to be engineered,

but for -the reasons given above,  there is. some indication ‘that a reasonable
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answer may be found, resulting in a reactor size per theoretical watt
approaching that given in Figure 7. '
The fuel cell batteries themselves are not finished products

to be sure, and still require considerable development effort. Essentially i

~

this effort is directed towards extending the life of the devices,
minimizing associated electrode polarization losses, and reducing cell
costs. Considerable progress has been made on these problems and reports
concerning this progress have been published by this laboratory.(s)

I1f these and other problems can be solved, the overall plant ~
described in this paper provides a very attractive method for the
gasification and utilization cf coal. Because it uses air as the
oxidizing agent, this raw material cost is negligible. However, because
only oxygen enters the major system process stream, the gasification step

proceeds as if pure industrial oxygen had been used, with no nitrogen

AP P~

dilution of the gasified.products. It is reported that the cost of

oxygen represents about 40-607% of the raw material costs of gasification
(15)

processes using industrial oxygen. Thus, if viewed only as a
gasification unit, the process offers the possibility of reducing a major

portion of the raw material costs.

v

Tn addition to this saving tractiveness of the

proposed scheme comes from the fact that the plant utilizes the gasified ‘
coal products in an extremely efficient manner. It has been estimated i
that the overall efficiency of the proposed plant in converting coal to
electricity will be about 60%.(13) Present day stations operate at !
efficiencies of about 38-42%, with very large installations required to - }
attainh the higher figure.(lz) Since fuel costs represent about 40-507% of
the cost of generating electricity by present-day techniques, the improved
efficiency of the proposed plant represents a highly desirable improvement.

In order to attain this efficiency however, certain demands on
system performance will have to be met. Table I lists the projected '
system characteristics and operating conditions based on an economic
optimization 6f the system as currently envisioned.(13) On the basis of

this study, it has been suggested that: 1) if bell-and-spigot cells with
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N an internal resistance of 0.25 /2 -can be made and fabricated into banks
%v for $0.10 a cell; and 2) if a minimum payout time of 5 years can be used
]

D to recover the investment, return a profit, pay taxes, and provide

) maintenance (the cell life must obviously exceed 5 years), then coal-

I

<

burning solid-elec¢trolyte fuel-cell power systems can produce electrical

energy at 5 mils/kw-hr; the system efticiency will be 60%, and the

Tvw

current density in the cell banks, will be 7uC milliamps/cmz.

2
be in the making. If they can be attained, along with reasonable 'solutions

}
TABLE 1
N
Projected System Characteristics
AY
Overall Efficiency 60-707%
, .
) Cell Banks 2
Current Density 700 ma/cm™
Cubic Feet per Kilowatt 0.3 ft3/kw
Reactor . -
‘Volume per Kilowatt 0.1-5.0 ft3/kw
Syétem
; Recycle Ratio - 3-6
: (moles recirculated per mole gasified)
' Percent. Fuel Burnup 95-987%
Cells have already been built which have an internal resistance
} 0f 0.3 .~ . The cost of materials for these cells is about $0.004 for
; zirconia and $0.03 for platinum, and effort is being expended to find
suitable replacements for platinum to further reduce this raw material
’ cost. Cells have operated at 750 milliamps/cm2 for short periods of time
: on H, fuel. These facts indicate that solutions to the cell probiems may

to- the coal reactor problems, the proposed plant offers much promise as a

power generation statlon of the future. L
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Carbon Dioxide Acceptor Gasification Process

By: G. P. Curran, C, H. Rice and E. Gorin

Research Division
Consolidation Coal Company
Library, Pennsylvania

Introduction

Production of both hydrogen rich and high BTU gas from coal has been
under study in the Research Division of Consolidation Coal Company for several
years. There are a number of partially or fully developed processes vwhich are
available for this purpose., These are all too expensive to be competitive
with natural gas for the foreseeable future.

It is a feature of most of the available processes that oxygen is
used to provide the endothermic heat of the gasification process. The high
cost of oxygen is one of the more significant. items which makes the conventional
processes uneconomic, .

It has thus become clear that elimination of oxygen is one of the
prerequisites for the development of an improved process. The COp acceptor
process is one which satisfies this general objective. This paper describes
some steps which have been taken in the development of the process. The
emphasis is on a discussion of the properties of the acceptor as determined by
the needs.

Process Description

The general principle of the COp, acceptor process is the use of a ¢
circulating lime-bearing acceptor.

The acceptor generates the heat required in the gasification step of
the process by the reaction, ’

Ca0 + COz = CaCOs

The absorption of carbon dioxide serves also to enrich the gas in hydrogen.
More heat is thus evolved by intensification of the two exothermic reactions,

CO + HpO = COz + Hp
C + 2 Hp = CHyg

It thus becomes possible to supply all the heat requirements of the gasifica- -
tion process by use of a suitable acceptor. '
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The acceptor is regenerated by calcining in a separate step the
calcium carbonate at a higher temperature., The heat required is supplied
by burning the residual char from the gasifier with air.

A number of variat%o?s in the acceptor process have been described
in a series of U. S. patents\l/. A typical flowsheet of the process is
illustrated in Figure 1. The char feed is passed sequentially through the
series of process steps shown from the devolatilizer to the regenerator.

The elements of the process flowsheet have been studied individually.
The product yields obtained in the devolatilization of low temperature chars
produced from Pittsburgh Seam coals have been determined in a continuous
10 1b/hri2) fiuidized bed unit. Gasification of char with, steam and oxygen
has been studied in a 200 lb/hr fluidized pilot scale unit(®),. A detailed
study has also been made of basic kinetics of the gasification reactions of
char with pure hydrogen(e) and hydrogen-steam mixtures(4,5,9),

. No operating data are available for the integrated process as shown
in Figure 1. A detailed heat and material balance around the process is,
however, given in Table I. These data represent reasonable projections of the
operating conditions of the process based on available data on the kinetics
and thermodynamics of the individuel reactions involved.

The process conditions in the gasifier were determined from the
kinetics data which show that the following approaches to equilibrium in the
different reactions are reasonable,

Percent Approach to

Equilibrium
C(graphite) + 2 Hp = CHy ‘ 80
CO + Ho0 = CO2 + Hp 100
C(graphite) + H20 = CO + Hp 2)4.5

In Table I the COp present in the gasifier is equivalent to the
equilibrium CO> pressure for the acceptor reactiom. Although our data show
this reaction to be rapid, a small partial pressure driving force actually
would be required.

The flowsheet and materiael balance serves largely as a framework
for the discussion of required acceptor properties, ©Since the acceptor is the
heart of the process, selection of a suitable material is the required first
step in the process development. '

The acceptor must be physically rugged, such that it resists
excessive attrition and thus is separable in the regenerator from the finely-
divided char ash, It must be resistant to chemical deactivation caused by
repeated cycling through the conditions imposed in the process as well as by
interaction with char ash, Finally, the conditions within the gasifier and
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regenerator must be consistent with the thermoaynanlc propertics of the
acceptor.

One feature of the acceptor which will be discussed in worce wetals
later is its tendency to melt at certain conditions. For the conditions
listed in Table I, this property necessitates that the partial prcssure of
steam does not exceed about 1% atmospheres. In Figure 1, this is accompiished,
as shown, by recycling about 4% percent of the gasifier effluent and mixing
with the incoming steam.

Experimental Method

The initial exploratory studies were carried out in the 1-1/2" I.D,
high pressure Uniloy reactor system used in the earlier kinetics studies of
the Hp-Hs0-char systeml4),

The studies on the properties of the acceptor were carried out in
the equipment shown schematically in Figure 2. The acceptor solids, usually
prescreened to a size of 24 x 28 mesh were treated in a 1" I.D. x 8" long
fluidized bed reactor. The thin-welled, stainless steel reactor was contained
along with its electrically heated furnace in & one-liter high pressure
autoclave,

For atmospheric pressure work, & quartz reactor was used to replace
the high pressure reactor. The process gas in both reactors is introduced
axially down through a dip tube, reverses direction end fluidizes the acceptor. ‘
The quartz tube reactor was heated by immersion in a fluidized sand bed 1
furnace.

1
i
1
{

The reactor was supplied either with metered dry gas (COz, Nz, and
any desired premixed blend containing COz, Nz, SOz, HoS, and Hp) or with dry
gas-steam mixtures. In the latter instance, the metered dry gas was passed
through the steam generator. Steam partial pressure was determined by the
vater temperature in the generator which was controlled to t 0,1°F.

The composition of the dry effluent gas was monitored'continuously 7
by & thermal conductivity cell. Dry feed gas was supplied comtinuously to
the reference side of the cell.

Measurements of the equilibrium constants in several reactions of J

interést were made in the above equipment., A detailed description of the
methods used and the results of this work will be published separately.

For study of deactivation at process conditions, the acceptor was
put through a series of carbonation and calcination cycles which simulated
the process conditions illustrated in Figure 1 and Table I, The charge to the
reactor was 6 grams of 24 x 28 mesh acceptor and 60 grams of 100 x 150 mesh
granular fused periclase which was used as an inert diluent, The diluent was
used to minimize reaction heat effects and consequently to provide better
temperature control in the carbonation and calcining steps. The total pressure
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was adjusted to 8,87 atmospheres and the bed fluidized with a COp-Nz mixture.
The partial pressure of CO» was 5-8 atm. depending on the desired calcining
temperature. The superficial gas velocity was held between 0.3-0.4 ft/sec at
all times. ’

The bed was then heated rapidly to the calcining temperature which
was held for different runs at 1900°F, 1950°F and 2000°F, The effluent gas
analyzer monitored the course of the calcining. Upon completion of calcining,
the inlet gas composition was adjusted to give 1,5 atm. COz partial pressure
and the bed was cooled rapidly to 1700°F when 7.0 atm. steam partial pressure
was substituted for most of the nitrogen. The bed temperature was then
decreased to 1650°F where it was held until recarbonation was essentially
complete as shown by the effluent gas analyzer. Nitrogen was substituted at
this point for steam and the cycle repeated for the desired number of times.
The time required for a complete cycle was 20-25 minutes.

At the end of the prescribed number of cycles the acceptor was
fluidized at 1650°F with an Np-COs ges mixture containing 1.5 atm. partial
pressure of CO- and held under these conditions for 15 minutes. The acceptor
was then cooled rapidly and tested for activity.

A Chevenard thermobalance modified by using a linear transducer to
detect beam position and sample weight was used to arrive at a standard activity
measurenment, :

The acceptor sample (about 200 milligrams) was placed in a monolayer
between two stainless steel screens held by a ring which rested on the support
rod. Gas flow downward through the particles maintained differential conditions
with respect to the COz partial pressure exterior to the particles.

The thermobalance was operated isothermally at 1525°F and at atmos-~
pheric pressure. Calcining and recarbonation were accomplished by changing the
composition of the gas flowing through the sample holder. The gas inlet system
provided practically instantaneous change from Np used for calcining to COp
used for recarbonation., The flow rates of each of the gases were chosen so
that the combined effects of buoyancy and velocity head were the same,

The sample first was calcined ahd the weight loss recorded. It was
then recarbonated for a standard time period of T minutes,

The standard activity value used in the discussion which follows 1s
an average carbonation ratio, R, from the two above operations defined as
follows:

R = (Wt. Loss COp in gms + Wt. gain COp in gms) _ Average CaCOg
2 (gms Theoretical COp Content) 'CaCOz + Cal

The study of potential activity loss due to repeated sulfiding of
the acceptor and regeneration of the CaS formed was made in the quartz tube
reactor. The acceptor was sulfided in an HpS-Hpo mixture at 1650°F and was
regenerated by fluidizing in air at 1950°F until SO evolution ceased.



132

An accelerated test for potential deactivation due to interaction
with ash was used. Acceptor sized to 20 x 24 mesh in either the carbonate
or oxide form was briquetted using a Celvacene grease binder with -100 mesh
ash in a weight ratio of 53 parts acceptor in oxide form to 30 parts of ash.
The ash was derived by air combustion of char from Pittsburgh Seam coal in
8 fluidized bed, Ash was used in both oxidized and reduced forms. The

" briquets were calcined at 1500°F and crushed. The +8 mesh fragments were

treated for 16 hours in a fixed bed at various temperatures and with several
different types of atmospheres. In some cases after the initial treatment,
the acceptor-ash fragments were subjected to the standard cycling between
carbonation and calcination. A final activity test was then run in -the
thermobalance as described above after the acceptor had been cleaned of
adhering ash. ’

Results and Discussion

8. Fixed Bed Experiments

The initial experiments using s fixed bed of char and lime
demonstrated the basic feasibility of the process from the chemical point
of view, Comparative results from a pair of fixed bed runs with and without
lime present are shown in Taeble II. The char used here is the same devolatil-
ized "Disco' char earlier employed in the kinetics studies, Sand was used in’
the blank experiment to give the same volumetric ratio of char to inorganic
material,

The data of Table 11 are without a great deal of quantitative .
significance due to uncontrolled temperature gradients in the bed and vari-
ation of carbon burnoff with time, They do illustrate, however, the principle
of the CO> acceptor method in providing for removal of carbon dioxide from
the gas with simultaneous enrichment of the product gas in hydrogen and
methane, . :

b, Study of Melt Formation

In the fixed bed run, the acceptor melted at the conditions
used. Subsequent investigations showed that neither melting or agglomeration
occurs in a fluidized bed of acceptor at 1650°F and 11 atm. steam partial
pressure, over the entire range of carbonation ratios. A detsiled investi-
gation of melt formation is now underway. Results so far show that the steam
partial pressure may be as high as 13 atm. at 1650°F without forming the melt,
and that the melt is a termary liquid composed of Ca(OH)_,, CaCOz, and CaeO.,

>
Phase equilibria behavior of this interesting system wilf be published when
the work is completed.

c. Thermodynamic Limitations

Equilibria in the reactions given below are the most pertinent
to the process: '

Ca0 + HoS

CaS + Hx0 ()

1/4 CaS + 3/ CaSO4 = CaO + SOn (2)

CaC0g = Ca0 + (0p ' (3)

1

N
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The experimentally determined values for reaction (1) are
given in Table III, No reliable values for this equilibrium have been avail-
able in the literature previously..

The experimentally determined values for reaction (2) are shown
in Figur? 6. The values check well with those previously determined by
Zawadski 7).

The date in reaction (3) are shown in Figure 5. Some of the
literature data imply that theé equilibrium CO» pressure depends on the origin
of the calcium carbonate., Our measurements on stones ranging in composition
from pure limestone to impure dolomite, and having widely different geologic
origins, have shown that the equilibrium COp pressure is independent of all
conditions except temperature., Figure 5 shows that our data agree very well
with those of Smyth and Adams(3), who used pure calcite as the source of
CaCO3. These data must now be accepted as providing the correct values.

Experimentally, all three reactions have been shown to be rapid
and equilibrium should be closely approached in actual operation of the
process. The high values for the equilibrium constants in reaction (1) mean
that substantially all the sulfur released from the char in the gasifier will
be absorbed by the acceptor as CaS. This sulfur must be rejected as S0z in
the regenerator. The regenerator must be operated with a slight deficiency
of oxygen such that there is no oxygen breakthrough. Under these conditions
the equilibrium for reaction (2) is controlling.

Reaction (3) determines the minimum temperature for operation
of the regenerator to provide a driving force for calcination of the acceptor.
The required temperature is higher, of course, the higher the operating
pressure of the system. The operating pressure is thus set by steam pressure
limitation in the gasifier, i.e., less than 13 atmospheres and by the limit-
ation set on regeneration temperature by the equilibrium in reaction (3).

It is on this basis that the operating pressure of 300 psie used in the-
illustrative example in Figure 1 and Table I was arrived at. Further calcu-
lations show that the driving force for the calcining reaction goes to zero
at 1935°F and a pressure of 300 psia.

The sulfur rejection reaction (2) is not controlling since as
the data in Table IV show the relative driving force is much greater than
for the calcining reaction. The sulfur rejection problem would become limit-
ing only for coals whose sulfur content is well beyond that of most steam
coals.

d. Acceptor Selection

The choice of acceptor solids is determined by the factors of
physical strength, high reactivity in carbonation and calcination reactions
and resistance to deactivation upon exposure to process conditions.




A number of limestones and dolomites satisfactorily met the
first two conditions, The reactivity for calcining and recarbonation
reactions are also suitably high. Examples of the reactivity of a typical
dolomite both in fresh and thermally treated conditions are given in

Figures 3 and U,

The data in Figures 3 and 4 show the rate of the calcining
and recarbonation reactions as measured on the thermobalance at 1525°F in
a nitrogen and CO» atmosphere, respectively., It is noted that in either
case the reaction is nearly complete after 2 minutes exposure time., A
more detailed kinetic study is now in progress.

None of the limestones or impure dolomites, however, showed
sufficient resistance to deactivation under process conditions to be useful
in the process. A dolomite from Western Ohio (Greenfield formation) had
excellent resistance to deactivation and was selected for further detailed

study.

The reserves of the Greenfield dolomite are sufficiently
large so that it would be a logical choice for a future gasification plant
located in either Illinois or the Chio River Valley.

Analysis of the Greenfield stone is given below:

th
CaCo0s 52.28
MgCOg 4,61
Al205 + 510 + Fez0a 2,24
FeCOs 0.20
Unaccounted for 0.67

At process conditions and at &ll experimental conditions
used in this work; the MgC0sz comnonent of dolomite is unstable and de-

composes to form MgO which 1s completely inert at these conditions.

e. Deactivation Under Process Conditions

The effect of cycling the 24 x 28 mesh Greenfield dolomite
through simulated process conditions is shown in Table V. In no case did
the activity decrease significantly below 0.80 Standard Carbonation ratio.
Since some fresh acceptor meke up inevitably will be required because of
incomplete separation of the acceptor and spent char in the regenerator, the
equilibrium activity of the recirculating acceptor will be at a level some-

what above 0.80,

The physical strength of the stone is remarkably high. At
least 98 percent and usually at least 99 percent of the original acceptor
was recovered as +48 mesh materisl after each onme of the above tests.

—



The makeup requirements for the process in Table I were
based on 94 percent recovery of the regenerated acceptor from the spent
char in the regenerator which is adequately conservative,

A similar series of runs were carried out in which the
Greenfield dolomite was converted to CaS followed by regeneration of the
Ca0 by oxidative decomposition of the CaS at 1950°F. No deactivation of
the stone due to the sulfur cycle was noted.

The stone is also highly resistant to deactivation by inter-
action with char ash as the results in Teble VI show. The activity of the
acceptor on exposure to ash doés not depend upon the oxidation states of
the ash that can exist at process conditions, nor on the extent of carbona-
tion of the lime.

135
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TABLE TII
Comparative Fixed Bed Runs in the
Presence and Absence of Lime
Steam Feed Rate, 8.8 x 107° mols/hr. Totel Pressure, 30 atm.
Wt. Solids - Average Dry Mske Gas Steam Median
Run Charged Composition Conversion Bed Temp.
1bs €02 Ho CHy4 co % °F
Blank ( Char - 0.5 23 48 9 20 * 1620
( sana - 1.87
Lime  { Char - 0.5 0.5 795 1T 3 70 1640
( Lime - 0.87

* Not determined.
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TABLE III

Equilibrium Data in Reaction

Ca0 + HoS = CaS + Ho0

°F K = Ho0/HaS

1310 " 2030

1L20 1320

1550 - 837

1660 587
TABLE IV

Thermodynamic Driving Force in
Regenerator at 1950°F and 300 psia

Pco Driving Force Atm. 0.55
Peoa/Equil. Poy 0.93
Pgo,/Equil. Pog3 0.37

Regenerator Effluent Gas, Mol %

Hp . . 0.01
CO2 , 36,29
N> , 61.39
Hz0 i 1.19
co 0.79

S02 . 0.33
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TABLE V
Effect of Cycling Greenfield Dolomite (24 x 28M)
Thru Simulated Process Conditions
Recarbonation Conditions -~ 1650°F - 1,5 atm, COs ~ 7.0 atm. Hx0
Calciner Total Time at
Temp. Process Conditions, hrs. No. of Cycles Std. Carb, Ratio
1900°F 2.9 2 0.87
: 2.2 5 0.77
l a 5 0.80
8.0 20 0.80
1950°F 2.3 5 0.81
i 5¢5 12 0.8L
v 8.5 20 0.76
2000°F 2.5 5 08
! 6.0 12 0.77
04
TABLE VI
Effect of Ash
The acceptor was briquetted with ash and held for 16 hours at
the conditions listed,
Form of No. of Ambient
Run Acceptor Ash °F Cycles Gas Std. .Carb, Ratio
Q22 oxide oxidized 1650 1 air .81
QL9 reduced(?) 1650 1 Ha .90
Q20 reduced 1900 1 Ho .76
Q2L oxidized 13900 1 (2) .76
HT6 carbonate 1900 o] (2) » .80
Q33 oxide © 1950 5 (2> - .76

() Ash in form of T0% burnoff char.
(2) 1Inlet gas was 90% C0>-10% Ho which was converted by the water
gas shift reaction at run conditions to the following composition:
COz 80.5 mol %, Hz 0.5%, H20 9.5%, CO 9,5%.
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A KINETIC STUDY OF COAL HYDROGASIFICATION—
THE RAPID INITIAL REACTION

C. Y. Wen

Institute of Gas Technology
Chicago 16, Illinois

INTRODUCTION

The production of synthetic methane from coal by hydrogasification
has considerable economic potentiality. A number of experimental studies
of coal hydrogasification have been reported during the last few years. Only
a few studies were concerned with reaction kinetics. A thorough literature
survey has been presented elsewhere. (3)

There are many problems associated with coal hydrogasification
which must be solved before the process can become economically feasible.
One of the important problems is concerned with the properties of coal which
affect hydrogasification. From a reaction-kinetic point of view, carbon in
coal consists roughly of two types differing greatly in reactivity — the portion
associated with the volatile matter and the remainder corresponding to the
residual carbonaceous matter, coke.

Under the high temperatures and pressures required for hydrogasi-
fication, coals tend to soften and agglomerate, thus preventing free flow
through the reactor. Pretreatment of coal, therefore, has been required in
moving-bed or fluidized-bed reactor operation. Roughly, 30 percent of the
carbon in coal is in the form of volatile matter which reacts rapidly with
hydrogen to form methane at temperatures ranging from 1300° to 1800°F.
and pressures ranging from 50 to 200 atmospheres. The remainder of the
carbon reacts very slowly and the reaction rate is subject to more severe
equilibrium hindrance. (3) During the pretreatment of coal, which usually
involves oxidation or charring of the coal surface by air or other gases to
produce a protective film, a great portion of the reactive volatile matter is
lost. In most cases, approximately one half of the volatile matter carbon
content is lost in pretreatment.

It is quite appropriate, therefore, to search for means of utilizing
unpretreated coals in order to fully utilize the highly reactive portion of
coal. One such process is to conduct the hydrogasification of coal in a so
called '"free-fall" reactor. Coal particles pass through the top of the
reactor in a dilute suspension and hydrogen gas is passed either counter-
currently or co-currently. In such a process the contact time between the
coal particle and the gas must be, by necessity, much shorter than in a moving-
bed or fluid-bed operation. It is the purpose of this paper to present a
kinetic study of the rapid reaction during the initial contacting of coal and
hydrogen. : ’
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RESULTS

Mechanism of the Hydrogasification Reaction

It has been postulated that, in the initial period of hydrogasification,
pyrolysis of the char occurs, involving devolatilization of light components
which is then followed by their hydrogenolysis, The devolatilization prod-
duces reaction intermediates that are derived from aliphatic hydrocarbon
side chains and oxygenated functional groups. (2) The remainder of the organic
matter in the coal is converted more slowly to methane, apparently almost
according to the carbon-hydrogen reaction. The rate-controlling steps of
this reaction in moving and fluid beds have been studied. (3)

For convenience, the following two abbreviated simultaneous reactions
will be employed to represent the mechanism of hydrogasification of differ-
ent reactive coal components.

First-Phase Reaction:
Cn Hm O;j + gH,; = aCH, + dC,Hg + eH,;0 + bCO,

Second-Phase Reaction:
C + 2H;+ CH,

Of course, the actual reactions are much more complex than indicated
by the above simple schemes. However, these two reactions are believed to be
sufficient to characterize the two greatly different rate periods observed in
coal hydrogasitication.

1f X, %, and %, are respectively the total carbon gasified, the fraction
of reactive carbon gasified in the first-phase reaction and the residual
carbon gasified in the second-phase reaction, then:

X=fx + (1 -1) x (1)

where f is the fraction of carbon in coal which reacts according to the first
phase reaction. For short reaction times, 0, the first phase reaction prevails,
and; .

Coal char hydrogasification data, obtained in a semiflow system by
Feldkirchner and Linden (1), indicate that the rate of carbon conversion in
the first-phase reaction is proportional to the amount of unreacted carbon

P .
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and to the effective hydrogen partial pressure, Accordingly,

dxl/de = kl (1-x1) (PHZ - PHZ*) . . - (Z)

where PH and PH * are the partial pressures of hydrogen in the system,
2 2

and the partial pressure of hydrogen at equilibrium, respectively, and k; is the
proportionality constant for the first-phase reaction expression. Combining
Equatlons 1 and 2: -

6X/40 = T (1-X) (pyy, - pyy.*) = Ja P (%) (v - y4) (3)

where P, is the total pressure of the system and y and y* are the mole
fractions of hydrogen in the system and at equilibrium, respectively. Inte-
gration of Equation 3 between the initial and final conditions for media of
constant hydrogen concentration gives,

In (1-X/) = 4 Py (y - y¥)8 _ (4)
when y>> y* (for pure hydrogen feed and small conversion),
n (1-X/f) = -k, P yb® (5)

A plot of 1n (1-X/f) vs. P (Y@ car be made from the experimental
data and the slope of the line, k;, may be evaluated.

Analysis of Semiflow Tests

Feldkirchner and Linden (1) measured coal char hydrogasification
rates by dropping char particles into a heated reactor, with gas passing
through it. Their semiflow study covers the pressure range up to 2500 p.s.i.g.
and the temperature range up to 1700°F. They carried out their experiments
in such a way that both char heatup and product gas residence times were
very short. This enabled them to follow directly the course of the reactions
during the initial high rate period. Their data were examined in light of the
mechanism presented. Figure 1 is a plot of 1n (1-X/f) vs. 6 for Montour No.
10 char and North Dakota lignite. Since the feeds were nearly pure hydrogen
and the change in composition of the gas was small, P,y was approximately
constant throughout the run. As is seen in Figure 1, tf1e initial portion of
the data for lignite and bituminous coal char can be represented by straight
lines. From the slopes of these lines, k; is calculated to be 2,0 (atmosphere-
hour)™!. The displacement of the intercept at 8 = 0 from unity is due to the
initial heatup of the particle to the reaction temperature. The higher the
volatile matter content, the larger the value of {f (the fraction of carbon which
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reacts by the first-phase reaction) must become if a straight liné is to obtained.
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Thus, the value of f for Montour No. 10 char is 0.25 at 1700° F. and that of
lignite is 0.48 at 1700°F.

A slight effect of particle size may be seen in Figure 1, but the slope
of the line is independent of the particle size, which indicates that a definite
time is required to heat the particle which in turn, affects the position of the
lines,

Figure 2 shows the linear relation of the data from two tests at
different total gas pressures. The displacement at 8 = 0 is again due to
particle heatup time. The slope of the lines is 2.0 (atmosphere-hour)™!. A
detailed comparison of results of tests with different feed gas compositions
is given in Figure 3 and Figure 4.

Instead of 6, Pyy® was plotted on semilogarithmic coordinates ac-
cording to Equation 1 ?Figure 3). Feeds include pure hydrogen, hydrogen-
nitrogen mixtures, and hydrogen-methane mixtures. The data points indicate
almost a linear relationship, but deviate somewhat from each other. How-
ever, if Pi(y-y*)0 is used instead of P y8, a better agreement is obtained

as is shown in Figure 4. y* is the equilibrium composition of hydrogen ob-
tained from Figure 5 and the temperature-correction equation:

(Kp)p = [1/34713] (Kp)) 5000, ©¥P (1840.0/T). (6)

T is the temperature, in °R.

Therefore, a slight eﬁuilibrium hindrance of the reaction exists even

during the rapid, initial reactions, but the effect may be so small under most

of the experimental conditions, particularly when pure hydrogen feed is
employed, that this can be neglected. .

Figure 6 chows the effect of temperature on the rate constant
and f. For relatively small temperature changes, the value of k; may be
kept constant with a small adjustment of the value of f. The increase of the
value of f as temperature is increased may be explained as follows. As
the temperature of reaction is increased, the rate of devolatilization of
reactive carbon becomes larger; consequently, the recondensation of the
reactive carbon during pyrolysis to form stable ring compounds (as residual
carbon) becomes less.. In terms of the amount of carbon available for the
firstphase reaction, this means the value of f increases as temperature
increases. This relation is shown in Figure 7. However, the rates of
pyrolysis should also increase as the temperature is increased. Therefore,
the extrapolation of Figure 7 to the higher temperature range beyond the
experimental points should be avoided.

Analysis of Continuous Free-Fall Reactor Test Results

To apply the above analysis of semiflow test results to continuous
flow reactors, a material balance between the carbon in the solid phase and
carbon in the gaseous phase must be made:

N
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= Pg\pgg_g of coal fed per hour.

G = moles of inle? gas per hqxur.

¥ = fraction of carbon in coal fed.

Yo = mole fracticm- of hyd_rogen in inlet gas.

a = q/n = sto1ch1ometr1c ratio of hydrogen and carbon for

f1r st phas e reactlon

Accordingly, for plug-flow of gqth gas and solids:
- (e F¥A2) dX =d(Gy) & Gdy (7)

Integrating Equation 7 between the limits of the condltlons at the react01
inlet and ex1t, :

X(a Fy/12) = G (yo - ¥) (8)

ory=yg~-(a ¥ /12) (F/G) X =y, - mX
where m = {a ¢ /12) (F/G)
\ Substituting y into Equation 3,

dX/de = k; Py ({-X) (yo -mX - y*) (9)

Since y* may be taken to be nearly constant for a small conversion taking
\ place in the first-phase reaction, Equation 9 can be integrated between the
* inlet and exit of the reactor. Hence:

, ky 8P (yp - y* - mi) = In[f {yp - v* - mX¥ / (yo - yv*¥) (£-X)] (10)
or k= [1/P 0 (yo-y* - @ yFE/12G] In[f (yo-y* - a ¥ X E/12G)/ (yo-y*)(£-X)] (11)

The results of several continuous pilot plant free-fall tests conducted
\ at the Institute of Gas Technology were used to verify the above analysis,

The values of ¢ = g/n, computed from inlet and exit gas analysis of
the tests, seernl to be affected only slightly by conversion as is shown in
Figure 8. Since residence times could not be readily calculated from the
data given in the report, expériments were conducted. Terminal velocities
of Montour No. 10 particles char were found by dropping the char from a hopper
through'a 2-inch inside diameter pipe approximately 10 feet long. The gas
medium was air at 70°F. and 1 atmosphere.

The holdup of part1c1es in the pipe was measured by simultaneously
closing plug valves at the inlét and exit. The terminal velocities of the
particles were calculated from the solids holdups and solids flow rates. If
W is the weight of 'solid particles trapped in the pipe and L'is the length of




Run No.

the pipe through which the particles fall, then the average solid terminal

velocity,Uy, is:

Ut = FL/W

(12)

Terminal velocities of the solids at the rzactor conditions were calculated
from those at ambient conditions in air by use of Stokes Law. Both the
terminal velocity in air and that calculated at reactor condition are shown

as a function of solids feed rate in Figure 8.

L
Ut-Ug

0=

where U, is gas velocity.

The residence time is,

(13)

The results of three countercurrent free-fall
reactor %ests were used to compute the values of k; and are listed in Table 1.

Table I.

Results of Countercurrent Free-Fall Reactor Runs

T, °F. Py atm. F, lb./hr. G, SCF/hr. % y L, ft. 6, sec. ki,(atm.-hr.)”!
SD56 1270  139.8 4.53 46.53  21.7 0.78 9 8.57 3.10
SD57 1245  137.6 7.68 50.21.  21.5 0.782 9 6.67 2.10
SD58 1240  137.0 11.75 105.24  21.4 0.783 7 4.12 1.8

In view of some uncertainties

involved in calculating the values of

particle residence times, the agreement of the k; values from continuous

reactor tests with those obtained from semifiow tests [k; =

2.0 (atm./hr.} !

is good. Because of the high rate of the first-phase reaction, the particles
must undergo deformation, reduction in size, and reduction in density during

free-fall,

The actual particle residence times must be affected by these

changes, which did not exist in the residence-time measurement tests de-

scribed previously.

Because of the assumptions and uncertainties introduced for such a
complex system, instead of using FEquation 11, simplified equations may bec
employed for practical application without introducing additional errors.

This involves the use of some average driving force such as (y - y%)

Equation 4:

k ==In (1-X/£) / Py (y - y*)__ @

and X = f{l-ex‘d—k] Pt (y - y’k)av. 0]}

(14)

(15)

av,

From




CONCLUSION

; It has been shown that the 1n1tia1 rate of coal hydrogasiﬁcatlon can
be assumed to be proport1ona1 to, the amount of reactlve carbon left in the
particles and to the effective hydrogen part1a1 pressure. The rate, constant,
ky, was found to be 2. 0 (atmosphere hour)™! and the réaction model used in
the analys1s of semlflow tests was found to be apphcable to continuous free-
fall reactors. Product gas comp051tions for continuous reactors may be
computed by the .empirical relatlonsh1ps developed elsewhere fof the part1al
pressures of CO, CO;, C;H¢ and H,0. (3)
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Notation:
Dp = Particie diameter, ft. or in.
F = Char feed rate, lb. per hr.
f = Fraction of carbon that reacts according to the ﬁrst-phase reaction.
G = Gas feed rate, SCF per hr. or moles per hr.
k; = Reaction rate constant in the first phase react1on (hr.-atm.) 1
Kp = Thermodynamic equ111br1um constant = ‘ */(P *)
L = Length of the reactor, ft.
P; = Total pressure, atm.
P = Partial pressure, atm.
P* = Eduilibrium partial pressure, atm.
T = Absolute temperature, °R.

Ug = Gas veloc1ty, ft. per sec.

Ut = Termlnal velocity of part1c1es ft. per sec.

w o= Welght of bed, 1b.

X = Overall fract1ona1 conversion of carbon.

X = Fractlon ot carhon converted in the f1rst-phase reaction.

X, = Fract1on of carbon converted in the second-phase reaction,

y = Mole fraction of hydrogen.

y* = Mole fractlon of hydrogen at ethbrw.xn

6 = T1me, sec. or hr.

v = Fractlon of carbon in coal )

a = q/n, ratio of the hydrogen to carbon stoichiometric coefficiency for

for the first-ph_ase__reaction.
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REACTION OF COAL WITH STEAM-HYDROGEN MIXTURES
AT HIGH TEMPERATURES AND PRESSURES

H. L. Feldkirchner and J. Huebler

Institute of Gas Technology
Chicago 16, Illinois

INTROTICITON

Three basic problems have heern sncountersd
development of processes for the converslon of ccals
plpeline gas by destructive hydrogenation at high pressures:

in the
Lo

1. At 1%00° to 1500°F., the temperature range i
which permits the dlrect production of a high-
heatling-value gas, the rate of coal conversion

18 relatively low.

2. An external source cof hydrogen is required.

3. The high heat release of the hydrogenation
reactions cannot be utilized to the fullest
advantage; this creates a serious problem 1n
the design of a reactor in which adequate
temperature control and optimum process heat

economy can be achleved.

The first limitatlon has been partially overcome
by using countercurrent reactor operation wlth a steep
temperature gradient. The use of thls operatlng schene has
been found to be effective for producing a high-heating-value
gas 1n a single step by destructlve hydrogenation at 2000
p.s.i.g. and 1300° to 1700°F. (11). Several combined factors
cause thig countercurrent schewme to be preferred. Hrst, it
1s known that, at high levels of gasificatlon, the hydro-
gaslficatlon rates of coals increase rapidly with increases
In temperature: but at low levels of gasification, in the
temperature range of 1300° to I700°W., the hydrogasification
rates are nearly independent of temperature (1,2,5,15). Second,
alt all gasificetlon levels, gasification retes are roughly
Third, the
equllibrium methane content of the product gas decreases with
increases in temperature. For example, at 1700°F. and
1500 p.s.i.a., the maximum product gas methane concentration
which can be obtalned 1n the reaction of carbon with
hgdrogen 1s #7 mole %, while at 2000°F., thls value 1s only
2

proportional te the hydrogen psrtial pressure.

mole %.

In countercurrent operation, as now contemplated,
a large excess of hydrogen contacts the relatively unreactlve
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regldue st the hlgh-temperature end of the reactor.
low-temperature end of the reactor, highly reactive feed char
comes in contact with the product gas. It has been shown that
methane concentratlions in excess of those predicted for the
carbon-hydrogen reaction can be produced when the gas is in

contact wilth slightly gasified coal char (14).

Thus,

At the

the

contacting nf fresh char and product gas at low temperatures
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and spent char and feed hydrogen at high temperatures minimizes
equilibrium limitations. Since the rate of gasification is
roughly proportional to the dlfference between the hydrogen
partial pressure in the gas and the hydrogen partial pressure
in equilibrium with the char, countercurrent operation also
provides a maximum average hydrogen partial pressure and

thus a maximum average gasification rate.

Other variations of thls basic countercurrent
operating scheme might allow further increases in gas heating
value or reductione 1n reactor slze. For exemple, a reductlon
in the residence time of the residual char,and thus a
reduction in hydrogssifier size, might be achleved by using
an even hlgher temperature in the high-temperature end of the
reactor,

Increase of the reactlion temperature also offers
an opportunity for reducing external hydrogen requirements,
At temperatures of 1700°F. and above, 1t should be possible
to supply part of the hydrogen requirements by steam
decomposition reactions taking place. simultaneously with the .
hydrogasification reactions. In addltion to providing a
source of "“free" hydrogen, the endothermic steam reaction
has the advantage of providing a means for temperature control
by ugilization of the exothermlic heat of the hydrogenation
reaction.

On the basls of the above considerations,it appeared
that pillot plant studies of the production of methane from
solid fossil fuels should not be limited to the low tempera-
ture range previously lnvestigated, but should be extended
into the temperature range above 1700°F., where very rapld

gasification rates can be achleved. However, before prototype '

pilot plant equipment could be deslgned to investigate such
high temperature processes, 1t was necessary to obtain basic
data on the gasification characteristics of the various solid
fossll fuels under these extreme conditions., No data of

this type were avallable because of the great dlfficulty of
congtructing high temperature spparatus and devising
experimental techniques capable of achleving the following
three objectives:

1. Attainment of temperstures in excess of
2000°F., at pressures up to 3000 p.s.il.g.

2. Temperature control in splte of the considerable
exothermlcity or endothermicity of the reactions
of interest. :

3. %ontrol and reliasble measurement of reactién '
ime.
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In the course of the studies conducted by the
Institute of Gas Technology in its Basic Research Program
and in other studies, techniques had been developed which
appeared to give an acceptable solution to these problems on
a laboratory scale (4,5). These techniques minimized un-
certainties resulting from the gasification of & batch fuel
charge during heatup, as well as the uncertain solids
residence times encountered in entralned-flow systems where
the actual rate of flow of -the solld fuel through the heated
zone camnnot be measured directly.

A study of available equipment indicated that the
above-listed techniques could be applied. to a reactor capable
of operating at the extreme conditions desired. A sultable
reactor was designed and built consisting of an extermal
pressure vessel operating at low temperature, an electrical
reasistance heating system insulated from this outer shell,
and a thin-walled, high-temperature, alloy steel reactor
tube with means provided for balanced-pressure operation
and fitted with a bellows to compensate for thermal
expansion of the reactor tubs.

EXPERIMENTAL
Apparatug

Figure 1 1s a flow diagram of the system showlng
all major pleces of equipment and part of the control
instrumentation. Coal char was fed in single batches from s
feed hopper. This hopper was connected to the reactor by an
alr-operated, quick-opening ball valve. A pressure equaliza-
tion line was used to keep the hopper pressure equal to the
reactor pressure. A second hopper was also congtructed .
which contalned a rotating drum~type feeder for continuocus
coal char feeding.

Hydrogen was fed from a high pressure gas storage
system and was metered by an orifice meter. . Hydrogen flow
rates were controlled marmally. Orifice differential
pressures were sensed and converted to a 3- to 15-p.s.l.g.
alr signal by a differential pressure transmitter. This air
signal was then recorded, along with the orlfice and
reactor pressures, by conventional pneumatic recorders.

Controlled rates of steam feed were obtained by
pumplng water from a welgh tank through a steam generator
by a posltive-dlsplacement, adjustable-stroke, metering pump.
- The steam generator consisted of a coll of 3/ é—inch outside
dlameter by 1/8-inch inside dlameter stalnless steel tubing
contained in an electric furnace. The temperature of the
. steam from the steam generator was controlled manually

A2

Superheated steam and hydrogen were preheated to reaction
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temperature in passing through the upper heating zone of the
reactor. - : . - . .

Exit gases from the bottom of the reactor were
cooled by being passed through a water-cooled stalnless
steel coll. Condensed steam was collected in a high :
pressure sight glass. To minlmize loss of carbon dloxide
or other dissolved gases 1n the condensed steam, the water
was drained from the high pressure sight glass first into
a low preassure flash chamber which was vented into the low
pressure exlit gas system, before water was drained from the
unit.

Exit gases were metered continuously by wet test
meter. A small portion of this stream was passed through
a recording densitometer (to ald in selection of sampling
times) and metered with a smsller wet test meter. To avoid
distortion of the reaction rate-time relationship because of
backmixing and gas holdup, which would occur if gas samplés

‘were taken after gas metering, the gas sampling manifold was

ingtalled in the exlt gas line immediately after the
pressure~-reducing, back-pressure regulator, which was used
to control the reactor pressure.

The reactor, shown in detall in Figure 2, was
internally insulated and contained a stalnless steel reactor
tube which consisted of a length of 1 1/4-inch I.P.S.,
schedule 40, type 310 stailnless steel plpe which was attached
to two adapter fittings by plpe threads. This tube was
heated electrically by a 2 3/8-~inch inside diameter heater,
contalning three 8-inch long zones. The heater was fabricated
from a single length of heatlng wire which was tapped for
three-zone operation. A balanced pressure was maintained on
the reactor tube by means of an on-off type pressure-balancing
system. Full detalls of the design and operation of this
reactor have been described elsewhere (6). Deslgn of this
reactor followed closely that of reactors described by |
Wasilewskl (13) and Hodge and others (9).

Satisfactory operation was achieved st pressures
up to 1000 p.s.i.g. and reaction zone temperatures up to
2100°F. Higher-temperature operation should be possible by
use of higher temperature heaters, such as silicon carbide,
and refractory metal reactor tubes. Insulation having a
higher operating temperature limit than that of the insulation
used here would also be required 1n the vicinity of the
electric heater. ’

An insert, fabricated from a length of l-inch I.P.S.,
schedule 40, type 310 stainless steel pipe, was installed
within the reactor tube to provide for contaimment and complete
recovery of the coal char charge. An Integral thermowell,
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fabricated from 1/8-inch I.P.S.,. schedule 40, type 310 stain-
less steel plpe, was located axlally within the insert and
contalned three Chromel-Alumel, magneslum oxide-insulated,
0.062-1nch outslde dilameter, Inconel-sheated thermocouples.
The temperatures senged by these thermocouples were recorded
at approxlmately one-second intervals by a high speed
potentlometric-type temperature recorder.

Reactor temperatures were controlled by three on-
off, indicating temperature controllers and three thermo-
couples located wilthin the centers of the heating elements.
Satlsfactory operation was obtained with thls type of
thermocouple mounted in the electric heaters as well as
in the insert at reactor temperatures up to 2100°F. Electric

. heater temperatures were kept below 2300°F. to ensure as long

a heater life as possible.
Materlals

In tests with hydrogen feed gas and hydrogen-steam
feed gas mixtures, the hydrogen contained a small, accurately
measured, amount of helium or argon (usually about 1 mole %)
as a tracer for exit gas flow rate measurement. The hydrogen-
inert gas mixtures were mixed during compression and stored
in a central gas storage system at pressures up to 3600 p.s.il.g.
Commerclally availlable grades of hydrogen (99.987% pure),
helium (99.99% pure), and argon (99.99%% pure) were used.

The coal char was separated.by screening from that
used in pllot plant tests to ensure that the results obtained.
in these tests would be applicable to work to be -done in the
larger, pllot plant reactor system. This coal char wes
prepared by the Consolidatlon Coal Co. from Plttsburgh Seam
bitamincus coal from the Montour No. 10 mins by a low-
temperature fluidized-bed pretreatment process. The analysis
of the feed char is shown in Table I.

Procedure

In a1l of the tests, & semiflow technique employing
a Clowlng gas and single, static coal char charge wag used.
It was essentlally the same as that used in other studies
conducted recently on the hydrogesification of solid fossil
{uelsh(u,S). Test periods averaged about 1000 seconds in
ength. . '

_ 'Bocause heat losses by free convection from
Internally insulated reactors increase greatly when operating
at high pressures,it was expedient to bring the reactor to

- operating temperature before pressurlzing i1t to avold long
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Table I.-ANALYSIS OF COAL CHAR

Sample Designation 5851
Type Low-Temperature,
Bituminous Coal Char
Source Consolidation Coal Co.
Particle Size
U.S. standard sieve -16,+20
Ultimate Analysis, wt.%
(dry basis)
Carbon 76.6
Hydrogen 3.25
Nitrogen 1.76
Oxygen 10.07
Sulfur 0.86

Ash 7.46
Total 00.00

Proximate Analysls, wt. %

Moisture - 0.9
Volatile Matter _ 18.1
Fixed Carbon o 73.6
Ash _ 7.4

Total 100.0

heatup times. When the reactor had reached the run temperature,
the reactor pressure was brought to the desired level by
Increasing pressure Inside the reactor tube. As pressure

was Increased, the pressure-balancing system maintained a
balanced pressure on the reactor tube by admitting pressurized
nitrogen to the lnsulated area surrounding the reactor tube.
About 15 minutes was required to bring the pressure to

1000 p.s.i.g. ,

After the desired pressure was attalned, the flow
of reactant gas through the reactor tube was inltiated. In
tests wlth steam feeds, the reactor tube was first
pressurized with nitrogen and then, when the steam generator
pressure had been increased to slightly more than the
reactor pressure, the steam was admitted to the reactor and
the nitrogen was shut off. This procedure was neceassary to
avold Introduction of large quantities of steam condensate in-
to the instrument lines. 1In addition, since non-condensable
exlt gas flow rates were very small when using nure steam
feed gases, the exit gas system was purged at a controlled
flow rate of 25 SCF per hour with helium to avold any
distortion of the rate-time relationship because of backmixzing
or holdup in the exlt gas system.
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When feed gas flow rates, temperatures, and pressures
had become completely stabllized, the feed gas.was sampled.
One minute later, the tests were 1nitiated by opening the
quick-opening ball valve between the hopper and the reactor.
Single charges of elther 2.5 grams or 5 grams of coal char
wore fed and reactant gas flow rates of 50 3CF per hour
wore employed in all tests. The coal charge was supported
on a stalnless steel sBcreen on top of approximately 19
inches of high puritg alumina lnerts in the form of cylinders,
1/8-inch long and 1/8-inch in diameter. Temperatures of the
bottom of the coal char charge and of the centers of the top
and bottom heating zones were recorded. Exlt gas samples
were taken, in the early stages of a test at frequent
intervals (as small as 10 seconds) and later as required, to
delineate the entire course of the reaction,

- The first reaction products appeared 1n the exit
gas sampling system in about 15 to 35 seconds. Thls holdup
time depended on the feed gas used, with holdup times belng
the shortest in tests wlth pure hydrogen feeds and holdup
times belng the longest 1n tests with pure steam feeds. In
tests with steam-containing feed gases, a congtant liquid
level was maintained in the sight glass, so that gas holdup
times in the exit system would not vary. This was necessary
because a slzeable varlation in gas holdup times could
distort the gasificatlon rate-time relstionship. When the
reaction rate had reached a value too small to be measured
accurately, the run was stopped. The feed gas flow was
stopped, the reactor heaters were turned off, and the unit
was de-pressurlzed to minimlze further reactlon of the coal
charge after the run. .

The feed gas and hellum-purge-gas orifice calibrations
were verformed before each run with the exit gas yet 4ozt
meter. Exit gas flow measurements were also made during each
run by wet teat meter to provide a check on the flow rates
calculated with the helium or argon tracers. Gas analyses
were performed by mass spectrometer at high sensitivity.
Carbon monoxlde was determined by infrared spectrophotometer,
since 1t was not possible to measure the relstive amounts.
of carbon monoxide and nitrogen with sufficlent accuracy in
the presence of methane with the mass spectrometer.

RESULTS
Hydrogen-Coal Char Reactlon

Initial testing was done at 1000 p.s.i.g. and 1700°P
to 2100°F.,with hydrogen feed gas, 5-gram coal char samples,
and feed gas flow rates of 50 SCF per hour. At temperatures
of 1800°F. and above, no consistent effect of temperature on
rate of gasifilcation could be observed. In addition, during

. the testa at 1800°F. and above, stainless stesl screens which

-
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had been used to support the coal char charges were found to
have melted, which indicated that very large temperature
rises had occurred at some time durlng the course of these
tests. Heat balance calculations were fhen made using finlte
difference techniques. A heat of reaction equal to that for
hydrogenation of beta graphite to methane was assumed. These
calculations showed that, at the high rates of reaction
obtained with this highly reactlve feedstock, sample tempera-
tures could easlily rise to over 2500°F. from a starting
temperature of 2000°F., even with the high gas flow rates
and small sample sizes used. Further tests were conducted
with 2.5-gram samples at 1700° to 2100°F. A 2,5-gram sample
slze was deemed the smallest which would glve sufficlent
methane in the product- gas for accurate measurement. How-
ever, even with such small sample slzes, it was found that
sample temperatures increased greatly. For example, pleces

of -16, +20 U.S8.3. sleve size temperature-indicating pellets
having fusion temperatures of 1700°, 1900°, 2100°, 2250°,and
2500°F. were mixed with the feed char in one check run made
at 1700°F. Here both the 1700° and 1900°F. pellets melted.

Therefore, three more tests were conducted with
2.5 grams of coal char mixed with 30 grams of alumina inerts
to act as a heat sink. The results of these tests at 1800°
and 2000°F. are shown graphically in Figure 3 along with
results of tests conducted without inerts at 1800° and
2000°F. This dilution technique was used in all further
tests with hydrogen feed gas and all further results presented
for hydrogen feed gas were obtained by thls method. It
should be polnted out that in tests where char and inerts were
fed, the indlcated bed temperature first dropped rapidly
gseveral hundred degrees but by the time about 40 percent of
the carbon was gasified, the indicated bed temperature had
returned to the nominal run temperature. As can be seen,
there 1s a gradual decrease in gasification rate with in-
creasling carbon gasification which indicates a decrease in
char reactivity. The degree of reproducibllity of these
tests can be seen by the close agreement of the two tests
conducted at 1800°F. The finding that initial rates of .
gasification observed in these tests were almost as high as
those 1n tests conducted without inerts is further evidence
that initlial rates are essentlally independent of temperature
at temperatures above 1300°F. (5).

Other investigators, for example Hunt and others (10)
and von Fredersdorff (12), found diffusional limltations were
present with the carbon-steam reactlon. Therefore several-
tests were conducted at 1800°F. with hydrogen feed gas to
show whether diffusional effects may heve been present in

. the char-hydrogen system. The results of the tests using -

char samples having different particle sizes are shown in
Figure 4. It can be seen that at carbon gasificatlons above
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about 50 percent, there are no differences 1n the rates of
gasification of -16, +20 and -30, +40 U.S.3. sieve-size
particles. Because of the temperature upsets which occurred
when inerts were fed wlth the char no reliable Information
can be obtained on this system for low carbon gasification
levels. The results of tests conducied at different feed
hydrogen flow rates are shown in Figure 5. Agaln, at carbon
gasifications above about 50 percent, there 1s apparently

no effect of hydrogen flow rate on gasification rate.

Steam-Hydrogen Coal Char Reaction

The next set of tests was conducted with equimolar
steam-hydrogen mixtures, at 1700° to 2100°F., with 50-SCF
per hour feed gas flow rates, and with 2.5-gram coal char
pamples. The results of these tests are shown graphically
in Figure 6. Temperature-indicating pellets, which were
mixed with the coal char in these tests, did not indicate
the presence of large heat effects which were found in tests
with hydrogen feed gas. Heat-balance calculations indicated
that temperature changes during the course of these tests
would be lsss than 100°F. In general, the rate of gasifica-
tlon increased wlth increases in temperature. These results
also indicate that greater structural changes resulting in
lost reactlvity may occur after prolonged exposures of the
char to steam-hydrogen mixtures at 2100°F. than at lower
temperatures, or 1n gasification with pure hydrogen.

The effect of temperature on the relative rates
of formation of carbon oxldes and methane, shown graphically
in Figure 7, 18 more pronounced tharn the effect of
temperature on the total gasification rate. Since some
carbon oxldes are evolved during the early stages of gasifica-
tion with hydrogen, these data are also included for comparison.
At higher temperatures, the char is apparently more reactive
toward steam than toward hydrogen. However, it was not
possible to quantitatively measure the rates of the steam-
char and hydrogen-char reactlons here, slncé it is possible
for some of the methane formed by the char-hydrogen reaction
to undergo reforming to carbon monoxide and hydrogen in the
gas phase or by secondary reaction catalyzed by the coal
surface. Further work, using isotope- or radiocactive-tracer
techniques to measure these primary reactions, would be
desirable.

Several conclusions can be drawn from these results
about operation of high-temperature hydrogasification
reactors with steam-hydrogen feeds. WFirst, since the rate
of carbon oxides formation is greater than that of methane
formation above 1900°F. and is less below 1900°F., tempera-
ture control should not be a severe problem in steam-hydrogen
coal gasifiers. For example, if bed temperatures began to
increase, carbon oxide-forming reactions, which are
endothermic, should eventually predominate and provide an
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upper 1lmit on the bed temperature. If, on the other hand,
the temperature began to decrease, exothermic methane-
forming reactions should eventually predominate and provide

a lower limlt on the bed temperature. .S&cond, the reactivity
of the char for carbon oxide-forming reactions and for
methane-forming reactions depends strongly on the carbon
gasification level. Thus, selectlon of operating conditions
for process deslgn wlll also depend on the carbon gasifilcatlon
level 1n the reactor.

The equilibrium relationships for the steam-hydrogen-
carbon system also indicate that temperature control should
not be a severe. problem in steam-hydrogen coal gasiflers.
Figure 8 shows the effects of temperature, for three pressure
levels, on the equilibrium gas compositlon for steam-hydrogen
gasificatlon of carbon. In calculating these equilibrium
composlitions, ldeal gas behavior and a unit activity for
carbon were assumed. It can be seen that as temperature
Increases, the yleld of methane and carbon dioxlde decreases
and the yleld of carbon monoxide increases. Thus chemical
equilibrium limitations will exert a temperature-moderating
influence on the reactions.

It should be polnted out that, since the concentratlon
of reactlon products in the exit gas was very small in all
tests, the relative rates of the various gasifilcatlon reactlons
would probably be somewhat dlfferent under actual operating
conditions than 1s shown in Figure 7. However, the approximate
trends .shown should still be valid.

Calculations were also performed to show the degree
of approach to the carbon monoxide shift reaction equilibrium
in these tests. Although the concentration of reaction
products In the exit gas was too small at high carbon
gasification levels for making these calculations accurately,
it was possible to make calculations for carbon gasifications
below about .50 percent. At temperatures of 2000° and 2100°F.6
the equllibrium was approached quite closely, but below 2000°F.
the approach to equilibrium became progressively less with
decreases 1n temperature. At 1700°F. the experimentally
determined value for the ratio: (C0z)(H=)/(CO)(H20) averaged
approximately 0.55 tlmes the equilibrlum value calculated
from thermodynamic data.

Steam-Coal Char Reaction

The final set of tests was conducted with pure
steam feeds, at 17009 to 2050°F., wlth 50-SCF per hour steam
rates. Because of the generally lower gasification rates
measured wlth steam feed gas, 1t was necessary to use larger,

‘5-gram coal char samples so that the concentration of gaseous

products In the exit gas would be large enough for measurement
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by existing techniques. The concentration of products could
also have been increased by using a lower hellum sweep gas
flow rate, but this would have resulted in longer holdup times
in the exit gas system, which could cause distortion of the
rate-time relationship by heckmixing. Proportionately greater
losses of dissolved carbon.dloxlde in the condensed steam
with smaller sample sizes would be a further reason for

using larger coal char sample slzes. The results of these
tests are shown graphlically in Figure 9.

The carbon gasificatlion-gasification rate relation-
ship 1s somewhat different from that wlth steam-hydrogen
mixtures or hydrogen. Here, the rate of gasification 1s
strongly influenced by temperature at all levels of carbon
gasification, and the char-reactlivity decreases wilith 1lncreases
in carbon gasification. The reactivity begins to drop very
rapidly for all temperatures- after about 100 to 150 seconds
from the start of the run. A similar, buf less pronounced
behavior was observed im. a test at 2100°K.. with steam- i
hydrogen feed gas, which was discussed earlier. These
results would indicate that, at higher temperatures, the
reactivity of the char may be affected hy its previous gas
environment. This loss in reactivity with steam-containing
feed gases may apparently he cgounterached. by operation at
higher temperatures,however, so. thaht this should not be a
serious limitation. .

The combined results of tests conducted with -16,
+20 U.S.S5. sleve size char and at a 50-SCF per hour feed gas
flow rate are presented graphically in Figure 10 and Figure 11l.
It can be seen that at lower temperatures, the rate of
gasification with hydrogen 1s many times that with steam,
but as temperature is increased, the rate of steam gasification
approaches il for hydrogen. :

The results of these tests do differ from those
conducted at lower temperatures and pressures. with less
reactive feedstocks. Previous investigators have found that,
at hgdrogen partial pressures below 30 atmospheres and at
1300° to 1700°F., the addition of steam caused an increase
- in the methane formation rate, (3,7,8,16), but no such "activating"
effect was found here. This result is in agreement ‘
with previous work conducted at the Institute (5). From
Flgure 11, it can be seen that the methane content of the
product gas varies almost inversely with the feed gas steam
content, at higher carbon gasification levels. This decrease
in methane yield with increases in feed gas steam content may,
of course, be partially due to increased steam reforming of °
product methene with Iincreases in steam partial pressure
which was dlscussed earlier. In addition, the high yieldé of
carbon oxides at low carbon gasificatlon levels and at low
feed gas steam concentrations are partly due to devolatiliza-
tlon reactions which occur during the early phases of
gasification. The relatively high oxygen content of this
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coal char (10.07 wt. %), along with the fact that these carbon
oxide-forming reactions occur very rapldly and in the very
early stages of gasification (5) would cause the effects of
these reactions to be accentuated.

Other investigators have observed an lnhibition
of the steam-char reactions by hydrogen when working with
highly devolatilized chars (3,8,16). In work done recently
wlth low-temperature bituminous coal chars at 1700°F., this
inhibiting effect was also observed during initial stages of
gasification (5). The results shown in Figures 10 and 11
were studied, therefore, to see whether there was evidence
of hydrogen inhibition.of the steam-char reactions. If a
first order rate relationship for the formation of carbon
oxldes by steam 1s assumied, (i.e., the rate of formation of
carbon oxides proportional to the steam partial pressure),
the carbon oxlde-formation rates per unit steam partial
pressure were apparently no less 1n the tests with steam-
hydrogen mixtures than in the tests wlth pire stéam. This
result may be due to experimental conditions being somewhat
different in these tests from previous work (5). In the
previous work with coal-char the residence times of the exit
gas 1n the heated portlion of the reactor were only about
one-quarter as large as those in thils work. Therefore, since
there may have been more steam reforming of exlt methane in
these tests, inhibition by hydrogen may have been obscured.
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CARBON GASIFICATION RATE, LB C/LB C IN BED-HR
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FOREIGN DEVELOPMENTS IN COAL.GASIFICATION '
by Harry Perry .
Director of Coal Research, Bureau of Mines
U. S. Department of the Interior

INTRODUCTION :

The manufacture of either producer, synthesis, or higher heating value gases
from coal continues to attract worldwide attention even though large new reserves
of natural gas have been discovered and production of gas from oil rather
than coal appears to be more economic in many countries at present. Because
proved reserves of coal are much larger than those of oil and gas, coal is
expected ultimately to be the raw material used to supplement these more convenient
energy forms, The timing, however, will depend on how rapidly new reserves of
oil and gas are discovered, their price, and also on the success of research
and development efforts on coal conversion processes, '

Many factors influence the degree of interest in gasification research.
For example, a review of the Soviet literature shows a sharp decline in research
on coal gasification starting about 1959 and indicates the shift in emphasis
to other fuels, In many countries, the reduction in the number of miners
employed as a result of a decline in total coal production or because of greater
productivity per man has caused serious economic dislocations and social problems,
For this reason and because of a desire to use indigenous resources rather than
imports, there is still a good deal of interest in the development of new
processes for economically converting coal to either oil or gas. Either of these
potential outlets promises large new markets for coal,

Conversion processes that make gas from coal can be classified best by the
type of gas that 1s produced, Producer gas, enriched producer gas, water gas,
enriched water gas, synthesis gas, and synthetic methane are the major types
of products that are usually made. Processes are operated at either atmospheric
or superatmospheric pressures. Coal, coke, and char can be gasified in fixed
beds in fluidized beds, and by entrainment.

In the U,S. after World War II, interest in gasification was centered
upon the production of synthesis gas for subsequent use in the manufacture of’
either liquid or gaseous fuels,. Since most synthetic fuel processes use gas
at elevated pressures, significant savings are possible if pressure gasification
is used, Moreover, because the manufactured products would be needed first in
the densely populated eastern portion of the U.S., processes were sought that
could use the strongly coking coals that are found in the east,

Interest in producer gas ‘and water gas declined rapidly as matural gas
became available in those markets at relatively low cost. However, as gas prices
have continued to rise steadily during the past 15 years, there has been a
revival of interest in the manufacture of a clean hot producer gas from coal for

- industrial use. 1In the more distant future, supplementing natural gas reserves
with methane made from coal appears to be most promising,

In most foreign countries gas of lower heating value than methane is
distributed, and processes making such gases have been extensively investigated,
Lurgi generators, which-operate at high pressure and produce a comsiderable

Eandminiitnetieittudistnd ettt
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percentage of methane in the synthesis gas, are particularly well suited for
this type of market, However, in many foreign countries noncoking or weakly
coking coals, which the Lurgi generators require, are usually readily available,

GASIFICATION WITH AIR AND STEAM

While the U,S. coal industry has indicated renewed 1nterest1/ in the development

1/ Garvey, James R. Report in Proceedings of National Coal Assoc. 44th
Anniversary Meeting, Washington, D.C,, June 6-8, 1961, pp. 59-68.

of lower cost processes for the manufacture of producer gas for industrial use,
as yet no new research has been initiated., This same situation exists in many
foreign countries. In Germany, the vortex producer%/ developed by Ruhrgas is not

2/ Nistler, F, The Ruhrgas Vortex Coal Dust Producer, Coke and‘Gas, Vol. 19,
No, 213, February 1957, pp. 54-57.

being operated, although a similar gas generator has been constructed in England
at the Manvers Main Coke Works, At such installations, the manufactured producer
gas is used to heat coke ovens, thus releasing the higher heating value coke-oven
gas for distribution,

In Japan, research has been carried out at the Tokyo Institute of TechnologyB/

3/ Kensuki Kawashimo, and Kozo Katayama., Combustion of Coal by Gasification,
Bulletin Japanese Soc. of Mech. Eng., Vol. 4, November 1961,

on developing novel methods of making producer gas to be used for combustion in
boilers,. gas turbines, or industrial furnaces. In early experiments, 12 nozzles
were used to inject two-thirds of the air tangentially into a fixed-bed producer.
The other one-third was introduced beneath the rotating grate to reduce the carbon
content of the ash, These tests proved that high-ash low-quality coals could be
used to manufacture a satisfactory producer gas,

In more recent experiments, the producer was enlarged from 800 to 1,350 mm, in
diameter. In July 1963, a rectangular producer 1,400 by 2,800 mm, with a number
of cylindrical, horizontal, rotating grates was placed in operation and is now
under test, .

4/

At the Industrial Research Institute of Hokkaido,2/ ‘experiments have been

4/ Private correspondence, Rinzo Midorikawa, Dlrector of Ind. Research, Institute
of Hokkaido,

conducted on making producer gas from high-ash coals, lignite, and peat in a fixed
bed. ‘Coals with ash contents as high as 40 percent gave low thermal efficiencies,
but lignites and peats were more easily converted and gave a gas of higher quality,.
Gas obtained from the draindge of methane from coal seams and containing up to

45 percent of air was converted to an oxygen-free gas in the producer, but the
methane in the gas was decomposed in the process.

Although there has been a declire in interest in coal gasification in France
because of the discovery of large deposits of natural gas, work on a fluidized-bed

3
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process was pursued until recently.i/ Most of the tests used either lignite or

5/ Jequier, L., L. Longchambon, and G, Van De Putte, The Gasification of Coal
Fines, J. Inst, Fuel, Vol. 33, No. 239, December 1960, pp. 584-591,

anthracite as fuel, although a few tests were made with bituminous coal. Temperatures
had to be controlled closely to permit proper removal of the ash, but gasification

of fines using a gasifier with specially designed bottom sections and carefully
controlled injection of gases made this possible. As a result of this work, it was
concluded that a large-scale plant could be built and operated successfully.

In Germany, increased capacity of water gas sets has been attained, and gases
suitable for town gas distribution can be produced through oil carburetion during
the down run period, This development will permit producers using coal and coke
to comg7te effectively in some areas with gas produced from petroleum products
alone =

6/ Domann, Von Friedrich. Methods of Gas Production - The Effect of New Types
of Gas, Reprinted from Internationale Zeitschrift fur Gaswarme (Internati onal
Gas Heat Journal, Vol, 12, 1963, pp, 177-179,

In another modification of the water gas pfocess, the geheration of water gas
from coal rather than coke has been developed in order to_be able to use indigenous
noncoking coals and avoid the use of more expensive coke.~/ 1In this process, the

7/ Domann, Von Friedrich and Hubert Schmitt, The Production of City Gas by Low-
Temperature Carbonization of Coal in Tokyo andFreiburg (Breisgau)., Reprint from
"Erdol und Kohl'" Volume 12, 1959, pp. 883-90.

vessel above the gas generator is designed so that there is sufficient residence time
for the coal to be carbonized before it reaches the gas generator,

GASIFICATION WITH OXYGEN-ENRICHED AIR AND STEAM

Starting in the mid-1950's, research in The Netherlands using oxygen-enriched
air (50 percent oxygen) in fixed-bed gasifiers showed that such equipment could
be operated using coke as the fuel and with the removal of ash as slag. These tests
were continued until 1960, using oxygen concentrations as high as 90 percent
because gases produced in this manner gave greater flexibility and were more
- economically attractive than either straight producer or water gas., Work on this
process was discontinued with the recent discovery of large reserves of natural gas
in The Netherlands. ’

The "bottom blown" gasifier requires only a relatively shallow fuel bed because
of the more uniform distribution of the gasifying medium and the bottom flow
characteristics of the fuel bed, However, the actual depth of bed required will
depend on the rate of carbonization of the coal under the conditions in the gasifier.

Experimental work is still required to determine (1) the extent of the carry-
over of fines and whether they can be recycled, and (2) the carbonization time of
the coal in the'gasifier, Large-scale experimental work under pressure is also
needed to determine the heat losses in the water-cooled grates -and the reduction
in coal gas efficiency because of higher exit gas temperatures .in the shallow.fuel

ed,
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Badische Anilin and Soda Fabrik of Germany has developed a slagging gas
producer operating at atmospheric pressure that can produce synthesis gas,
using as a fuel either coke or a mixture of coke and hydrocarbons,=—/ The design

10/ Duftschmidt, F. and F, Markert. Large-Scale Slagging Producers of Gas for
Chemical Syntheses (Entwicklung von grosstechnischen Abstichgeneratoren zur
Synthesegas-Erzeugung) Chemie-Ing-Techn,, Vol. 32, No. 12, 1960, pp. 806-811,

of the slagging section was reported to be particularly satisfactory, amd little
difficulty has .been reported from failure of refractories or with removal of the
slag. A bath of slag is maintained at the base of the generator and slag is
tapped intermittently, Satisfactory removal of the ash requires the addition

of a limestone flux. The reaction of limestone with the coke ash to give a
free flowing slag takes place mainly in the slag bath so that good distribution
of the limestone and adequate residence time of the slag bath are required for
satisfactory operation., The carryover dust is recirculated and is injected into
the gasifier in a stream of the gasification medium, Forty to fifty percent
gasification of dust is accomplished in one reinjection, Table 1 shows typical
results obtained in this gasifier,

At the Regional Research Laboratory at Hyderabad, India, interest in
gasification is centered about the use of coals containing from 25 to 35 percent
ash, A slagging fixed-bed gasifier with a coal rate of 30 to 40 pounds per hour
has been erected with a shaft 6 inches in I.D, and a slagging section 12 to 14
inches in I.D.ll Four water-cooled tuyeres of 3/8 inch I.D. and 1/2 inch

' 11/ Some Aspects in the Design of Gasifier. Indian Chemical Engineer, July

1963, :

diameter centrally located taphole have been provided, To date only preliminary
experiments have been made using low-temperature coke as fuel and blast-furnace
slag as a fluxing medium, These first experiments are being directed toward
developing a satisfactory method of slag removal, and with a weight ratio of
coke to slag of 7 to 3, satisfactory operations of from 45 minutes to 3 hours
have been achieved, : ’

Table 1,-Aﬁmospheric pressure fixed-bed slagging
gasification using coke

Material requirementsl/
Coke (87% C), pounds 27.8
Steam, pounds : . 18.9
Oxygen (90%), cu. ft, 240
Steam generated, pounds ) 10,8
Superheated steam, pounds 3.8

Gas analysis, volume percent
oy ' 6

o’ B 62
N, - 1

1/ Per 1,000 cu, ft, CO +H2



The Koppers Totzek process, which uses a wide range of solid and liquid
fuels as feedstock, has been installed in a number of locations throughout the
world.22/ However, no recent developments have been reported in oxygen gasification

lg/' Osthaus, K, H,, and T. W. Austen, Production of Gas from a Wide Range of
Solid and L1qu1d Feedstocks by the Koppers Totzek Process. Gas World, Vol.
157 No, 4091, Jan,12, 1963, pp. 98-103, .

using entrained processes,

Improvements have also been reported—= 13/ in the fluid-bed Winkler generator,

13/ Flesch, Von Wilhelm, and Gunter Velling, The Gasification of Coal in the
Winkler-Generator, Erdol und Kohle, Vol, 15, No. 9, September 1962, pp,
710-713,. ° ’

which is capable of gasifying both lignitic and bituminous coals. Modifications
have been made in design to accommodate coking coals, and improvements in the
generator are reported to give increased economies, By feeding a portion of the
oxygen and steam into the upper part of the fluidized bed, it is possible to get
high carbon conversions without slag formation,"

Pressure Gasification

For many uses, synthesis gas is required at pressures of 30 atmospheres or
more. Thus there has been a continuing interest in gasification processes
operating at elevated pressures, since considerable savings are possible if the
product gas is to be used at these pressures,

Because of limitations inherent in entrained and fluid-bed processes, the
most economic method for producing synthesis gas from solid fuels at pressure
appears to be fixed-bed operation removing the ash either dry or as a slag. -
Fixed-bed processes, however, require a sized fuel, and if coal is used, it must
be noncoking or weakly coking. Dry ash removal requires an excess of steam and
low throughput per unit volume of gasifier to keep the ash in a condition to be
successfully handled. The removal of slag under pressure, however, introduces
many difficult operating and design problems for which solutions are still
being sought,

A number of Lurgi installations using dry ash removal have been installed
in many countries, Operating results of the Westfield Lurgi Plant in Scotland,
which is the most modern plant for which data are available, have recently been
publlshed__ and are shown in Table 2,

14/ Ricketts, T, §. The Operation of the Westfield Lurgi Plant and High-Pressure
Grid System, The Institution of Gas Engineers, -Copyright Publication 633,
May 1963, 21 pp.

A major improvement in Lurgi plant design has been accomplished recently in
Germany by changing from water-cooled to steam-cooled grates, using the wet steam
from the gasifier for this purpose, and by reducing the amount of steam to the
gasifier, At Dorsten, the steam requirement was cut nearly in half, and the
volume of gas produced could then by increased by 70 percent w1th only a 45- percent
1ncrease in oxygen consumption,
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Table 2.-Operating results of Lurgi gasifier at Westfield

Material requirements 17

Coal, pounds 55.5
Steam, pounds 56.1
Oxygen, cu, ft, 238

Gas analysis, (crude), volume percent

Cco2 24,6
CnHm 1.1
co 24,6
H2 39.8
CHy 8.7
N2 1.2

1/ Per 1,000 cu, ft, CO + Hp

Two other improvements in the Lurgi process have been introduced at Dorsten,
In the first, the carbon monoxide in the crude gas is converted over a cobalt-
molybdenum catalyst (by water gas shift) to carbon dioxide before the gas is
purified. This results in a lower cost gas since no additional steam must be
added as must be done in conventional carbon monoxide conversion where the excess
steam is first removed from the raw gas and then added back before shift
conversion., 1In the second improvement, air was added to the gasifying medium
(this is satisfactory for certain types of gases in town use) and resulted in
further improvement in plant operation. Steam decomposition was increased, thus
reducing steam requirements, and because part of the oxygen was introduced as
air, there was a substantial reduction in power requirements to produce oxygen.

In Germany experiments were conducted on pretreating the coal in the lock
hopper of the coal feeding device to reduce the coking characteristics of the
coals so that a wider range of coals could be used, The coal was treated with
a mixture of carbon dioxide, nitrogen, and 1 percent 02 at 200° to 250° C for
15 minutes; however, on the coals tested, little difference was noted in the
operating results, These tests, along with others, indicated that for a given
coal, coking problems were more severe in the smaller test generators than they
are in the full-scale units, Because of the potential advantages of slagging
operation, the most recent fixed-bed pressure gasification experimentation has
used this type of ash removal, Research is underway on this method in the U,S.,

England, the U.S,S,R,, and Germany.

The only recent report on gasification from the Soviet Union describes
tests with a fixed-bed slagging gasifier operating at 5 atmospheres using
anthracite as the fuel, These tests also involved refiring carryover dust and
using up to 50 percent pulverized fuel,

In England, research on pressure gasification using a slagging fixed-bed
gasifier has been conducted by the Gas Council at the Midlands Research Station
and by the Ministry of Power at the B,C.U.R.A, Research Station at Leatherhead.
This latter program was terminated in March 1962 after demonstrating that slagging
operation under pressure could be accomplished, In addition, these experiments
indicated probable methods for '"scaling up' through the use of mulciple':uyeres.
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and has shown the potentials for using coal rather than coke as a fuel,lé/

5/ Masterman, S. 0., and W . A , Peet, The Development of a Pressurized Slagging
T Tixed Bed Gasifier. Proc. of the Joint Conf. on Gasification (Institution
of Gas Engineers and Institute of Fuel), Hastings, September 1962,

At the Midland Research Station, work is continuing on the slagging gasifier
in a new pilot plant that was installed in 1962, The gasifier has a 3-foot
I.D., operates at pressures up to 375 psi, and is designed to produce 5 million
‘cubic feet per day of gas.

Until now the program has been aimed at the development of the hearth,
slag tap, and 'slag discharge system, To avoid unnecessary experimental
difficulties, graded coke has been used as a fuel, and the plant has been
operated for as long as 90 hours at pressures of 300 psi and at 3 million cubic
feet per day throughput, Slag is tapped intermittently and is quenched in water
.at the operating pressure, Experiments on the use of coal as a fuel were started
in late November, ’

HYDROGASIFICATION OF COAL

Interest continues on the hydrogasification of coal, which was started
at the Midland Research Station, but experimental work has been delayed
because of the present emphasis in England o the use of petroleum feedstocks,
For the type of gas distributed in England, the process sélectedl__ for study

16/ Dent, F, J. Chemical Engineering in the Production of Town Gas by Pressure
Gasification Processes. Proc. of the Joint Conf, on Gasification (Institution
of Gas Engineers and Institute of Fuel), Hastings, September 1962,

involves a two-stage hydrogenation of coal in fluidized beds at 70 atmospheres.
pressure, The first stage will operate at 1,475° to 1,560° F, to hydrogenate the
volatile matter at lower temperatures, which thermodynamically favor a higher
heat content of the gas, Char will be recycled to enable use of all types of
coals, The second stage will operate at 1,650° to 1,740° F, to take advantage
of the fasier reaction rates at thc higher *Dmnofnf"raq required for the less
reactive char, The residue of the hydrogenatlon is.gasified, using oxygen and
steam in a fluidized bed, The residue from the gasifier is used for steam

production,

In similar research in Australia, tests have been'made.on the'hydrogenatidn
of brown coal in fluidized beds at pressures of 300 to 600 psi and at temperatures
between 930° and 1,740° F,. Early tests using cocurrent flow have been repprted,-—/

17/ Birch, T . J., K. R, Hall, and R, W, Urie, Gasification of Brown Coal with
Hydrogen in a Continuous Fluidized-Bed Reactor. J. Inst. Fuel, Vol. 33, o
No. 236, September 1960, pp. 422-435,

but the latest design uses countercurrent flow of reactants, The first exper1ments
indicated that the reaction occurs in two stages with the first stage ‘involving

a rapid reaction of the oxygen-containing functiomal .groups. . The second’ stage
involves a much“slower reaction of the hydrogen ‘with condensed carbon and requiréd
a much hlgher concentratlon of hydrogen and hlgher temperatures to get reasonable
reaction rates; -

Experiments with the countercurrent apparatus are still underway, To take
advantage of the rapid hydrogenation at low temperatures during the initial period
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and yet obtain the higher temperatures required for the second stage, the 20-

foot reactor is divided by perforated plates into a number of separate fluidized

beds cperated is progressively changing temperatures,l— Because of the difficulties
[ .

18/ Bennett, B. B, The Gasification of Latrobe Valley Brown Coal. Presented
at Conf, on Gasification of Lignite and Inferior Fuels, Belgrade, Yugoslavia,
September 16-18, 1963,

encountered with excessive devolatilization in the coal delivery tube, only chars
have been used until now for extended runs. Comparison of these results with
tiiose in the cocurrent apparatus cannot be made as yet because of the use of

char and other differences in operating conditions, Preliminary results using
this apparatus are shown in Table 3,

Table 3,-Hydrogasification of Latrobe Valley Coal

Volatile matter in char, percent o 18.0
Pressure, psi 600
Temperature, °F, 1,380
Effective reactor length, feet 4 %
CH, content outlet, percent 17.3 27.2
Char gasified, percent . 50.2 63,3

SPECIAL GASIFICATION PROCESSES

Using entrained gasification systems with fine coal, high carbon conversions
can only be attained with high oxygen requirements, The Rumme 112, single-shaft

19/ Rummel, Roman, Gasification in a Slag Bath, Coke and Gas, Vol, 21, No. 247,
December 1959, pp. 493-501, 520.

generator in which the oxygen-coal and steam are injected into a rotating slag
bath is an apparatus designed to provide extra residence time to get more complete
gasification at reduced gasifier volumes, Other potential advantages are its
ability to use a high-ash coal, to operate with both coking and noncoking coals,
and to use a larger sized feed, 1If air is used in place of oxygen, producer gas
can be manufactured,

Another modification of the slag bath generator uses a double shaft instead
of the single shaft, substitutes air for oxygen, and still produces a nitrogen-
free mixture of carbon monoxide and hydrogen, The slag bath contained in the
bottom of a circular shaft is divided into sections by two vertical dividing
walls., On one side coal and steam are injected into the rotating slag bath, and
the coal is devolatilized and partly gasified by the steam, using heat supplied
by the molten slag, 1In the second section, the balance of the coal and some fresh
fuel are burned to raise the temperature of the slag and to oxidize the slag
constituents that were reduced in the gasification section,

An experimencal program on the double-shaft generator is being carried out
at the Bromly-by-Bow Works of the North Thames Gas Board to determine its
feasibility and to predict the cost of making gas in a full scale plant., The
plant was designed to have a capacity of 95,000 standard cubic feet per hour,
and a gas composition of 3,9 percemt CO2, 45,2 percent CO, 50,5 percent H2, and
0.4 percent H2S (nitrogen-free basis) was expected,
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In initial tests (June 1962) coal was fired into the combustion shaft with
the separating curtains absent so that the slag could flow unimpededﬁfrom one
chamber to another, The slag flowed easily at 2 feet per second with a mass
flow of about 200 tons per hour. 1In subsequent tests coal was introduced into
the gasification chamber but the seal between the two chambers was not used
because even in its absence insufficient heat was transferred to the slag by
the combustion of coal, In addition, the points of admission of the steam and
coal in the gasification chamber were such that contact between the reactants
was poor,

After suitable modifications, the heat transfer to slag was increased by
raising the blast pressure from 18 to 100 inches of water gauge, and the slag
circulation rate was increased to 500 tons per hour., Better contact between
the coal and steam was obtained by admitting these reactants to the gasification
chamber in a single tuyere submerged below the slag surface, After the seal
between the two chambers was put into place, a gas output of 40,000 standard
cubic feet per hour was obtained, Gas composition was:

Percent
CO2 8.5
co . 23,0
Ho ’ 45,0
CnHy 0.3
CHy, 2,5
0o 0.5
Ny ‘ 20.2

Overall efficiency was 20 percent (heating value of gas divided by the
heating value of coal consumed), although the corresponding efficiency consider-
ing only process coal was 69 percent., Improvements in the tuyeres are being
made that are expected to increase the efficiency to 30 to 35 percent,

An economic appraisal of the process is now underway and if it can be shown
to be. economically attractive, if 50-to 6U-percent efficiency can be achieved,
an attempt will be made to demonstrate that such an efficiency.can be obtained
by redesign of the gasifier,

SUMMARY

Although improvements have been made in many of the coal gasification
processes that have been developed, the competition from new discoveries of

natural gas and from oil gasification processes makes their widespread application

difficult to attain both in the U.S. and abroad. Continued experimentation,
however, is being carried out on the most promising processes, and additional
reductions in the cost of manufacturing a suitable gas for distribution can. be
expected, While many of the foreign research programs in this field have direct
application to U,S. conditions, because a lower heating value gas is being
sought, there is some difference in emphasis between foreign-and U.S, programs,
Of special interest at present are the experimental projects on slagging fixed-
bed pressure gasification and the direct hydrogasification of coal to a higher
heating value gas,
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SOME RESULTS FROM SLAGGING, FIXED-BED GASIFICATION OF
LIGNITE AT PRESSURES TO 40O PSIG

G. H. Gromhovd, A. E. Harak, and M. M. Fegley

U. S. Department of the Interior, Bureau of Mines
Grand Forks Lignite Research Laboratory
Grand Forks, N. Dak.

INTRODUCTION

Gasification of coal with steam and oxygen to produce synthesis gas is one of
the promising basic starting procedures for converting our vast coal reserves into
the convenient fluid fuels, gas and oil. Perhaps the most attractive gasification
method, from the standpoint of thermal efficiency, is the fixed~-bed system with its
inherent good heat exchange between the countercurrent flowing coal and hot gases.
Fixed-bed gasification is limited to those fuels that do not agglomerate under the
conditions existing in the gasifier shaft., Lignite, being a nonagglomerating fuel,
is well suited for this process.

In 1958 the Bureau of Mines began development of a high-pressure, fixed-bed,
slagglng gasification pilot plant at Grand Forks, N. Dak. The objectives of the
program were to develop a suitable pilot plant technlque for slagging gasification
of lignite and other noncaking fuels at pressures to 400 psig and to obtain process
data as a function of operating pressure and other variables., It was hoped that
the new process would show significant advantages over the conventional Lurgil
pressure gasifier, which operates with dry ash removal. Some of the advantages
predicted for slagging operation were increased capacity, increased thermal effi-
ciency, reduced steam consumption, and reduced quantity of waste liquors. Other
advantages of a slagging gasifier are its ability to use coals having low ash
fusion temperatures and the absence of a mechanical grate, which can require con-
siderable maintenance in a large commercial gasifier.

Slagging pressure gasification does, however, pose some formidable problems in
refractory erosion and in methods of discharging molten slag from a pressure vessel,

The gasifier was originally equipped with a low-pressure bottom section, and
the early development work was done at 80 psig. A bituminous coal char, Disco,
was used as feed material for the initial tests because it was tar-free, and the
char ash, when fluxed with blast-furnace slag, had very desirable flow character-
istics:  In general, the development procedure has been to establish a satisfactory
slagging technique for a given design and pressure, using Disco char, and then,
after developing necessary techniques, to switch to operation with lignite.

Based on the experience and data obtained at 80 psig, a new high-pressuie
bottom section was designed for the gasifier. This unit was installed in October
1962, and since then, the gasification pilot plant has been operated at pressures

1 Trade names are used for 1dent1f1cat1on only, and endorsement by the Bureau of

Mines is not implied.
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to 40O psig. Disco char was used for the first high-pressure tests, but in Hay 1963
a series of tests was started to demonstrate the operability of the gasifier at
high pressures using North Dakota lignite. Since then, eight tests have been run
at pressures from 200 to 400 psig, and this paper will be primarily concerned with
the experiences and results from these tests.

DESCRIPTION OF THE PROCESS

A flowsheet of the slagging gasification pilot plant is presented in figure 1,
The fuel, which is periodically charged to the coal lock, moves by gravity flow into
the generator and is contlnuously gasified by an oxygen-steam mixture introduced
through four water-cooled tuyeres at the bottom of the gasifier., Molten slag is formed
at the hearth and flows through a central l-inch-diameter taphole into a water guench
bath. The slag-water slurry is periodically discharged from the slag lock.

The product gas leaving the gasifier and containing water vapor and tar is
scrubbed in the spray cooler with recycled liquor that has been condensed out of the
gas. The washed gas is then cooled to about 60° F in an indirect cooler before
being sampled, metered, and flared.

Some cooled product gas is compressed and recycled through the coal lock to
prevent steam and tar vapors from condensing on the cold fuel.

Gas from the high-temperature reaction zone can be drawn through the taphole to
aid slag flow. This gas is cooled and metered in a separate circuit.

A cross-section view of the.gasifier is presented in figure 2. The inside diam-
eter of the unit is 16-5/8 inches, giving a fuel bed area of 1-1/2 square feet. An
available maximum fuel bed depth of 15 feet provides heat exchange and gas resldence
times similar to those in a commercial Lurgi unit.

For additional details on equipment design and operating procedure, refer to the
recent Bureau of Mines Report of Investigations 6085 (1).

FUELS AND FLUXES TESTED

North Dakota lignite as-mined usually contains from 35 to 40 percent moisture.
Before being charged to the gasifier, this lignite is dried to 20 to 25 percent
moisture in a Fleissner steam drier and then screened to 3/4 by 1/4 inch. A typical
' analysis of a dried lignite as charged to the gasifier is snown in table 1, along
with an analysis of Disco char.

One of the most important criteria for a coal to be used in any slagging process
is that the molten slag must have a sufficiently low viscosity to flow readily at
the temperatures and atmospheres developed in the process. As an aid to predicting
desirable fuel and flux combinations to be used in the slagging gasifier, viscosity
determinations were made by an industrial laboratory on a number of prepared samples.
Figure 3 shows viscosity-versus-temperature curves for Disco char ash, for lignite
ash, and for these ashes fluxed with blast-furnace slag in the ratio of 3 pounds flux
per.pound of ash. Chemical compositions for the various materials are given in table 2.

The Disco ash, either alone or fluxed with blast-furnace slag, exhibited essen-
tially Newtonian flow over the temperature range investigated, and the flux was very
effective in reduclng the slag viscosity.

™
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TABLE 1. ~ Typicdl analysis of fuels gasified

19¢

Proximate analysis, percent:
Hoisture
Volatile matter
Fixed carbon
Ash

Ultimate analysis, percent:
Hydrogen
Carbon
Nitrogen
Oxygen
Sulfur
Ash

Heating value, Btu/lb

Ash fusibility temperature, °F:

Initial deformation
Softening
Fluid

North Dakota

lignite

22.4
31.4
39.8

6.4

w
. .

w

OO FONDWLM
.

£ £ O W & w

8,610

2,100
2,135
2,170

2.5
19.2
67.8
10.5

Disco char

TABLE 2. - Typical chemical analysis of various fuel ashes and fluxes

Lignite
ash
Analysis, percent:

$i0, 33.0
Aly0g 13.5
Fes03 7.3
TiOy 0.6
ca0 14,5
Mg0 4oy
Na,0 12.1
K0 1.0
503 13.8
Mn30y -

Ash fusibility, °F:

Initial defor-
mation 1,910
Softening 2,050
Fluid 2,140

Lignite

clinker

~ £
NO®EDO ® T

Pl o o
OWWLNEWOOO K ®

2,020
2,050
2,140

Disco char
ash

' = DLE

NP OKF WEHF W
e o o & o o

NOwowownwoo

2,050
2,140
2,430

Blast

furnace
slag

3
1

. . w

OO0 WVWOOWERERO
o

NWwWwFOOwWwwaow

2,440
2,480
2,520

The lignite ash had relatively low viscosity in the fluid range but exhibited a
This point at which the vis-
cosity increases rapidly with a small drop in temperature is called the "temperature
of critical viscosity." The addition of blast-furnace slag reduced the slag tappa-

sharp deviation from Newtonian flow at about 2,000° F,

bility of the lignite ash by increasing the "temperature o

about 350° F.

f. critical viscosity" by
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The laboratory-determined ash viscosities are helpful in assessing suitability
of fuel-flux combinations for slagging gasification, and we have had some success
in correlating these data with actual performance in the gasifier. However, the
laboratory conditions where the sample is slowly heated and allowed to come to equi-
librium at each temperature are quite different from conditions in the gasifier
where the slag upon formation flows rapidly to the taphole and may not react com=
pletely with the flux material. Also,; the atmosphere surrounding the slag in the
gasifier may be quite different from the atmosphere in the laboratory test. -

In our small gasifier it is sometimes necessary to add fluxing material with
certain fuels to reduce the slag viscosity, and it is usually desirable to increase
the quantity of slag flowing through the taphole and thus reduce heat loss per pound -
of slag flowing.

GASIFICATION OF NORTH DAKOTA LIGNITE

In some of the early lignite tests, blast-furnace slag was tried as a fluxing -
material, but, as predicted from the.laboratory viscosity data, reliable slagging
operation could not be obtainéd. Various methods for improving tne lignite slag flow
.were tried, but the most successful procedure has been to add sized combustion
clinkers from a local powerplant to the lignite charge. By this method the chemical
composition of the ash is not appreciably changed, and the slag flow can be increased
to any desired rate. The ratio of clinkers to lignite for the tests to date has
ranged from 30 to 10 pounds per 100 pounds of.lignite, depending upon the gasifica-
tion rate. The average slag flow rates have generally been from 150 to 200 pounds
- per hour,

The operablllty of the gaslfler on lignite at pressures to 400 psig was generally
satisfactory, although in some tests difficulties in maintaining slag flow were
encountered after 5 to 10 hours of slagging operation. As will be discussed later
in the report, this problem seems to be related to iron segregation on the hearth.

Contrary. to expectations, no trouble has been experienced in carrying tar vapors
out of the gasifier despite the low gas offtake temperatures, oftem less than 300° F,

TEST RESULTS

‘The gas production rate is determined by the oxygen-steam input rates, and during’

.this series of eight tests, oxygen rates used were from 4,000 to 6,500 cubic feet
per hour, The oxygen-steam molar ratio was maintained at approximately 0.9 for all
tests. Because of limitatiohs on gas cooling and wmetering equlpment the maximum
capacity was limited to 6,500 cubic feet per hour oxygen rate,

Typical results from gasification of lignite at %00 psig and 6,000 cubic feet
per hour oxygen input are given in table 3. For comparison, results from a Disco
char test at the same pressure and oxygen rate are also given. The gas.production
rate is about 28,000 cubic feet per hour, or 19,300 cubic feet per square foot per
hour, for both tests. The lignite feed rate is 1,442 pounds per hour; 934 pounds
per hour is the rate for Disco, The gas analysis for the lignite test shows higher
Chy and CO, as a result of increased pyrolysis gas from this fuel. The concentration
of sulfur compounds in the product gases are approximately proportional to the total
sulfur input in the fuel.

Table 4 is a typical material balance for a lignite test at 400 psig, and

table 5 is a heat balance for the same test. The heat loss to the slag is 1.3 percent,

and the other unaccounted for losses are 4.0 percent of the total input heat.
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TABLE 3. - Typical results from gasification at 400 psig

Hp in steam

100.

5/ Gas analysis is calculated to nitrogen-free basis to correct for inert
gas added to the system, and gas production rates are given on this basis.

Fuel
Steam-dried
lignite Disco char

Oxygen rate.............................scf/hrl/ 6,000 6,000
Oxygen/steam rati0 .eeeeeeseesseenss.mole/mole 0.9 0.8
Fuel rate...c.ecececassesennsacsascssssssslb/nr 1,442 93y
Fuel rate (maf)esesesccsccsseossessscsesslb/hr 987 792
Flux raticeiececeeccecssseneeses.1b/100 1b fuel 10 15
Total g8s Pate.ececescesescesnssasessses sci/hr 29,000 29,100
Specific gas rate..eeesssesssesssas.scE/ft2/hr 19,300 19,400
Slag discharge rate..ceecssceccsscssssssssealb/hr 214 231
ilaterial requirements per Mft3 crude gas:

OXYEEMa s enosrsensceasssesssososaneessftd 207 206

SteaAMecesesssssssscsctecscsncsssasenssaaaslDd -10.9 12,2

Fuel (maf)eceasenecsacaccosacocanncaeasld 34.0 27.2
Material requirements per Mft3 (CO+Hjp):

DRYZEN e eeeenannssasessensaonassnneassftd 245 227

SteaMecsssosesscsnososssssvsscoscessssseld 12,9 13.5

Fuel (Mmaf)ecececcesscseccseseserseasasealb 40,2 30.0
Cold gas efficiency...eseseessscsnss..percent2/ 84.5 89.5
Operational efficiencyieesecescceccoccssssdos 9.0 89,5
Average gas offtake temperature.secsssossssss°F 508 880
‘Steam decompOSitioN...eeeeessscseenq.s.percentt/ - 83.4
Crude gas analysis:3.

COperesnssssnsassssnssssonsceasssssssdons - 7.5 3.3

I1luminantSeecescesesssscasssosscnsesdOes 0.4 0.1

R« - Tt 0.1 0.2

HOveeceseoasssanaassrasssssssansanaaedoas 28.4 29.7

COuvecsvrescotenscsscssvsnscsessnssesdOss 56.2 61,2

CoHgessassssaressorssrsnssassassnssesdon. 0.5 0.0

CHijesoavooossscsossnscscssssssacsacsssdOes 6.9 5.5
Heating VAlUCeevreseeooemasasansenoenssBtu/ft3 354 345
H)Seeeeoeanesanaenanssansnsenss ghains/100 ££3 107 284
Organic sulful.esccssssesenssseegrains/100 £13 20 73
1/ All gas volumes at 30 in. Hg and 60° F.
éy Cold gas efficiency = potential heat in gas % 100

potential heat in fuel .

3/ Operational efficiency = . potential heat of gas + potential heat of tar x 100.
- ' potential heat in fuel
4/ Steam decomposition = Hp in gas + tar - Hp in mf fuel
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TABLE 4. - Typical material balance from gasification of lignite
at 400 psig
" Pounds per hour Percent
Materlal in:
Steam’ T 316 13,1
Oxygen ’ : 507 21.0
Fuel . 1,442 59.9
Flux o lu4 6.0
Total ) . 2,409 .., 100.0
Material out: _
Product gas ) 1,701 - _ 70.6
Slag . 214 ' . 8.9
Condensate + tar 495 20.5
Unaccounted for -1 0.0
Total . 2,409 100,0
TABLE 5. - Typical heat balance from ga51f1cat10n of llgplte
at 400 2515
M Btu per hour Percent .
Heat in: ‘ . o N
Fuel . © 12,153 o 96.4
Steam ' 401 : 3.2
Oxygen 54 0.4
Total 12,608 100.0
Heat out: -
Product gas: - .
Potential » 10,273 81.5
Sensible ’ 270 2.1
Slag 166 1.3
Water vapor 620 4.9
Tar (potential) . 781 6.2
Unaccounted for losses ] 498 4.0
Total ] 12,608 100.0

. Figure 4 shows the variation in gas analysis with operating pressures when gasi-
fying lignite at pressures from 80 to 400 psig. The CO and H, concentrations de-
crease slightly with pressure, and the COj and CHy concentrations increase slightly.

LIGNITE TAR

. In a fixed-bed gasifier of this type, the moisture and pyrolysis products of
the fuel are carried out of the gasifier with the product gas. These tar and water
vapors are condensed in the spray washer by direct contact with cooled recycled
liquor. The tar is discharged from the spray washer in the form of a tar-water
emulsion that usually contains from 40 to 50 percent water. The specific gravity
of the tar 'is very close to unity, and no satisfactory method of breaking this
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enulsion nas been found, Commercial Lurgi plants are also plagued with this prob-

lem (2). The tar recovery has varied considerably during the test program, usually
ranging from 10 to 20 gallons of moisture-free tar per ton of moisture- and ash-free
lignite. The variations in yield are believed to

the tar separation and recovery problems.

Table & snows data on lignite tar obtained at operating pressures from 80 to

be caused, to a large extent, by

“ad

Bel

400 psiz. In general, there appears to be little difference between the various tars.

TABLZ 6. - Properties of tars and tar fractions from the

pressure gasification of North Dakota lignite

Run number 51 P-15 P-186 P-20
Pressure, psig 80 200 '300 400
Hoisture, weight-percent:
Distillation to cracking 51.6 52,2 55.0 42,1
Primary distillation, weight-
percent of dry tar:
Distillate . 82.6 74.8 79.6 76.4
Pitch 11.8 19.6 15.5 18.3
Loss 5.6 5.6 4.9 5.3
Temperature of decomposition, °C 300 310 300 332
Composition of distillate,
weight-percent:
Tar acids 44,0 39.0 39.2 36.9
Tar bases 1.2 0.4 0.4 0.5
Heutral oil 54.8 60.6 60.4 62.6
Distillate, Hempel distillation,
weight-percent:
To 95° C 4,2 6.6 5.5 2.7
95-105 0.9 0.9 0.1 0.5
105-170 3.7 1.9 1.9 5.5
170-185 4,3 2.7 6.2 4,5
185-200 7.5 6.0 6.6 10.9
200-~210 5.1 7.0 6.2 6.3
210-235 12.7 14,6 10.0 11.3
235-270 13.9 10.3 13.9 10.2
270~-decomposition 30.9 40,5 39.2 39.7
Piten 13.8 6.7 7.7 7.0
Loss 3.0 2.8 2.7 1.4
Temperature of decomposition, °C 360 370 382 376
Tar recovery, gal tar per ton
maf coal ‘ 21.0 8.7 13.8 10.8
Specific gravity, 25/25 °C 1.0208 1.0570 1.0423 1.0453
Jltimate analysis, percent:
Carbon 83.8 83.2 82.9 83.3
Hydrogen 9.1 8.4 8.6 8,U4
Nitrogen - 1.0 0.9 1.0
. Oxygen - 6.7 6.9 6.6
Sulfur - 0.7 0.7 0.7




SIZE DEGRADATION IN THE FUEL BED

As the lignite passes down through the drying and carbonizing zones in the gasi-
fier, significant size reduction occurs. Additional fines are probably produced in
the turbulent zones of the raceways in front of. each tuyére. Figure 5 shows screen
analyses of the material charged to the gasifier and of the material in the upper and
lower portions of the bed aftér a test using either lignite or Disco char. The
lignite-clinker mixture as' charged contains about 66 percent plus 1/2-inch material
and about 2 percent minus 1/8 inch. Screen analysis of the lower 3 feet of the fuel
bed at the conclusion of a test showed 4.4 percent of the plus 1/2-inch material
and 54.4 percent of the minus 1/8-inch material. The deep fuel bed tends to filter
out this fine material, and no fuel bed carryover has been noted at 400 psig with
. gasification rates as high as 20,000 cubic feet per square foot per hour. As shown,
the size degradation in the Disco char tests were much less than for lignite.

Because of the greater amount of fines when gasifying lignite and the resultant
greater pressure drop for a given gasification rate, it is expected that the maximum
capacity will be less for lignite than for Disco char.

EFFECT OF COAL CHARGE CYCLE

During the high-capacity tests at 400 psig, the fuel flux feed rate was about
1,570 pounds per hour, or about 1,000 pounds per square foot per hour. This rate
required charging the coal lock every 45 minutes. The charging operation usually
required about 11 minutes, and since no fuel was being fed to the shaft during this
time, the fuel bed level dropped an estimated 4 to 5 inches per minute, or a total
of about 4 feet. This fluctuation in fuel bed height has a great effect on the gas
offtake temperature and some effect on the gas composition. As shown in figure 6,
the gas offtake temperature is 300° to 400° F during the time that coal is being
fed to the shaft, but when the coal lock becomes empty, this temperature qu1ckly '
rises to 1,500° to 1,600° F, The bed temperature 10 feet above the hearth is also
plotted in figure 6 and shows no effect of the charge cycle but remains constant
at about 2 300° F.

The C02 in ‘the product gas xs contxnuously nonitored by an 1nfrared analyzer, )
...........
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charging period by as much as 5 percent,

The drop in fuel bed height during charging could ultimately limit the maximum
capacity of the gasifier because the remaining fuel bed will contain a greater per-
centage of fines and will thus fluidize more easily. This problem of fuel bed
hexght variation could be solved by adding another coal lock to the gasifier, either
in series or parallel with the present unit. To do this now would require extensive
modifications to the gasifier and supporting structure, and this change is not
presently being considered.

SLAG FLOW PROBLEMS

As was stated earlier, some of the tests in this series proceeded smoothly for
5 to 10 hours of slagging operation, and then sudden freezing of material in the
taphole caused premature shutdown. In most of these instances, several pounds of
iron agglomerates were found on the hearth bottom during cleanout, and solidified
iron streams indicated flow toward or inside of the taphole. It appears that the
lignite slag itself is very fluid and flows well until the xron pools become large
enough and start flowing toward the taphole. o

e A .. r A
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Indications are that most of the metallic iron produced flows uniformly through
the taphole with the slag. For example, in one test it was estimated that each
coal-clinker charge contained the equivalent of about 9.5 pounds of iron. Analysis
of the slag collected per charge showed 2.2 pounds of magnetic material, which
would indicate that about 25 percent of the iron is being reduced. Since a coal-

_clinker charge produces about 2.2 pounds of iron per 45 minutes and the trouble-

some iron agglomerate of several pounds does not occur until after 5 to 10 hours
of operation, it follows that most of the iron produced flows uniformly through
the taphole with the slag. The phenomenon causing the iron agglomerates on the
hearth bottom and the resultant flow problems. are not understood but are currently -
being studied. The separated iron may have a higher melting temperature than the
lignite slag, and the intimate contact between the hearth bottom and the iron may
be responsible for the iron freezing before discharge.

COMPARISON OF RESULTS WITH COMMERCIAL LURGI

Detailed results from the new Westfield Lurgi gasification plant in Scotland
have recently been published (3, 4), and in table 7 the preliminary high-pressure

‘results from the experimental slagging gas1f1er are compared with those from the

dry-ash Lurgl plant.

The Westfield plant uses a bituminous coal; however, on an as-charged basis;
the volatile matter and fixed carbon contents of this fuel are about the same as
for the steam—dried lignite.

chketts states that gas productlon rates of 11,000 cubic feet of crude gas
per square foot per hour have been obtained at Westfleld and indicates that even '
higher rates may be possible. This compares with a rate of 19,300 cubic feet per
square foot per hour which has presently been obtained with the'slagging gasifier,
We believe this rate will be increased substantially in future tests. On the
basis of (CO+H,), the slagging gasifier pate per square foot is about 2.4 times
that of the conventional Lurgi because/the much higher CO and lower €O, in the
product gas from the slagglng operatlon. :

The material requirements per 1,000 cubic feet (CO+H,;) for the two processes
are also given in table 7. The maf fuel requirements are 40.2 pounds for the
slagging gasifier vs 47.4 pounds for the Lurgi. The oxygen requirements' are
245 cubic feet vs 267 cubic feet for the Lurgi. The largest difference is in the

67.4 pounds for the dry ash unit. The average gas offtake temperature for the
Westfield gaSLfler is about 900° to 1, 000° F, compared with 500° F for the slagging
gasifier. .

SUMMARY

Slagging gasificatibn of North Dakota lignite at pressures. to 400 psig has
been demonstrated in a beginning series of eight tests at high pressuré. Performance ‘
of the gasification pilot plant during these tests was generally good, although ) !
taphole plugging limited some tests to about -5 to 10 hours of slagglng operation. : i
This taphole freezing problem appears to be dlrectly related to iron segregation
and agglomeration on the hearth and constitutes the most serious impediment to
extended operation of the gasifler at the present time. No flux was used with the
lignite, and, neglecting the iron segregation, the slag was very fluid and flowed-
nicely through the taphole, indlcatlng the sultabllity of 1lgnite for a slagging
process, . . ) o -
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TABLE 7. - Comparison of results from slagging gasifier and

commercial Lurgi plant

Slagging gasifier

Operating pressure, psig 400
Fuel gasified ’ Steam-dried lignite
Fuel analysis, proximate, percent
Moisture 22.4
Ash _ 6.4
Volatile matter 3l.4
Fixed carbon 39.8
*Gas production rate:
Crude gas, ft3/ft2/hr 19,300
(CO+Hy), ft3/ft2/hr 16,300
Gas analysis, percent:
COy 7.5
0 0.1
Ny -
co 56.2
Hap 28.4
CH, 6.9
CoHg 0.5
CnHm 0.4
Heating value, Btu/ft3 354
Material requirements per Mft3 (COtHy):
Fuel, lb: . .
As~charged 58.8
Moisture~ and ash-free 40,2
Fixed carbon 22.4
Steam, b 12.9
Oxygen, ft3 : 245
Average gas offtake temperature ©OF 500
Cold gas efficiency,l/ percent 84,5
1/ Cold gas efficiency = Potent%al heat %n product gas . 100
= : Potential heat in the coal

destfield Lurgi
plant

355
" Bituminous

" Considerable process data were obtained from the lignite tests at various
pressures to 400 psig. The gas composition, tar composition, and material require-
ments per unit synthesis gas showed only small variation with operating pressure.

~ The maximum gas production rate during this series was limited to about 20,000
cubic feet per square foot per hour because of limitations on gas metering and
cooling equipment. However, at this rate and at 400 psig, there was no indication
-of fuel bed carryover, It is expected that considerably higher rates will be

obtained in future tests.

Comparison of results with those of the Westfield dry-ash Lurgi.plant shows
favorable material requirements of the slagging gasifier per unit of synthesis gas,
and production rates per square foot are more than double those from the Lurgi plant.
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Because of the drop in fuel bed height while coal is being charged to the gasi-
fier, the gas offtake temperature increases from 300° to 1,600° F and the CO, in
the product gas decreases by about 5 percent. This fluctuation is undesirable and
could be avoided either by using double lock-hoppers for the coal feed or by several
other possible modifications of the fuel-charging system.

No trouble has been experienced in carrying tar vapors out of the gasifier de-
spite the generally low gas offtake temperatures. Difficulties in tar-water emulsion
separation are blamed for inconsistent results in tar yields per ton of lignite,
which range from 10 to 20 gallons of moisture-free tar per ton of molsture- and
ash-free lignite.

Size degradation in the shaft is quite severe when using lignite, and over 50
percent of the material in the lower part of the shaft is minus 1/8 inch. The deep
fuel bed acts as an efficient filter to prevent dust carryover; however, the addi-
tional pressure drop caused by the fine material should cause hangup of the fuel
bed at lower gas production rates with lignite than with Disco char.

The hearth design as developed for this small pilot gasifier would not be
suitable for scale-up for a commercial unit. The life expectancy of the refractory
taphole is less than 50 hours, and some type of water-cooled hearth and taphole is
envisioned for a large gasifier. In addition, some means of heating the taphole-
during periods of low load or .temporary shutdown would probably be required. The
British investigators have made 51gn1f1cant progress in the development of these
items (S5, 6).

The pllot plant is now being modified to permlt hlgher capac1ty operatlon, and
tests ‘will be continued in order to determine maximum capacity and other process data
as a function of operating pressure and other variables.
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| Process flow diagram for pressure gasificat

ion pitot plant.

Fig.
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Fig. 2 Cross section of pressure gasifier. .
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Develomment of Catalysts and Reactor Systems for Methanation

J. H. Field, J. J. Demeter, A. J. Forney, and D. Bienstock
U. S. Bureau of Mines, 4800 Forbes Avenue,
Pittsburgh, Pennsylvania 15213

INTRODUCTION

The continued increase in the consumption of natural gas, the slowly
declining reserves-to-consumption ratioc, and the slow but steady increase
in the price of natural gas have extended the interest in production of
high-Btu gas from coal. Estimates of the time when supplemental gas will
be required range from about 10 to 25 years, depending on the estimated
rise in consumption end ultimate reserves (4). 1/ Despite record production,
reserves of natural gas are still increasing slowly. TFor exemple, while
U.S. production increased to 13.75 trillion cubic feet in 1962, the reserves
at the end of 1962 were 285.3 trillion cubic feet, an increase of 8 trillion
cubic feet for the year, with gas well campletions at an all time high at
5,848 (5). Importation of gas from Canada and Mexico and possibly of
liquefied methane by tanker are other factors that will affect the need
for supplemental gas. Nevertheless, synthetic pipeline gas from coal can
insure a long-time damestic source of gas from an abundant raw material.

Research is continuing on the principal methods of producing high-Btu
gas by coal hydrogenation, C + 2H», - CHL, and catalytic methanation of
synthesis gas, 3Hz + CO - CH4 + Hz0. The synthesis gas is obtained by
gasifying coal with steam. Direct hydrogenation has a higher possible thermal
efficiency and requires only about half as much gas as methanation--1,500
to 2,000 cubic feet of hydrogen as compared with 3,000 to 4,000 ciubic feet
of synthesis gas per 1,000 cubic feet of methane. The 1,500-cubic-foot
value 1s achieved by utilizing some of the hydrogen in the coal and con-
verting only part of the carbon. The lower requirement of 3,000 cubic
feet of synthesis gas for catalytic methanation can be realized when a
gasification process is employed that ylelds a gas conta.inmg about 10
percent methane.

Despite the inherent advantage of hydrogenation over catalytic
methanation, there are two reasons Justifying continued development of the
catalytic method. First, catalytic methanation, being a gas phase reaction
conducted at mild conditions of about 300° to 350° C and 20 to 30 atmospheres,
is much simpler to operate and technical feas:.bility is apparent. However,

Underiined mumbers in parentheses Indicate Ttems in the bibliography at
the end of this paper.
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process improvements are needed to improve the econcmics of catalytic
methanation and its continued development is warranted. Additionally,
catalytic methanation may be necessary in conjunction with direct hydro-
genation to increase the heating value of the gas by converting the carbon
oxides and residual hydrogen to methane.

In the past 20 years catalytic methanation has been investigated in
fixed-bed and fluidized reactors. The principal objectives have been to
develop reactor systems that permit effective removal of the exothemmic
heat of reaction in order to provide adequate temperature control.and main-
tain a long catalyst life. Important contributions in catalytic methanation
have been made in the past 20 years by Dent (2), Dirksen and Linden (3),
Schlesinger, Demeter, and Greyson (6, 7) and Wainwright (8), and their
coworkers. Our group at the Bureau of Mines has reported previously the
develomment of a hot-gas-recycle system (;). This paper covers further
methanation studies using hot-gas recycle and bench-scale tests of & newer
reactor system, the tube-wvall reactor, in which the wall of the tube is
coated with catalyst. ' '

EQUIPMENT AND EXPERIMENTAL RESULTS

In the hot-gas-recycle system, the temperature is controlled by recycling
several volumes of tall gas to the reactor inlet per volume of feed gas.
Iow resistance to gas flow across the bed is necessary to keep the pressure
drop low and to avoid the high compression cost of gas recycle. Earlier work
using two reactors in series has been reported (_:I:). A simplified flowsheet
of the system is shown in figure 1. The bulk of the synthesis gas wes
converted over steel lathe turnings as catalyst in the first reactor; the.
remainder was converted over nickel catalyst in a second reactor. This -
system was. tested in 3- and 12-inch-diameter reactors.

Recently, ca.tahbt Prepared 'by- flame spraying a thin coat of Raney
nickel on metal plates has been tested, figure 2, using 3H+1CO synthesis

gas or the product gas from a reactor using steel turnings. This gas contains
hydrogen, carbon monoxide, carbon dioxide, methane, and Co to C- hydrocarbons,

and is similar to the product gas from hydrogenation except that it is some-
vhat higher in carbon oxides. It is, however, essentially sulfur-free. As
shovn in table 1 (column 2), the sprayed nickel after extraction and acti-
vation is highly effective for reacting product gas to increase the heating
value. Most of the carbon oxides are hydrogenated, and the Cz to Cg hydro-
carbons are hydrocracked to methane. The inlet and outlet reactor gempera- :
tureg in the test shown were 300° and 338°.C and the gas recycle ratio

wvas 8 to 1.
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In the tests using 3H41CO gas with sprayed catalyst in a single reactor,
ges with & heating value of 900 Btu per cubic foot has been produced.

'Ty:pical results are shown in table 1l (column 1). Rather limited conditions

have been tried to date. By modifying the gas throughput, temperatures,
and &as recycle ratio, increased gas conversion and heating value can be
obtained.

Recently most -of the emphasis in methanation has been given to studies
of a tube-wall reactor. The reactor, shown in figure ‘3, consists of two -
concentric pipes; the imner is made of 3/k-inch pipe or 1-1/8-inch tubing,
and the cuter is made of 1-1/2-inch stainless steel pipe. The outer surface

. of a 6-inch length of the inner tube is coated with a layer of catalyst

about 0.02 inch thick, end the synthesis gas passes over the catalyst in i
the annulus of about 0.15 to 0.18 inch between theé tubes. A concentric !
tube arrangement is used because the catalyst is applied by flame spraying ;
and the imner wall of a small diameter pipe cannot be coated by this

technique.  The heat of reaction generated on the tube surface during

methanation is transferred effectively to Dowtherm located within the center

tube. The outer tube of stainless steel is not a methanation catalyst at

the operating temperatures employed. Temperature measurements along the

catalyst surface are made with a sliding thermocouple positioned ;Ln a well :
loca.ted in the anmulus. A _ !

!mbes sprayed with Raney nickel are activated by immersing them in &
2-percent solution of sodium hydroxide at 30° to 95° C until 60 to 85 percent
of the alumimm in the coating is cemverted to EaAlOp oxr Alzos The tube
is washed thoroughly to remove excess elkali. .

After a pretreatment vith hydrogen, synthesis follows with 3Ho+1CO gas,
usually at an hourly space velocity of 7,000 besed on the anmular volume.
Gaes recycle is seldam used because it is not required for heat removel or
temperature control. Synthesis is contimued until the heating value of the
product gas is less than 900 Btu per cubic foot (CO,- and No-free). The
catalyst coating must be activated and pretreated in s prescribed manner to
obtain a long catalyst.life. Several tests were made in vhich the conversion
declined rapidly within 100 hours or less of synthesis because the catalyst :
spalled and dropped off the tube surface. -X-ray analysis showed that the C
spelled material was largely nickel.carbide. In other tests at similar :
operating conditions, the catalyst remained intact and active, and nickel
carbide was not.present. It is believed that alkali rennin:lng from the
activation pramoted the reaction

3m+co‘+ H> » NisC +H20

This problem was overcaue by prolonged rinsing of 'I'.he catalyst following ’ ' ;

the activation.
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TABIE l.- Experiments ﬁsing sprayed Raney nickel catalyst

Experiment 30 Experiment 29

Maarn Y aim e L N

Metal base Carbon steel Stainless steel
Feed gas 3HA4+1C0 1y
Space velocity 1,500 5,800
Recycle ratio, ’
recycle-to-fresh : 26:1 8:1
Reactor temperature, °C
Top, inlet 22 300
Bottom, outlet 28k ] 338
Conversion, pct :
He 9?.2 -
co 95. -
H+CO 93.1 98.0?/
Heating value of product
gas, Btu/cu . 907 o3
Product gas camposition,
vol-pet .
Ho 22.6 1.5
co k.3 0.8
COz 0.2 2.1
- CHy 65.3 87.2
C2HE : k.6 1.0
C3-Cs ] 2._6 0.§
N> -~ . T 0.4 0.8
_:!-/ Ho 56.7 pct
co k.o
COz 8.7
CH 23.6
c 3.2
Cx-C 2.
Nz 2 1.1

100.0 pet

_?/ Overall conversion of Ho+CO in synthesis gas.
3/ Volumes of dry gas at 60° F and 30 inches Hg.




A

S

211

Following the water rinse and drying, a hydrogen pretreatment has been
found desirable for maximum catalyst activity. As shown in table 2, while -

. the. catalyst had considerable activity without hydrogen treatment

(experiment 46), for most of the time on stream the heating value was lower
than for comparable experiments. The gas conversion decreased fram 97.4
to 95.4 percent relatively quickly in experiment 46, whereas in the other
experiments in which the catalyst had been pretreated with hyd.rogeri , the
conversion remained near the initial level for several weeks. The heating
value of the product gas changes appreciably with small changes of the
conversion at these high conversion levels. Thus for experiment 46 it had
declined to 905 Btu per cubic foot at 300 hours, while in experiments 43
and 44 it was about 950 Btu per cubic foot. The maximum prolonged high
activity was obtained in experiment 44 where the catalyst was pretreated
at 300° C and 100 psig for 20 hours and at 300 psig for 0.1 hour.

In experiments 19, 39, and 41 the effect of varying the thickness of
the catalyst layer was studied. Data for these tests are given in table 3. .
Synthesis could not be sustained on the 0.009-inch layer used in experiment
19, and the desired heating value of the product gas could be obtained for
only 8 hours. 1In tests 39 and 41, vhere the catalyst thicknesses were 0.019
and 0.057 inch, respectively, no difference in conversion and catalyst life
was observed. It was possible to renew the activity of the thicker coating
used in experiment L1 by scraping the fouled surface and repeating the
caustic treatment of the new surface. However, it is not likely that the
ultimate life of the 0.057-inch layer would be three times ‘that of the 0.019-
inch layer to campensate for the additional amount of catalyst applied.

Plots of the heating value of the product gas with time on stream for
typical tests are shown in figure 4. The product contains 80 to 85 percent
CH), and the balance Ho, COz, and CO as shown in table l‘, The maximum
cperating time to date with the prescribed minimum heating velue of 900 is
slightly more then 1,200 hours. The production of high-Btu gas within this
period amounted to 180,000 cubic feet per pound of catalyst, giving a low
catalyst cost of under 1 cent per 1,000 cubic feet based on a cost of $1.50
per pound for the a.pphed. and treated ca.talyst. :

Temperature control has been excellent in the tube-wall reactor.
Figure 5 shows temperature profiles along the catalyst surface as indicated
fram the readings of the movable thermocouple -during an early and later period
of operation. The temperature peak indicating the area where the bulk of
the reaction occurs is located initially about 1 inch below the gas inlet,
and then moves down the tube with time on stream. A possible explanation
for this occurrence is that the surface gradually becomes deactivated because
traces of sulfur in the synthesis gas react with the nickel. Analyses of the
coating indicate same localized accumulation of sulfur. :
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TABIE 2.- Variation of hydrogen pretreatmentl'/-_
- N . . . .. . . 2
Expt. Hydrogen ) . Time on synthesis, hr. ‘Synthesis'/
No. pretreatment . - _20 300 500 1life, hr.
- . - 3
20 hr. at 25 psig, HCO conversion, pet. 98.1 97.5 95.2-/' ‘479
43 350° C Heating value, Btu/cu 964 952 898 -
0.3 hr. at 300 ps:.g, ’
350° C
" [ 20 br. at 100 psig, Ho#CO conversion, pct. 97.7 91.7 97.4 1,200
i 300° ¢ Heating value, Btu/cu ft 953 956 949
0.1 hr. at 300 psig,’ : i
300° C
46 No pretreatment Ho4+CO conversion, pet. g7.%  95.4 95.2 730
Heating value, Btu/cu ft 949 905 ~ 90l
1/ Ca'balysf coating about 0.02 inch; 12.4 gram catalyst activated; activated with
2 percent NaOH solution and water washed 2l hours to remove excess alkali.
g/ Hours at 7,000 hourly space velocity with the heating value of the product at
least 900 Btu/cu'blc foot.
13i/ At 479 hours.
L/ vVolumes of dry gas at 60° F and 30 inches Hg.
TABIE 3.- Variation of thickness of catalyst coating
Thickness Catalyst - 1/
Expt. catalyst activated, Time on synthesis, hr. Synthesis
No. . lasyer, in.  gram 20 300 500 1life, hr.
19 0.009 6.7 .HzACO conversion, pc‘i‘.. 2/ - - - 8
Heating value, Bti/cu £t - -- -
39 .019 12,0 HzCO conversion, pct. 98.2 97.k4 95.7 650
. ‘ Heating value, Btu/cu ft 967 glg 912
1 057 12.1  H>#CO conversion, pct. 98.0 97.3 96.4 678

957 Gk 926

_l/ Hours at 7,000 hourly space velocity with the'heating value of 't,he product at
least 900 Btu per cubic foot.

2/ 'Volumes of dry gas at 60° F and 30 inches Hg.

N ~, - -
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TABLE b, - Operatlng and yield data,.tube-wall reactor,

.~ experiment m
Catalyst age, hr. o 263 1,107
Hourly space velocity of feed. gas . 7,000 7,000
Average catalyst temperature, °C . 363 : 366
Maximum catalyst temperature, °C 390 : 390
Location of maximum temperature, ) .
inches fram top 1 2.3
H, conversion, pet. 97.0 95.2
CO conversion, -pct. s 100 98.8
Ho4CO conversion, pet. 97.8 96.1
Product gas analysis, vol pect.
Ho T.7 12.0
co 0 1.0
COz 5.2 5.6
CHy, 85.2 80.1
CzHg 0.1 0.4
No- 1.8 0.9
Heating velue of product gas
(CO2- and No-free), Btu/cu. ft Yy 957 - 920

1/ Volumes of dry ges at 60° F end 30 inches Hg.

The effectiveness of heat removal in the tube-wall reactor can be
shown fram the heat transfer coefficient. Based on the estimated heat
release and the differential between the average temperature of the tube
surface and that of the boiling Dowtherm of 30° F, an overall heat transfer
coefficient of 250 Btu per hour-square foot-° F has been calculated for the
reactor. This high value indicates that convective heat transfer is of
little significance and that the heat is evolved at the catalyst surface and
is removed throug,h the tube wall to the boiling Dowtherm.

CONC IHS IONS

Progress has been made in developing reactor systems for methanation
that provide effective heat transfer and excellent temperature control.
Raney nickel sprayed on plates or tube surfaces and extracted with alkalil
has proved to be an active and durable catalyst. The nickel is thoroughly .
utilized by being applied in & thin layer. The life of the catalyst has
been sufficlent to attain a low catalyst cost per unit of product gas.

This is an important objective because the catalyst is the most expensive
item in the methanation step regardless of the' type of reactor. Because
either 3H>+1CO synthesis gas or partlally converted gns can be reacted,

‘product gas from hydrogenation of coel can be upgraded in heating value.
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A tubular reactor with a catdlyst coating on the wall shows proamise
for methanation. Potentially the tube-wall reactor has advantages of need
for -little or no gas recycle, efficient catalyst utilization, low pressure
drop end power consumption, and the combined function of reactor and heat
recovery in one vessel .. low capital -and operating costs for the methanation
step can result from these features. Thus.far, only a:small tube has been
used, and further investigation will be made in a larger reactor.. For full-
scale operatinn the reactor is visualized as a cammon multipass tube and
shell heat exchanger with the tubes coated on their outer surface and the
gas passing across the baffled tubes. Six reactors, each comprised of
e 10-foot-diameter shell containing 2-inch tubes on 3-3/8-:anh centers and
30 feet long, would be ample for & 90-million-cubic-foot-per-day methanation
plant. ' L :
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Evaluation of Processes and Costs of Separating Mixtures of Hydrogen and Methane

W. P. Haynes, J. W. Mulvihill, S. Katell, and J. H. Field
U. S. Bureau of Mines, 4800 Forbes Avenue,
Pittsburgh, Pennsylvanis 15213

INTRODUCTION

In the hydrogenation of coal at pressures of 60 to 400 atmospheres to
produce synthetic fuel gas, the product contain7 5 to 80 percent methane,
with the balance principally hydrogen (7, 20)._ Smell quantities of car-
bon oxides, sulfur compounds, higher molecular weight hydrocarbons including
aromatics, and water vapor constitute the remainder of the gas. By sepa-
rating the hydrogen from the methane and increasing the methane content of
the product to about 90 percent, the heating value can be increased to 900
Btu per cu ft. A further benefit of separation is that the hydrogen is
made availsble for recycle to the hydrogenation reactor (36).

The objectives of thils paper are to determine whether separation is
economically feasible by existing techniques and to determine the effect
of the methane concentration on the cost of separation. This latter in-
formation is valuable for guiding the direction of research on hydrogasi-
fication, because some operating techniques inherently produce gases of
low methane content. '

Five types of processes are applicable for separating mixtures of
methane and hydrogen as follows:

1. Adsorption by solid agents (4, 6, 15, 17, 18, 25, 35):
a. Activated carbon. - - - - - - =
‘b. Molecular sieves, silica gel, and activated alumina.
c. Fuller's earth (hydrous Al-Mg-silicate).

2. Absorption by liquids (16, 31):
a. High molecular welght olls--gas oil.
b. Low molecular weight hydrocarbons--propane and butane (at
low temperature).

3. Diffusion (2, 13, 21, 22, 26, 28, 32, 3k):

a. Metallic memb?EnéE_adE—tdSEs~- -
(1) Palladium and palladium-silver.
(2) Nickel.

b. Plsstic membranes:
(1) Polyvinyl acetate.
(2) Polystyrene.
(3) Ethyl cellulose.

1/ Underlined numbers in parentheses imdicate items in the bibliogrephy at
=  the end of this paper. '
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¢. Mechanical means:
(1) pPerforated plates and screens.
(2)' centrifugal devices. :

d. Thermal diffusion.

4. Refrigeration and ligquefaction of methane (1, 12, 19, 23):
a. Principally compression-expansion systems: :
El) Joule-Thompson effect.
2) Expansion engines.
b. Cascade type using asuxiliary refrigerants:
(1) vapor recompression system.
(2) Expansion engines.

S. Formation of methane hydrate (_2_9_)

For treating the large quantities of gas for a 90 million cu ft per day
plant, adsorption, absorption, and liquefaction have been selected as being
most practical. Diffusional systems were ruled out because low gas through-
put 1s inherent, requiring a tremendous number of multiple units of high
caplital cost. The formation of methane hydrate wvas eliminated because pub-
lished information indicated that the space and initial refrigeration require-
ments were several times grester than for liquefactlon processes (29).

Adsorption with active carbon was selected over molecular sieves because
the adsorptive capacity of carbon is considerably greater at high partial pres-
sures of methane (15, 18, 25, 35). Moreover, the cost of the activated carbon

is less than one-half that of sleves. A moving-bed adsorption operation was ar-
bitrarily selected for this study instead of & fixed-bed system. However,
fixed-bed adsorption accompanied by regeneration by pressure letdown offers

a very promising method of separation according to costs reported for puri-

fying hydrogen (8).

With regard to liguid absorption, although methane is highly soluble in

v oA kn-}-ov\n
Pt sy

T4 ~..2a
J..I.\iu.d-\d. PICEALS

gee ¢il vas chogen ng solvent over liguid propane

and butane because 1t can be used at ambient temperature (16). The lower
molecular welght materials operate at low temperatures requiring some refrig-
eration. Finally a cascade system was chosen for separation by liquefaction
because its thermodynamic efficiency is greater than compression-expansion
systems (i). Higher capital costs were anticipated for a cascade system,

however.

Plant capacity was set at 90 million std cu ft per day of high-Btu gas
containing about 90 percent methane. Cases 1 through 3, respectively, des-
1gnate the methane content of the feed gas at 5, 20, and 50 percent. The
feed gus, obtalned from raw hydrogasification product gas after the removal
of most of the carbon dioxide and hydrogen sulfide, is assumed to have the

following composition:

-
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po~—

Case 1 Case 2 Case 3
CHy, 5.0 20.0 50.0
Ho 94.25 77.78 .84
CoHg 0.05 0.2 0.5
co .2 .8 2.0
Cop . .2 .2 0.2
No .2 .8 2.0
CeHg Ol .16 0.4
HpO .06 .06 .06
HoS (trace) .0016 .0016 .0016

At these concentrations, the effects of the contaminants (gases exclusive of
methane and hydrogen) are unknown with respect to the adsorptive capacity of
charcoal, and are considered negligible in oil absorption. The design as-
sumptions, therefore, neglect the presence of contaminants in the moving-bed
adsorption plant and in the case of the oil absorption plant arbitrarily as-
sign ethane, carbon dioxide, benzene, water, and hydrogen sulfide contaminants
to the methane product stream, and carbon monoxide and nitrogen contaminants
to the hydrogen byproduct stream. In the case of the liquefaction process,
prepurification of the feed gas 1s mandatory and ie considered in this evalu-
ation. Inlet and outlet conditions for all separation schemes were held nearly
constant at a pressure level of about 1,500 psia and at ambient temperatures.

The estimate of the working capital comprises a 30~ to 60-day supply of
makeup materisl, 3 months payroll overhead, 3 months operating supplies, and
4 months indirect cost, fixed charges, spare parts, and miscellanecus ex-
penses. Basic rates for operating costs were:

Electriclty .evceveecaceesses..$0.008 per kwhr
Cooling water sc.ecececescecees 01 per 1,000 gal
Direct labor:
Operating 1abOr ...eee...+$2.75 per man-hr
Supervision ...cevees00e0s 15 percent of operating labor
Plant maintenance: '
LADOT cosossssoscscessess$6,000 per man-yr
Supervision cereevecncens 20 percent of maintenance labor
Material ...ciecenncccnas 50 percent of maintenance labor
Payroll overhefd ..s<...ss.... 18.5 percent of payroll
Operating supplies ccececceass 20 percent of plant maintenance
Indirect COBt ceeescncecssnnes 50 opercent of labor

Fixed costs: .
Taxes and insurance ..... 2 percent of total plant cost
Deprec:lation............ 5 percent of total plant cost and

interest during construction

COst rates for items such. as steam and rew mteria.l vary and are presented for
each process.

MOVING-BED. CHARCQAI. ADSORP‘I‘IQ! PROCESS

Cmmercial-scale moving-bed charccnl adsorbers have been used in the sepa-
ration of 1ight hydrocarbon gases fram refinery gas and, im special tests (5),
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have demonstrated the fea_sibility of_separéting methane-hydrogen mixtures. The
distinctive feature of the process is its use of a moving bed of activated car-
bon for the selective adsorption of gases and vapors.

Data by Frolich and White (15) on the adsorptlon of mixtures of methane and

hydrogen on activated charcoal at - pressures ranging up to 140 atmospheres show
that methane is selectively adsorbed with virtual exclusion of hydrogen. A
flowsheet of the separation of methane-hydrogen mixtures by the moving-bed char-
coal adsorption process at essentially 1,500 psl is shown in figure 1. Feed
gas enters the downward-flowing bed of activated carbon, about 12 to 30 Tyler
mesh size, at the adsorption zone where the methane 1s adsorbed and carried
down into the rectification zone. The methane-free hydrogen flows upward and
leaves the adsorber at the top of the adsorption zone. Part of the byproduct
hydrogen continues upward through the cooling zone to dry and cool the in-
coming carbon. Much cooling of the carbon 1s done by desorption of residual
water vapor. Cooling water tubes provide additional cooling. Hot hydrogen
from the cooling zone 1s cooled and dehumidified in a cooler-condenser.

Activated carbon containing adsorbed methane flows downward by gravity
from the adsorption zone into the rectification zone where a reflux stream
of methane desorbs the small quantity of hydrogen left on the carbon. The
activated carbon then flows to the stripping zone where methane is stripped
from the carbon by steam at 650° F. A Dowtherm heating system provides ad-
ditional heat to the stripping zone.

The activated carbon, saturated with water vapor but stripped of methane
and hydrogen, is returned to the top of the adsorber column by a gas 1lift
conveying system. A small stream of carbon is stripped with 800° F steam to
remove heavy hydrocarbons and maintain a high methane capacity.

The methane and steam flow from the adsorber column to a cooler-condenser
where the methane is cooled and the steam is condensed. The methane is then
hlended with untreated feed gas to give the final product containing QO PoTr-
cent methane and 10 percent hydrogen.

The size of an adsorber column is 5 ft ID by 81 ft high, with 6-1/2-in
wall thickness. The number of columms required is 57, 1%, and 6 for cases 1
through 3, resyectively.

In the deslgn of the process, published isotherm data (18) for methane
adsorbed on activated carbon was extrapolated to estimate the methane adsorbed
at high partial pressures. From comments by Kehde et al (24), carbon attrition
rate was assumed to be 0.005 percent of the rate of carbon recirculation. Ad-
ditional unit costs were:

FUEL cevcvvvvrecoacrccsessssasssassee $0.25 per million Btu
Steam-~1,510 peig, BO0° F veveevesne .35 per thousand 1b
Steam-~1,510 psig, 650° F veevcevee. .29 per thousand 1b
Steam--1,485 psig, 600° F veevveeese .27 per thousand 1b
Activated carbon .evevecececcrcncces .40 per 1b

A breakdown of the capital investiment costs and operating costs for ‘the
moving-bed adsorption process is shown, respectively, in tables 1 and 2. The

Py
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adsorber columns were the highest cost equipment items with their installed
costs amounting to Tl, 62, and 55 percent of total installed equipment costs
for cases 1 through 3, respectively; the cost of steam, the highest direct’
cost item, respectively amounts to 23, 25, and 27 percent of total operat-
ing cost.

O, ABSORPTION PROCESS

The oil absorption process uses an 0il enrichment step patented by
Davis (10) because existing solvents are not selective enough to get the
desired—s-eparation by conventional absorption-stripping techniques. By
the enrichment step, methane-rich oil can be further enriched with methane
to insure getting a methane concentration of more than 90 percent in the
flashed and stripped product gases. A flowsheet of the oil absorption
process 1s shown in figure 2 for case 1l.

Feed gas enters the bottom of the primary absorber, countercurrent
to the lean oil passing downward through the tray column. Absorption oc-
curs at 100° F with a total system pressure of 1,500 psia. Effluent gas
from the primery absorber, which is mainly hydrogen, is combined with ef-
fluent hydrogen from a secondary absorber. Enriched oil from the primary
absorber. enters a secondary absorber at a suitable point for further en-
richment with methane.

The secondary absorber. selectively strips hydrogen from--and adds
methane to--the incoming methane-enriched oil by forcing absorption of
additional methane~rich gas entering at the bottom. Lean oil also enters
the top of the secondary absorber to remove residual methane from the
liberated hydrogen. The methane-rich oil leaves the bottom of the sec-
ondary absorber and passes through an oil turbine where approximately 46
percent of the theoretical expansion work is recovered by pressure letdown
of the liquid and expansion of dissolved gases. Rich oil from the turbine
cnters & flash drum at 100° F and 15 puia. Fimshed methane is removed and
recompressed to 1,500 psia. . Some of this gas is sent to the secondary ab-
sorber. The remainder combines with methane-rich gas from the stripping
column to form the high-Btu product gas.

Rich oil leaving the flash drum is heated to 240° F prior to entering
“the top of the stripping column where the oil 1s stripped of ebsorbed gases
by steam. Lean oil from the stripping column is recirculated through a heat
exchanger and a cooler and is finally pumped to both absorbers. When the
methane concentration in the feed gas is increased from 20 percent to 50
percent, as in going from case 2 to case 3, the flash drum pressure and the
~01l feed to the secondary absorber are appropriately modified to take ad-
vantage of the reduced need for oil enrichment.

A 200 molecular-weight oil was selected as the absorbent. Data of Dean
and Tooke (11) and of Sage and Lacey (30) were used for estimating values of
K for the solubility of hydrogen and methane, respectively.

The inside diameter and the wall thickness of both the primary and sec-
ondary absorbers were 7.5 ft and 6.5 in., respectively. In case 1 the

7.



e

PSPPI S

T

JUSW}SOAUT TBIOL

0°00T 000912 LE 0°00T 000°006‘SHT 0°00T 000012 904
6°0 00T“QTE L0 00Q°‘€LO‘T 80 00 ‘OHE ‘€ - Te37dEd BUTHIONM .
T°66 006°L6Q°9E €66 002°92h“ HnT 2°66 00L‘9E6 20 ToT3BY
- . -osadsp 103 T®I03QNS
6°T 00S‘Eel 0°2 006°T1EQ 2 6°T 00L‘006°L : oty
=JNI3SUCD Julanp 3saI9qul
2 L6 00h‘#LT9E £°L6 00€ ‘465 THT" £°L6 000°9£0° 66€ (EEELL 4
X®} Pu® SOUBANSUT)
3500 jusTd TB30L
9°0 000°0%2 T .00R‘08S ‘T L0 00t‘Hwel‘e sjusu
) -aITnbax TBOTWOYO TBIITUI
3:96 004 HE6CSE 2:96 Q06‘€TO‘OHT 2:96 009 TTE “26E UOT3ONIZSUOD TBIOL
70T 00T 05Q°‘E £°01 006100 ST 40T 00N ‘EEo‘ ey SSTATTTIN JUBTd
gL 0089162 8L 008“#9€ ‘TT 8L 00G‘E/g“TE S9T3TTIOey 3UBId
1L 006°L9T 62 gL - 009°‘LH9‘ETT gl 00L “‘#EH‘RTE jusudynbe paTT®EISUL
uasIad SIBTTOQ qUd0a3d sIeTTod JuadI9d SIBTTOQ uaI
susyjsm quaosad Qg surylsm jusoxad oz suwylsuw quadxad ¢
‘€ Ism) ‘2 ase) ‘T 288D

g89001d uotadrosq® TT0 ‘siusmalinbat

P S S N

Te31ded pajemilss TEI0L

‘€ TIEVL



228

égT* gel® 92l T 888 jonpoxd jo jos
: : puesnoyy Jad 38500 Burywradp
00 00n°L09¢S *0QT 00L2sc ‘T2 0°00T ‘00R‘64y2 TS 1500 Pupysrado TBI0L
g-et 006’ T - - S°Et 00t ‘Tee‘L - Ee6t 008°911‘02 uot3Ero3Idaq
6°ctT 00S‘€eL T'€T 006°1EQ“2 L 00L“006°L S0UBRINSU PUB HIXBL
: 13800 PIXTH
n°e ooo“mmw. m.Hm ooﬁmmm~ L2 oomuo.SHH 3800 403ITpUL
TS 000°H06°2 : 008 94T IT 2 0oH‘TIR‘Te 3600 303ITD 18301
S0 00592 £°0 oot ‘1L 60 009°&ge sa1Tddne Bu3saxdo
L0 00g°LE 60 006°L6 g8°'0 005 T6HE peauIas0 TToILed
€2 009°2ET LT 000°LSE g2 000°geR‘T 20UTHUT TN AUSTd
0°e 006 ‘01T €1 000°LL2 ee 00T‘QUT‘T J0q8T 393ITq
€94 0029652 0'gh 006 ‘E4E ‘0T “Eege 00219658t S9T3TTTIN DPUB STYIISIBW MBY
: $9800 30a1Td
quadxad sI8TTOd Iuadlad SIBTTO juadxad 815, Tod .
susy}am quadxad Qf auwyjem jusdxad 02 susyjlsm juadxxl ¢
‘¢ 28mD ¢z 988D ‘T 988D

gga00ad uotidiosqs [0 ‘93500 Fuiysasdo Tenuuw pIIBWTIeH. ~*# TTHVL.



methane éI_L_l;_), enthalpy of hydrogen (33), and the solubility of hydrogen in
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reabsorption section of the- second.e.ry absorber had an- inside- ‘diameter of 3. 3
ft and a wall thickness of 3 in. ~With overall plate efficiencies taken at
20 to 40 percent, absorber heights ranged from 5'to 110 ft. The estimated
number of a.bsorbers was. a.s follcws- ' AR :

Percent methane Primary Secondary

" Ccase in feed ‘gbsorbér = absorber
1 : 5 ) - 191 239
2 20 48 . 139
3 50. . . ot 6

Capital and operating costs of the oil absorption process are shown in
tables 3 and 4, respectively. Of the installed equipment cost, absorber costs
were the highest and amounted to 65, .43, and 34 percent of the installed equip-
ment cost for cases 1 through 3, respectively. Heat exchangers were usually -
the next highest cost equipment. Power costs constituted the largest single
operating cost aside from the fixed cost.- For cases 1 through 3, power costs
were, respectively, 34, 45, and Mt percent of tots.l operating costs.

CASCADE LIQUEFAC TION PROCESS

The cascade liquefaction process uses a series of auxiliary refrigerants

' in its approach to the temperature of liquefaction of the product methane. To

prevent the accumulation of frozen solids in the liquefaction step, the feed

gas must undergo three prepurification steps prior to liquefaction. ‘A sim=-
plified flowsheet of the overall liquefaction is shown in figure 3. “Only cases

2 and 3, 20 and 50 percent methane in feed gas, are considered. Scrubbing the
feed gas with monoethanolamine-diethylene glycol solution lowers carbon dioxide

to 50 ppm, hydrogen sulfide by 80 percent, and water vapor to 0.03 mole-percent.
Adsorption with activated charcoal removes benzene (9). Adsorption with molecular

~ sleves lowers the water vapor content to a dewpolnt ‘of -100° F. Finally, in

the liquefaction step, only methane and traces of other hydrocarbon are lig-
uefied. Some hydrogen physically dissolves in the liquefied gas becauge lig-
uefaction occurs at a pressure of about 1, 400 psia.

The complex cascade liquefaction step 18 illustrated by the flowsheet for
case 2 presented in figure 4. With slight modifications, the flow scheme 1is
essentially the same as that proposed by Keesom (23). 1In this scheme, the
three refrigerants--ammonis, ethylene, and methane--are arranged so that evap-
oration of the higher boiling refrigerant produces liquefaction of the next
lower bolling refrigerant. Thus ammonia liquefies the ethylene in evaporator
V1, ethylene liquefies methane refrigerant in evaporator Vp, and methane re-
frigerant liquefies methane product in evaporator V3. A gas phase product of
approximately 90 percent methane at about 1,400 psia 1s obtained by reevapo-
rating the liquefied produet gas through heat excha.nge with incoming feed gas
at exchangers Eg, Es5, E7, and evaporator V).

Some of the published data used in the design include the enthalpy of

methane (3 The unit cost of steam was $0.32 and $0.153 per. thousand pounds,
at the respective pressures of 184 and 25 psia. -




230

Capltal costs and operating costs are presented in tables 5 and 6 for
methane-hydrogen separation by the cascade liquefaction process. As shown
in table 5, the cost of prepurification equipment is small compared to the

cost of the equipment in the cascade liquefaction step.

Evaporators and

heat exchangers in the liquefaction sectlon comprise well over half of the

total installed equipment costs.

The largest direct cost item, electric

power, amounts t0 32 and 33 percent of total operating costs for cases 2 and
3. Practically all of this power is used in the compression of refrigerants.’

TABLE 5.- Total estimated capital requirements,

cascade liquefaction process

Case 3, 50 pet methane

Unit Dollars ~ Percent
Amine-glycol 793,300 431,500 1.6
Activated carbon 1,122,900 2.5 597,900 2.3
Molecular sieves 307,100 T 195,800 T
Liquefaction 32,603,100 73.4 19,390,900  T73.8
Total installed i
equipment 3k, 826,400 8.4 . 20,616,000 . 8.4
Plant facilities E,h82,600 7.3 2,061,600 7.2
Plant utilities 100 10.4 . 2,721,300 10.4 -
‘Total comstruction 1@‘%’7&5 %5 5358500 %7
Initial adsorbent : .
requirements = 48,000 .1 24,600 .1
Total plant cost .
(insurance and tax
bases) k2,954,100 96.7 25,423,500 96.8
Interest during con-
struction 859,100 2.0 508,500 1.9
Subtotal for de- ] ‘ .
. precia;'zi;n 43,513,% R T 25,;32,000 B.T
orking cap: : 1.3 5,000 1.3
Total investment E;",W,LGGG 166.0 m, , 000 100.0
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TABLE 6.- Estimated annual operating costs,
. cascade liquefaction process

Case 2, 20 pct methane Case 3, 50 pct methane

Dollars Percent Dollars Percent
Direct cost: | . -

Ravw materials and utilities 2,168,100 3%.0 1,298,400 - 34.2
Direct labor . . 277,000 4.3 166,200 .4
Plant maintenance ..357,000 5.6 21k,200 5.6
Payroll overhead . ° ' .97,19Loo . 1.5 lsg,ggg _ 1.5
Operating supplies 1,400 1.1 1.1

Total direct cost ) m s 55,5 Wﬁ@‘l, 4,300 . 6.8
Indirect cost . 352,700 5.5 211,600 5.6
Fixed cost ’

Taxes and insurance 859,100 13.5 508,500 13.%

Depreciation 2,190,700 34.5 1,296,600 34.2

- b ] .
Total operating cost 5.373.900 00 ©  T00.0 3757000 100.0

Benzene credit per thousand

scf of product gas .035 .009
Operating cost per thousand
scf of product gas - .25 .128
DISCUSSION

The ‘economic merit of the three processes considered decreases in the
following order: Moving-bed charcoal adsorption, cascade liquefaction, and
oil absorption. As shown in figures 5 and 6, respectively, the operating
costs and capital costs are lowest for the moving-bed charcoal adsorption
process at all levels of feed gas composition.

- With total operating costs for the overall hydi'oy.sification process
estimated to range from $0.70 to $0.85 per M cu ft of high-Btu product gas,
operating costs for the oil absorption process, as shown in figure 5, are
impractically high at the 5- and 20-percent methane feed levels, while op-
erating cost for the cascade liquefaction process shows some merit at $0.13
per M cu ft of product for 50 percent methane in the feed gas. However,.char-
coal adsorption in a moving bed is the most economic method of separation and
is of practical interest at methane feed concentrations as low as 20 percent.
As shown also in figure 5, unit operating costs of all three separating proc-
esses decline as the percent methane in the feed gas increases from 5 to 50
percent. These costs tend to level ocut as the percent methane in the feed
gas approaches 50 percent.

" The relationship of the capital investment costs of the three processes,
as shown by figure 6, parallels that of the operating costs. Compared to & .
total investment cost of $70 to $100 million for a complete hydrogasification
plant producing 90 million std cu ft per day of high~Btu pipeline gas, capi-

"tal investments ranging from $26-to $40 million for the cascade liquefaction

and the oil absorption processes &re far too high for practical comsideration.
However, capltal costs for the charcoal adsorber process are attractive,
amounting to less than $15 million at feed gas concentrations of 20 percent
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methane and higher. The ability of the mdving-bed charcoal adsorption process

to deliver both hydrogen and methane streams at pressure without additional
recompression 1s of great velue to any high pressure process requiring a '
separating step with recycle of elther gas at high pressure.

Should the impurities in the feed gas significantly lcwei- the effic-
iency of the moving-bed charcoal adsorption process, the maximm penalty
inflictable upon the operating cost is between $0.04 and $0.03 per M cu ft -

of product gas for cases 2 and 3, respectively, based upon the prepurification

costs 1n the liquefaction process. Even in this instance the relative stand-
ings of the processes are not changed. However, the assumptions made in this
estimate regarding the adsorptivity of activated carbon in the presence of
possible contaminants end the overall loss of carbon should be substantiated
experimentally to verify the validity of this estimate.

In spite of the fact that the cascade liquefaction process is thermo-
dynanically more efficient than other liquefaction processes, the recovery
of methane from methane-hydrogen mixtures by the cascade liquefaction proe-
ess was not found to be as economic as recovery by a liquefaction process
proposed by Mann and Pryor (27) that utilizes Joule-Thompson cooling. Op-
erating costs for the Mann and Pryor liquefaction process for 98 percent
hydrogen in the recycle stream were $0.13 and $0.07 per M cu ft of product
for the 20~ and 50-percent methane cases, respectively; whereas, the cor-
responding operating costs for cascade liquefsction are $0.22 and $0.13
per M cu £t of product. These differences in operating costs are primarily
due to the capital costs of the cascade liguefaction being over four times
those estimated for the process of Mann and Pryor. Operating costs of the
process of Mamn and Pryor are nearly as low as those estimated for the
moving-bed charcoal adsorption process. When the product gas is to be
stored cryogenically before use, instead of being transmitted immediately
by pipeline, separation and storage by a liquefaction process employing
Joule-Thompson cooling may be superior to separation by moving-bed charcoal
adsorption followed by cryogenic storage of product gas.

At present, the prospects of the ©il scrubbing process belng greatly
improved are poor. Major obstacles to its improvement are; the lack of
a solvent with high capacity and selectivity for methane and the need to
recompress the flashed methane product from essentielly atmospheric pressure
to pipeline pressure. i

e o
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OPERATING COSTS, (dollars per Mscf product gas)
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Figure 5.-Methone feed gos composition versus operoting cost.
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'PETROLEUM RESIDUALS IN PREBAKED CARBON ANODE BINDERS
By -
M. B Dell

Alcoa Research laboratories
New Kensington, Pa.

INTRODUCTION

. In the Hall-Heroult Process for produc1ng aluminum, alumina dissolved in
molten cryollte at 950-1000°C is electrolyzed u51ng a carbon’ lined cell as cathode
and baked carbon as anode. Anodes are made by mixing about 18 per cent binder with
82 per cent carefully sized calc1ned petroleun’ coke and molding a green block, which
is subsequently baked at 1100 in an inert atmosphere to coke the binder.,

During electrolysis the anode in slowly consumed. Carbon consumption is
caused by: (1) combination of carbon with the oxygen released at the anode, (2) further
combination of carbon with COz initially formed,  (3) air-burning of the exposed top
of the anode, and (4) disintegration caused by particles of petroleum coke falling
into the bath if the binder coke is more reactive than the petroleum coke. All but
the first are atrongly affected by the reactivity of the carbon anode, and this in
turn is dependent on the quality of the coke formed by the binder.,

Numerous tests have been proposed for characterizing binders. They have
been reviewed comprehensively by Thomas3 and ‘somewhat more critically by Weilerk.
It is generally agreed that the binder should meet a softening point requirement for
ease of processing, must have a low ash content to prevent contamination of the bath
and also to avoid catalyzing carbon reactivity, and should be low in sulfur because
of corrosion problems. In addition, high aromaticityl is desirable to form a less
reactive anode with good electrical conductivity. Coke-oven pitch derived from coal
is very aromatic and meets all these requirements. It is the binder used almost
exclusively in the United States.. We have now found that certain less-aramatic
materials, such as those derived from petrolesum, can be blended with coke-oven pitch
to produce anodes equivalent in all significant properties to conventional anodes.

© ANALYTICAL PROCEDURES

Softening Point

" Cube-in-air method. Barrett Test No. D-7, Allied Chemical and Dye
Corporation, New York, New York. :

Reactivity

Sodium sulfate reactivity is the loss in weight on immersing a l-in,
cylinder of carbon 0.5~in. long for 30 minutes in sodium sulphate at 980°C. Carbon
is oxidized by molten sodium sulphate?, A reference carbon containing a standard
binder is always run with this test for comparison. Both results are reported here
since for some of the earlier tests the procedure was modified slightly.

Infrared Index of Aromaticity

This is taken as the ratio of the aliphatic transmittance at 3.4 microns
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Infrared Index of Aromaticity

divided br the arcmatic transmittance at 3.3 microns as previously describedl,

Liscibility Test

.. This test measures the compatibility of a binder with coke-oven tar. 4
1:1 mixture of the binder under test and coke-oven tar is heated about 30 degrees above

the softening pointe A small droplet is transferred to a warnm glass microscope slide
on a hot plate and covered with a cover glass, While still warm, slight pressure is
applied to the cover glass to reduce tire film thickness so that it will transmit light.
When viewed under the microscope at 200X, absence of flocculation of the C-I particles
noriially present in coke~oven pitch indicates compatibility of the binder.

RESULTS AMD DISCUSSIOH

A typical analysis of coke~oven pitch binder for prebaked electrodes is
given in Table I. The softening point corresponds to about 215-233°F ring-and-oall.
TABLE I

TYPICAL PROPERTIEZS OF COKE~OVEHR
PITCH BINDiSRS FOR PREDAKED ANODES

Softening point, cube-in air  105-115
Sulfur, ¢ ‘ . G.5
Asn, % . . : C.l
Infrared index 1.3

For carbon anodes made with unblended binders, the reactivity increased
with decreasing arcuaticity of the binder as measured by infrared index (Figure I). On
the vasis of infrared index binders may be divided somewhat arbitrarily into three
arcmaticity classes: high (01.2), internediate (0.4 to 1.2) and low (0.6).

Zizh Aromaticity Binders

Coke-oven pitch is about the only member of this class. In prebaked anodes
almest any high-tenperature, coke-oven pitch can produce a good anode.

Interrediate Aromaticity Pinders

Pitches derived from vertical retort tars or oil-gas tar, and petroleum
residuals frcm high temperature cracking processes fall in this class.

low Aromaticitv Binders

Aniong these are pitches derived from low-temperature coal tar, solvent
extracts of petroleum and most petroleum residuals.

In geﬁeral low and intermediate aromati¢ity binders do not produce good
anodes and are not used alone in carbon anodes. In the United States a very minor
arount of cil-gas pitch is used in 50:50 blends with coke-oven pitch.
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Low Aromaticity Binders

In a search for low cost binders derived from petroleum, several residuals
were found which unexpectedly produced good anodes in blends. T;pical laboratory re-
sults are presented in Table II, and similar good results have been obtained in plant
operation for several of these blnders.

All intermediate aromaticity binders tested produced good anodes when blend—
ed with coke-oven pitch. ~These results were not unexpected since blends of oil-gas pitch
have been used for some time in anodes. Recently residuals produced in petroleum pro-
cessing by hlgh—temperature cracking have become available, .. Those having intermediate

aromat1c1ty (A and B in Table 11) should Tind application blended in anode binders, . lione.

of the petroleum residuals tested had aromaticities as high as coke-oven pitches.

Certain low aromaticity binders when blended with coke-oven pitch produced
good binders. These included a petroleum residual (C - Table II) produced by propane
deasphalting of an Ordovician crude and a pitch (D) derived from low-temperature
lignite tar. Other low aromaticity binders, such as air-blown asphalt (E in Table II),
produced poor binders, The only laboratory test which differentiated among these binders
was the niscibility test. Those blends in which the C-I particles were flocculated
produced poor binders (E and F in Figure 2). If the G-I particles remained uniformly
dispersed (A and C in Figure 2) the blend produced good ancdes.

While some of these binders did produce good anodes, their true coking
values were lower than that of mwke-—oven pitch (Table II). -This did not seem to affect
their utility, but their economic value was lowered since less carbon would be available
for reaction with oxygen produced at the anode in smelting cells.

CONCLUSION
High aromaticity binders can be used alone to prodhce good anodes, Inter~

mediate aromaticity binders blended with coke-oven pitch produced good anodes. In

blends low aromaticity binders which were miscible with coke-oven pitch produced good
anodes.
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Aspects of the Rea;tivity of Porous Carbons with Carbon Diéxide
J. H. Blake (a), G. R. Bopp (b), J. F..Jones (c), M. G. Miller (c), W. Tambo (d)
(a) Chemical Engineering Department, University of Colorado
(b) Present address, Cﬁemicai Engineering Department, Stanford University
(c) FMC corp., Chemical Research and Development Center

(d) Present address, Cabot Corp., Boston, Massachusetts

I. Introduction

This work was undertaken in order to develop a simple and effective test that
would compare the reactivities of granular carbons. The carbons studied were samples
of formed metallurgical coke and of calcined coal char made from subbituminous coal
in the process developed by FMC Corp., and demonstrated in a -semi works plant at
Kemmerer, Wyoming (1). This coke is permeated by a system of very fine pores, it has
a highly amorphous solid structure, and it is very reactive compared to byproduct or
beehive cokes. The reactivity is believed to be an important property of cokes used
as reducing agents.

As a second objective, some knowledge of the influence of rather mild thermal
treatment on the reactivity of these cokes was sought,

Carbon dioxide was selected as the oxidizing agent for the reactivity tests,
since its reaction with carbon is not complicated by secondary effects such as the
water gas shift. The reaction was followed by measuring the weight of carbon as a
function of time, and this procedure proved to be both simple and precise,

While the variables affecting the results of the test were studied in a semi-

“empirical manner, certain interesting information regarding the kinetic behavior of

these carbons as they underwent reaction did result, and this work is presented with
the hope of providing a lead toward a better picture of what happens on the surface
of carbon during reaction.

Il. Experimental Details

A. Reactivity Measurements

The apparatus shown in Figure | consisted of an impervious silica tube 2.54 cm,
| D mounted vertically in a tube furnace, Carbon dioxide flowed upward through the
tube at controlled rates which ranged from 2870 cc per minute (STP) to 4730 cc per.
minute. The samples of granular carbon to be evaluated were suspended in a sample
holder from an analytical balance mounted above the reaction tube, The sample holder
was a No, 2 Gooch crucible cut off where the outside diameter was 23 millimeters so
that clearance between the crucible and the reaction tube averaged 1.2 mm, The perfo-
rations in the bottom of the crucible were each .7 mm Diam. Holes were cut in the
sides of the crucible with a diamond saw so that a bale of quartz fiber which hooked
on to another long quartz fiber attached the sample holder to the balance.
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Nearly all of the reactivity measurements were made at 900°C and the tempera-
ture was controlled automatically by the thermocouple mounted about 1 cm below the
sample. At 900°C, the rates of reaction of most of these samples were in a range that
was convenient to follow.

A Iooséinffiﬁg covet on top of the Feaction tube with~a'small hole. for the
quartz fiber prevented air from diffusing down to the sample yet permitted the o0, to
escape. o : - R St o N

The dynamfé force or upward drag on the sample basket was:about 50 milligrams
at the highest gas velocity used, and it was steady as long as gas velocity and tem-
perature were kept constant, ST . Y .

To make a reactivity measuremént the carbon-particles were scréened, usually
to -16 +20 USS mesh, dried overnight in a desicator and a sample of either 200 or 500
milligrams was weighed into the sample holder. With the apparatus at reaction tempera-
ture and thoroughly purged with nitrogen, the sample holder was quickly lowered into
place, hung from the balance, and the cover placed on top of the reaction tube.

The sample was then allowed to heat in a stream of nitrogen until it came to
a constant weight, which usually happened within ten minutes, but for most runs a 20
minute devolatilization period was used. At the end of this time the weight was
observed, the carbon dioxide was turned on and its flow adjusted to give a superficial
velocity of either 15.6 or 9.45 centimeters per second (STP) in the reaction tube. The
weight was again measured as soon as possible ‘after turning on the C0, and thereafter
at frequent intervals during the course of the reaction, At the end of the run the
system was purged with nitrogen, and the sample was removed and alliowed to -cool to room
temperature, The empty sample holder was then placed back in the furnace and weighed
in a stream of nitrogen at reaction temperature., Reactivities are reported as percent
of the sample reacting per hour, based on the total weight (including ash) of carbon
at the end of the devolatilization period.

For most of the work the lower gas velocity, 9.45 cm/sec, was used because

it gave somewhat more reproducible results., At this velocity; the Reynolds Number in
the annular-space past the sample is 900, so that flow is laminar,

B. Fluidized Reactor

The apparatus to react carbon with steam in a fluidized bed consisted of an
impervious silica tube 2.54 cm | D mounted vertically in a furnace. The heated sec-
tion of the tube was 45 cm long, and it contained refractory packing to a depth of
25 cm to preheat the steam. A perforated porcelain plate pinched into a constricted
section of the tube lay on top of the packing and served as a grid. A thermocoupie
in a fine quartz well was immersed in the bed from the top, and it operated a con-
troller which acted to maintain a constant temperature in the bed.

The rate of steam flow was controlled by manual adjustment of the current to
a heating mantle enclosing a two Titer flask. The flask was filled to a level well
above the windings in the mantle,

To begin a run, the empty reaction tube was weighed, then mounted in the
furnace, brought up to temperature, and the steam flow was adjusted to the proper'
rate, The weighed carbon sample (20 grams) was then poured into the tube, and a plug
of glass wool was inserted into the top. By proper manipulation of the heater, the
bed temperature reached the desired value (usually 750°C) within 5 minutes.

Coarse carbons, -6 +10 USS mesh, were used for this work. At a superficial
steam velocity of 25 cm/sec under reaction conditions, particles in the bed moved
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about continuously. Thus each pafticle should have been exposed to the same conditions.
The beds were about 5 cm deep.

C. Surface Area Measurements

A Perkin-Elmer-Shell Sorptometef (Model 212) was used to measure pore surfaces.

" Samples were degassed in the apparatus at 600°C under .1 mm Hg for 30 minutes.

Isotherms for adsorption of nitrogen at 78°K were obtained by a flow technique
which is rapid, but which may not aliow sufficient time for equilibrium to be attained
in very fine pores. Thus the surface areas reported here may be somewhat low.

D. Particle Density and Pore Volumes

Particle densities or volumes were measured by displacement of Hg ét 10 psig
in an American Instrument Co., Porosimeter, Pressures to 5000 psi enabled pore volume
distributions to be determined down to pore diameters of 350A.

E. Helium Densities

Helium density was measured in a- Beckman purgeable gas pycnometer, after de-
gassing in the apparatus at room temperature and .1 mm Hg twice for about 10 minutes
each time, and breaking the vacuum with He in each case.

F. Heat Treatment of the Samples

To study the effect of heat treatment on reactivity the carbons were soaked
for various periods of time in a muffle furnace kept at either 1000°C or 1100°C. During
this soaking, whole briquets were contained in glazed porcelain crucibles with calcined
coal packed around them and with covers on the crucibles.

111, Samples

Two samples of FMC Coke briquets and one sample of calcined coal char were studied
in this work. '

The coke briquets were made in pilot scale equipment by first calcining the ground
coal in a series of fluidized retorts, then briquetting the devolatilized coal or cal-
cinate with a binder made by air blowing the tar distilled from the coal, The green
briquets were then cured in the presence of air to polymerize the binder, and were
finally coked or baked at about 900°C.

One sample of coke was made from Elkol Coal,'a sub=bituminous coal mined near
Kemmerer, Wyoming, The other coke was from another sub=-bituminous coal mined near
Helper, .Utah. :

For the samples used here, coke briquets were crushed and screened to the desired
size,

The sample of calcinate was made from Elkol Coal and was produced by FMC Corp's
demonstration plant at Kemmerer, Wyoming. The pulverized coal was first dried at 150°C,
then carbonized at 450°C, and finally calcined at 800°C in a series of fluidized retorts,

Properties of these carbons are given in Table I.



TABLE |

Properties of Samples e ’ e

Elkol Coke  Helper Coke. - Elkol-Calcinate™ 4
Ultimdte Analysis . o ' o ‘
wee % T Cc ' ‘ - 89.8 86.6 - -89.6
Ho .. 1.0 1.0 1.3 y
N T 0 1.2 1.2 4
s o ' N R Tl ’
0 (by diff.) : ’ 1.7 2.6 1.7
Ash 5.9 8.3 5.8
Volatile matter % 2.0% 2,0% - b.5% 1
Surface area (m2/gm) . — ok : . ‘
BET-Nitrogen ’ : 240, - 170 Lo 190 J
Apparent density by . o ) ’
Hg displacement .94 .96 .94
(gm/cc) S B
Helium density (gm/cc) _ 1.98
Crushing strength of 34004 34004 '

cylinders 1-1/4"D x 3/4v

*190 m2/gm is a typical surface area for the coke produced by the Jarge-scale plant at
Kemmerer,

**The Elkol Coke used here was not made from this sample of calcinate.

IV. Results

A, Effects of Procedure

Several of the possible variables of this apparatus were studied to determine

their effects ¢on the reactivity mcasurcments and to establish & standard proceduie.

The Elkol coke was used for this aspect of the work. i
The numerical rates or reactivities reported in this section are based on the .

overall slope of the weight versus time curve between the times of 30 and 160 minutes
where the slope was fairly constant, In the first few minutes of reaction, rates were
somewhat higher than the slope in this interval, and the possible significance of this i
higher initial rate is discussed in a later section. .

Table Il shows the effects of sample size, devolatilization time, gas velocity,
and particle size on the measured values of reactivity. In brief, increasing the sample
size from 200 to 500 milligrams decreased the reactivity about 20%; longer devolatili- IS

zation times (40 compared to 20 minutes) decreased the reactivity roughly 10%; and

decreasing the gas velocity from 15.6 to 9.45 centimeters per second lowered the re-

activity about 20%. Particle size between -6+10 and -28+32 mesh had no appreciablie '
effect. (These screen sizes-cover a five fold range of average particle size, from :
2.5 down to .5 millimeters.) :
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TABLE |1
Variables Affecting Reaction Rate*

Particle " Heating - Sample Gas Reaction Comparison of

Size - time Wt. - Velocity Rate Variables
min, mg. cm/sec %/ hr
-16+20 20 200  15.6 25.6
- 25.1
L 26.4 »
=
500" ) ‘ 20.1 -2 L
l‘ 21k g [ A
. 20,2 o o
. — c
Lo - 200 c2h1 2 g >
¥ 24y 10 3
. = o
500 ) 18.3 -
. 18.4 >
i 0
20 9.45 17.6 i
oo . 9.15 17.2 o
- 6+10 9.45 17.8 o
. . 17.7 XN
18.2 w
-16+20 ' 17.6 <
-28+32 A 17.8 v
v ' 4 g . 17.9 g
*(Elkol Coke)

. The procedure adopted as standard used the -16+20 mesh size range, a heating
time of 20 minutes, 500 mg. of sample and a gas velocity of 9.45 cm/sec. Reproducibility
under these conditions was good, as can be seen from Table II.

The reactivity was reproduced with several different sample baskets made as

‘described above, but having siightly different wall clearances. Thus the dimensions of

the sample holder are not critical.

B. Effects of Carbon Monoxide

It is well known that CO and Hy retard the reaction between €0y and carbon (2,3).

" With the sample sizes and flows of €O that were used here, the average concentration of

CO generated in the reactivity apparatus was usually between .1 and .2% (i.e. moles CO
produced/unit time divided by moles of €0y fed/unit time). For'the most reactive sample,
the composition of CO in the effluent gas was about hs% :

Several runs with CO added to the COp fed to the reactor (total flow kept con-

'stant) showed the rate to be lowered about 20% with 3.7% CO in the gas. This is about

what Ergun's data (4) would predict and it shows that the CO generated by reaction should.
have a very minor influence on the measured values of reactivity. -
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C. Heat Treatment B T A

Figures 2, 3, 4, and 5 show how’ the weights of carbon samples changed with time
during reactivity determinations. Note that zero time has been shifted for most of the
data on_Figures 3,. 4, and -5 so-that several .runs can convenlently be: .compared on a sungle
p]ot. .. .. . 4

From these plots, two results are apparent, Flrst, as would be expected a more
severe heat treatment causes. a’ glven carbén: to react more slowly. ‘o

Secondly, the heat treatment causes the rate of reaction to become more nearly
constant, during a particular run, In Figure 2, for example, a sample of Helper coke
which had been soaked at-1000°C for 16 hours reacted at very nearly a constant rate until
more than 56% of the carbon had been consumed, The least=squares slope of this line to
56% burn of f gives a reactivity of 38.1%/hr with 95% confidence limits of ¥.51%/hr. The
other sample in Figure 2 was.soaked for 27 hours at 1000°C and it reacted to 57% burnoff
at a constant rate of 24,7 ¥,28%/hr. The 95% confidence limits give . a quantltatlve idea
of how nearly constant these reaction rates were,

D. Effect of Temperature

Except for two runs at 850°C all of the reactivities reported here were measured
at 900°C The two runs at 850° with Elkol coke gave reactivities of 6.5 and 7.1% per
hour and when compared with  17.8% per hour.at 900°C the apparent overall activation
energies were 58.3 and 56.0 K cal per mole, respectively,

E. Variation of Pore Surface with Burnoff

Pore surface areas and particle densities were determined for 500 mg samples of
Elkol calcinate which had reacted with €0, for various lengths of time in the reactivity
apparatus., The first part of Table |il shows these data. This carbon had been heated
only to 800°C before undergoing reaction, so that the rate of reaction decreased contin-
uously with burnoff, as was the case for the 'un-heat-treated'' carbon in Figure 5.

The specific surface of the carbon increased more or less continuously with
burnoff, hut when the surface area was based on ! gram of criginz! samplc, before ve-
action (Column 6), it went through - a maximum at about 35% burnoff. The data, plotted
in Figure 6, show that the surface of a sample rises rapidly to a maximum and then falls
off as carbon is consumed, Probably, during the initial stages of reaction, additional
pore surface is very quickly made available by erosion of constrictions, and perhaps by
enlargement of very fine pores. However, during the later part of the reaction, beyond

735 to L0% burnoff, pore surface is destroyed more rapldly than it is created, most likely
by consumption of walls separating fine pores,

It is conceivable that the actual surface accessible to the carbon dioxide or
steam at reaction conditions differs greatly from that measured by adsorption of nitrogen
at 78°K. However, it is hard to imagine that the pore surface available to the reactant
gas can do anything but increase during the first 10 to 20% of burnoff. During this-
part of the reaction, the rate either remains essentially constant, or decreases gradu-
ally.

Thus during the course of reaction of a particutar sample of carbon there seems to
be no correlatlon between reactron rate and pore surface area.

The percent internal reaction from the last column in Table 111 gives the weight
loss calculated from the particle densities, which assumes that all reaction takes place
on the internal pore surface., The difference between this figure and the actual weight
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TAB

Variation of Pore Surface with Burnoff

Particle 0
Wt. Loss Density
% gm/cc

Calcined Elkol Coal -20+30 Mesh Reacted with Co,

LE 111

verall
Rate
%/ hr

Specific
Surface
mz/gm

in Reactivity Apparatus at 900°C

o
FNNNONMNMOLONWENNON

190
453
592
642
760
790
930
975
982
1165
1180
1229
1158
1108
1501
1581
1426

Surface®

Per Gm.

Starting

Material
mZ /gm

190
430
534
552
622
616
689
707

668
770
700
721
646
615
616
625
526

Calcined Elkol Coal -6+10 Mesh Reacted with Steam

in Fluid Bed at 750°C

0 .935
5.7 .934
10.0 -
13.9 .815
18.2 .765
21.8 . 721
25.9 .737
27.4 .681
32.0 .686
34.8 .655
L4o.7 .639
L4y.2 .605
Ly .625
L4y 5 .618
- 58,9 .530
60.2 510
63.1 .549 .
0 .965
8.0 .908
13.0 .873
20.0 817
23,5 .835
21.5 767
26.5 .702
28.5 .760
34.5 .649
32.5 701
33.5 .731
35.0 .693
37.5 .678
43.5 .579
43,0 645
48.0 .586
45.0 .588°
51.2 .615
49.9 ok
55.5 .527
'52.0 .567
. 56.6 .589
51.5 .552

(Spectflc Surface) (100 - % wt. lo

- (part.

densnty)/(nnltlal part

ss) /100
density)

139
560
559
743
801

798

792
784

. 942

899
830
911
712
893
933
911
-968
907
1100
964
1064
9ks5
942

139
515
Lgs5
.59
612
628
583
561
619
608
552
592

5ok
532
475 -
532
Li
551
b29
511 -
409
457

15.
13,
20.
27.
21,
32,
26.
.24,
28.
29,

33.
39.
39,

38.
35.

Ly

39.
42,
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loss represents carbon consumed on the outsides of the particlies. Although the data
are somewhat erratic, roughly 85% of the reaction took place on the interal surface up
to 40% burnoff.

The second set of data in Table [l refers to -6+10 mesh Elkol calcinate re-
acted with steam at 750°C in the fiuidized bed, Here, at a lower temperature, the rate
of reaction of ''un-heat-treated carbon' is very nearly constant at 18,2%/hr with 95%
confidence limits of 1,0%/hr. (These measurements are less precise.) '~ In this case
also, the pore surface increases to a maximum at about 30% weight loss, and then de-
creases. Since there is some attrition in the fluid bed, particuiariy at high burnoff,
the amount of internal reaction is quite a bit less than that indicated by the actual

weight loss,

V. Discussion

A, Variables affecting reactivity

Several observations indicate that mass transfer is not a major factor limiting
the rate of reaction in this work. First, the fact that a five fold range of particle
sizes. had no apparent influence argues that diffusion within the pores of the particles ~
and diffusion from the voids in the sample bed to the surface of the particles did not
cause a significant concentration gradient, and that therefore, the concentrations of
carbon dioxide and carbon monoxide in the voids between particles must be essentially
the same as at the pore surfaces where reaction takes place.

Second, the overal} activation energy of 56 to 58 K cal is too large for diffu~
sion to the particles to control the rate, even though this activation energy was deter-
mined between only two temperatures, and most of ‘the data pertain to the higher tempera-
ture

Another factor which sugdests that external or film diffusion does_not govern
the rate is that the observed rates of reaction varied from 70% per hour to 4% per hour
depending only upon the characteristics of the carbon. " Thus, over this range of reacti-
vities any effects on the diffusion rate to and from the particles by the geometry of
the apparatus or the pattern of gas flow should have been unchanged.

Although diffusion of gas either to the particles or within their pores does
not appear to strongly affect the rate of reaction here, its ettect may not be negiigibie,
particularly at the higher rates., |If film diffusion, pore diffusion, and chemical reaction
at the pore surface are regarded as three resistances to reaction arranged in series,
lowering one resistance, as when the pore surface becomes more reactive, increases the
- relative significance of the others. ' :

The importance of pore diffusion is undoubtedly affected by the pore structure.
If a carbon is very dense, and has only very fine pores, its permeability to the reactant
gas may very well be so low that reaction only takes place near the external surface of’
the particles. Thus the pore structure (permeability as well as pore surface area)
might very well influence measured values of reactivity in this apparatus.

: A further, and most'likely the predominant, physical factor influencing the
values of these reaction rates is that the samples were probably not isothermal. At a-
rate of 20% per hour, the endothermic reaction of carbon dioxide requires about 360
calories per hour for a 1/2 gram of carbon. Assuming that this heat is transferred
principally by radiation, the surface of the sample was probably 2° to 4°C less than
the measured temperature inside the reaction tube. With an activation energy of 58 K
cal such a difference in temperature would lower the rate by a factor of 4-to 8%. This
cooling effect would be more pronounced with the larger sampies and at the lower gas
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velocities. Therefore, the actual sample temperature and thus the measured reaction
rate would be somewhat lower for larger samples and lower gas flows, as was observed.

The net result of all of these factors is that while this procedure does indi-
cate significant differences in reactivity among various samples of carbon, the measured
values are somewhat compressed. At the higher rates of reaction the combined retarding
effects of diffusion, carbon monoxide, and a somewhat lowered sample temperature give
a measured value of the reactivity which is less than would be the case if the sample were
reacting under the same actual conditions as one with a lower reactivity. At the lower
rates of reaction these inhibiting influences are not. so large since concentration
differences between the sample and the main stream of the gas are less, as are tempera-
ture differences. Thus these differing values of reactivity must be interpreted as
occurring under conditions of reaction which are not exactly similar and where the
higher rates have taken place under ''slower'' conditions so that the true differences in
reactivity are actually somewhat greater than those reported here.

B. Concentration Gradient Inside Particles

Since, with the Elkol Coke, variation of particle size from about 2.5 to .5
mm did not influence.the measured reactivity, one might conclude that reaction occurred
entirely within Zone 1 (5) - that is uniformly throughout the particles, with a negligi-
ble radial gradient in the concentration of C0,.

However, the particle densities reported in Table 111 for Elkol calcinate show
the percent of internal reaction to be consistently less than the overall weight loss,
which suggests that reaction is not uniform throughout the particle,

"In the case of Elkol calcinate, macro~pore volume measurements by displacement
of Hg up to 5000 psi show a porosity of 28% in pores larger than 350A in diam. About
two-thirds of this porosity is in pore sizes between 3000 and 30,000A. |If these large
pores are regarded as arteries which conduct gas to cells where the pores are much
finer (the mean diameter of the pores less than 350A diam. is 25 to 30A), it should be
possible to estimate whether a significant radial concentration gradlent occurs in these
pores, :

) From density profiles of carbon rods exposed to CO; for various times at several
temperatures, Walker and co=workers (6,7) concluded that the dimensionless group

(Ei;—%EFE) %%) is a measure of whether reaction occurs uniformly throughout the particle

in Zone |, or Zone il where the C02 is all consumed before it can diffuse to the center
of a particle. Here R is the particle radius; CR the reactant concentration in the main
stream; dn/dt the overall reaction rate per unit particle external surface; and Deff the
effectlve diffusion coefficient of C0, within the particle, all these terms belng in con-
sistent units. Deff equals DE/J , where D is the diffusion coefficient in a'single
cylindrical pore; ¥, the tortuosity factor (estimated at 20); and € the fraction of the
external particle surface covered with pore openings - estimated to be 1/3 the volume
porosity for pores 3000 to 30,000 A in diam. '

Assuming spherical particles, a first order reaction, and no inhibition by pro-
ducts, if (R/CR Deff) (dn/dt) is less than .03, reactlon should be in Zoné |; if greater
than 6.0, the conditions of Zone Il apply. .

Using data from Table ill and 3000 A for ‘'large' pore diameters, estimates of
this dimensionless group vary from .8 to 2.4, which indicates that while reaction occurs
throughout a particle, it does so to a greater extent close to the ‘external surface -
that is, the condition is between Zones | and I,

A question remains concerning the “ce]ls” of flne pores surrounded by the net-
work of Iarge arterlal channels. If the dimensionless group ( R ( dn > is set equal -
. Cp Deff
R
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to .03, which is its maximum value if the conditions of Zone | (uniform reaction) apply,

the equality can be solved for R, the maximum particle or ''cell'radius for uniform reaction.
Estimating values for CR, Deff (Knudsen diffusion occurs in pores 25A dismeter) and

dn/dt (a function of R), and solving for R gives a value of .014 cm for the calcinate

used in the first part of Table I1!. This gives a ''cell' diameter which is about half

a particle diameter, Since a '"cell' of this size must surely be. permeated by the large
pores, it is the concentration gradients in the large arterial pores which must. be
responsible for non-uniform reaction.

C. The Constant Rate of Reaction

Figures 2, 3, 4, and 5 show that for heat treated carbons, the weight-time plot
during a considerable portion of reaction is very close to a straight line. -

The fact that the kinetic order of carbon can be zero after | or 2% burnoff has
of ten been observed before (8,9). The carbons discussed here were all exposed to some
€02 or steam at 800°-900°C in their preparation, so this initial burnoff undoubtedly
occurred prior to these reactivity measurements,

It is of particular interest to note that while the reaction rate is either con-
stant or slowly decreasing, the pore surface first rises rapidly, and then decreases.
The data for Elkol Calcinate of Table Il are plotted in Figure 6.

Forty years ago, Chaney and co-workers established that the pore.surface as
manifested by adsorptive capacity for vapors first rises to a maximum and then falls
of f as a given sample of carbon undergoes activation (10).

Thus there is apparently no relation between a carbon's pore surface area and
its rate of reaction with C0; or steam as a particular sample undergoes reaction. Even
though pores may be available to the reacting gas at 750°=-900°C which are not coated by
nitrogen at low temperature in the surfacé area determinations, the extent of pore sur-
face and its accessibility must certainly increase during the first 10 to 20% of reaction,

With the available surface changing as it does, the constancy of the reaction
rate of these stabilized carbons is particularly striking, The explanation of a con-
stant 'porosity profile’, which might well apply under conditions of Zone Il (6) does
not seem to apply here, where reaction is occurring throughout the particles,

In the reaction mechanism set forth by Ergun (11) an oxygen atom adsorbed on
the carbon surface goes off as carbon monoxide and leaves behind either one, two or no
active sites on the carbon, In the present case a single active site must be Jeft be-
hind on the stabilized carbon to give a rate of reaction so nearly constant. This
constant rate is strong evidence that for a carbon stabilized by heat treatment, reaction
of a molecule of CO2 or H20 with an active site on the solid to give an adsorbed atom of
oxygen, and the subsequent evaporation of CO from this site must preserve or replace the
active site somehow, Thus when one active site reacts, another is regenerated in its
place, so that the number of active sites remains virtually the same as reaction proceeds.

_ This picture is a reasonable one, A reactive site probably involves an atom on
an edge or a corner having one or more high energy bonds (12); when this atom is removed
one of its neighbors would very likely be left similarly situated.

Studies of electron spin resonance have shown that carbons which have been
heated to over 800°C have very few unpaired electrons (at room temperature) so that the
active site is probably not a surface free radical. Harker and co-workers (13) believe
that in impure carbons, surface sites involving hydrogen or metallic impurities contri-
bute more to the reactivity than do unpaired electrons., Perhaps the hydrogen and metal
contents are syfflcnent]y stable in carbon at 900°C after treatment at 1000° or 1100° so
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that the number of atoms of each remains constant during a large part of the reaction.
It seems unlikely, however, that the hydrogen content would remain so precisely constant
during oxidation by C02, so a constant level of catalytic metallic impurities during the
reaction appears to be a possibility for explaining the constant rates. This explana-
tion would demand that a ''stable' active site be associated or coupled with such an
impurity, and it is certainly reasonable that a carbon atom on the edge of a graphitic
crystallite might exchange electrons with a metallic atom contacting the same crystal-

lite,

D. Effect of Thermal Treatment

Amorphous carbons usually (but not always) become less reactive upon heat treat-
ment, The loss in reactivity with heat treatment shown in Figure 7 is therefore to be
expected, The fact that reactivity plotted vs, time of heat treatment gives very
roughly a straight line on log log coordinates as in Figure 7, shows that heat treat-
ment decreases the reactivity quite rapidly at first and very much more slowly as the
time of treatment is extended. The thermal soaking would be expected to permit local
rearrangements or recrystalization of the carbon to anneal points of strain or perhaps
to allow edge carbon atoms to orient themselves into a graphitic structure., Less re-
active sites or perhaps isolated dislocations could be expected to stabilize themselves
more slowly. At 1000° or 1100°C graphitization of an amorphous carbon hardly proceeds
at all, and x-ray diffraction patterns of some of these heat treated carbons did not
differ significantly from those of the ''unsoaked'' coke, Thus, while no gross recrystali-
zation occurred in these heat treatments, it is logical to expect that very local re-
arrangements may have stabilized the carbon.

‘Figure 5 shows that the rate of reaction of the untreated or unheated Elkol
coke falls off within 2}, hours to about the same rate as coke which had been heat
treated at 1000° for seven hours. This decrease in rate of the untreated sample is too
much to expiain by the effect of the thermal treatment alone. Neither will reaction of
binder carbon in the briquetted coke at a faster rate than carbon from the particles
explain this decrease, since the calcined coal particles follow practically the same
reaction paths as the coke. (See Table I11}.)

If active sites are regenerated during reaction they must migrate around the
surface of the carbon so that occasionally an adjacent carbon atom might already be
active and therefore both active sites might not be regenerated on reaction, However,
while this factor could very well be appreciable in the later stages of reaction it
apparently is not of importance in the heat treated samples and therefor it is hard to
see why it might be significant in the untreated cases.

One possible explanation for the decrease in rate with unstabilized carbon
could be that there are several types of reactive sites, some of which are much less
stable and more reactive than others. This concept actually is highly likely and has
often been cited. These more reactive sites would be those more readily annealed by
the heat treating process and if they are not always regenerated on reaction but in-
stead are replaced by less active sites, the rapid loss in reactivity of the untreated
sample couid be explained. Thus the heat treated samples would probably contain not
only fewer reactive sites but also sites which are of a lower and more uniform order
of reactivity and which are apparently regenerated in kind by gasification,

As another possibility, stable sites might be those associated with metallic
impurities, while less stable, non-regenerated sites might be those solid defects that
are readily healed by annealing. '

Vi. Summary

_The principal finding of this work is that a carbon stabilized by suitable thermal
treatment reacts with carbon dioxide at very nearly a constant rate during the consump-
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tion of a major portion of the sample. This occurs under conditions where the oversli|
rate of reaction is ]arge]y governed by. the chemical step.

This constant reactlon rate strongly suggests ‘that evéry time a reactive atom of
carbon leaves- the solid state as carbon monoxide, another carbon atom is made reactive.

Thus, during the course of oxidation the chemical state ‘of the carbon surface remains-
constant even though the physical state (shape and surface area) changes. :

With the unstable carbons the reaction rate falls off fastér during reaction than
during heat treatment alone, Therefore the chemical state of these carbons must change
during the course of reaction. A possible hypothesis suggests that when a highly re-
active site is removed from the solid matrix, it leaves behind a less reactlve site so
that the carbon stablllzes as reaction proceeds -

It is a pleasure to acknowledge that this work was supported by FMC Cbrporation,
and to. thank J,.Work, R, T. Joseph, J. A. Robertson, and C, H. Hopkins of FMC for many
helpful suggestions. : . :
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EFFECT OF INHIBITORS ON FLAMMABI.LITY
OF HEPTANE AR MIXTURES

H. Landesman and J. E, Basinski

National Engineering Science Company, Pasadena, Calif.

A large scale inveéstigation of the effect of -inhibitors on flammabilities of
heptane-air mixtures has been reported by workers at Purdue University (2)(3).
The technique involves measurmg upward flame propagatlon at various n-heptane
inhibitor-air percentages in a standard 4 ft, long, 2 in. diameter tube and plot-
ting the percentages of extinguishant versus heptane percentages where mixtures
are nornflammable, A curve such as shown in Fig. 1 is obtained.

With better inhibitors than that shown in Fig. 1, a peak in the flammability
curve will be obtained at a lower percentage of inhibitor than the 6 mol. percent
of Fig, 1. This peak percentage may be translated to weight percentages of
inhibitor producing nonflammability of heptane-air mixtures and comparisons
on a weight basis also can be obtained. These data have been found to follow
fairly closely the extinguishment capability of the materials on actual test hep-
tane or gasoline fires (3), though there is controver sy over the extrapolation of
data to potential fire ext1ngu1shmg performa.nce (4).

It was necessary to obtain a pre- -fire test screemng of extinguishants for
hydrocarbon fires which would be stable at 550°F and have low vapor pressures

- at that temperature, This screening was accomplisheéd by means of the combus-

" flange assembly and lower end of the tube is submerged in the 200 C silicone oil

-

tion tube apparatus mentioned before. Since high concentrations of low vapor
pressure inhibitors could not be maintained in the vapor phase with heptane-air
mixtures in a conventional ambient temperature flammability limit combustion.
tube (5), it was necessary to design a heated combustion tubé in which the flame
propagation could still be observed. Visibility was necessary for evaluation of

the inhibitory effects of theé candidate extinguishant.

Experiments were carried out at sub-atmospheric pressures to prevent
explosions or excessive pressures in the tube. Relative inhibitory effects have
been found to be essentially independent of pressures down to about 200 mm (2).

The system is diagrammed in Fig. 2 and photographs are shownoin Figs, 3
and 4. The gas containing sections of the apparatus are heated to 200 C to pre-~
vent condensation of the inhibitor. The glass combustion tube is heated by a

baked on transparent conductive coating, while the metal inlet system and the

pressure gauge are heated by electrical tapes.’

The lower end of the combustion tube is closed by a metal flange; which is
joined to the tube by a kovar-glass seal. The removable half of the flange has
a glass feed-through insulator for the tungsten ignition wire (Fig. 4). This entire

bath to 1nsure the gases reachmg a uniform temperature.

Partial pressures of the inhibitor and the heptane are measured directly
with a Kern-Springham glass spiral manometer with attached mirror. Rotation
of the spiral deflects the mirror and the deflection is measured on the scale.

'
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The spiral deflection was calibrated to read pressures up to 50 mm against an
external mercury manometer which was read with a cathetometer. Total pressure
of the combined inhibitor-heptane-air mixtures was 300 mm.

For the larger air pressures, the manometer is used as a null indicator.
The desired air pressure is introduced to the outside of the glass spiral, then
balanced with pre-heated air on the system side. The gases are mixed by a
sliding perforated disc, which ts driven by an external magnet, After twenty
minutes of mixing, the disc was brought to the top of the tube and the mixture
sparked, If ignition, as evidenced by flame propagation to the top of the tube,
did not occur, mixing was continued another five minutes and the mixture
sparked again, It was found that the rich limit for heptane-air increased to 8.75
percent heptane at 203°C and 300 mm total pressure compared to 6.9 percent at
approximately ambient temperature-and 300 mm pressure (2). The lean limit
did not change. A few. comparison points were made in this work at 203 C with
the same inhibitors used in the Purdue work at ambient temperatures., It was
found that peak percentages for sym-dibromotetrafluoroethane and for trifluoro-
bromomethane increased about 10 - 12 percent with the temperature increase.
However, since experimental conditions, including mixing times and methods of
mixing, are considerably different, the comparison has little meaning. It was
found during this work that changes in these variables led to large differences in
observed flammability, .

In Figs. 5, 6, 7 and 8 are shown flammability plots for the inhibitors evalu-
ated. The curves exhibit a. variety of shapes and peaks occurring at various heptane-
air-inhibitor ratios. The significance of this is not known. 'The peaks of the curves
are of interest since these represent a comparison of the individual molecules'
effectiveness as flame inhibitors. In Table [are presented data obtained on peak
inhibition percentages and the weight this volume percentage represents in 100
liters of a heptane-inhibitor-air mixture. These data are taken from peaks of
the curves previously shown.

The Purdue University work previously referenced contained a study of the
effectiveness of 56 compounds as flame inhibitors, in a combustion tube at room
temperature. This study includes many halogenated hydrocarbons, however,
since their tube was not heated, they were unable to test the less volatile mater-
ials. Two major correlations emerge from their work, the firat is a confirmation
of work of earlier investigators who found that hydrocarbons containing iodine are
better extinguishants than those containing bromine, which in turn, are better
than the aliphatic chlorides. The Purdue group also found that hydrocarbon com-
pounds containing only fluorine were very poor extinguishants. The second major
correlation was the observation that as the molecular weight increases the extin-
guishing ability also increases, i.e., the peak percentage decreases. This rela-
tion, however, is not invariable and it ia not possible to determine the extinguish-
ing ability of a molecule from its molecular weight alone,

-This study was carried out at a temperature of 203°C, thus, it was possible
to ‘determine. the peak percentages of some higher molecular weight halogenated
hydrocarbons. Figure No. 9 is a plot of the peak percentages from all the Purdue
data plus those determined in this work as a function of molecular weight. The
situation is quite complex, however, the chiorine cuniainisg Compounds ap
form a rough geries, :

The general curvature of this line suggests that a straight line might occur
if peak percentage were plotted against the inverse molecular weight., As can be
seen from Figs. 10 - 14, this is the case. For a given series of halogenated
hydrocarbons, the general trend is quite well marked, despite the wide variation
in structures. There are two possible explanations that might clarify this rela-

tionship between pedk percentage and inverse molecuiar weight. The first would
be a purely physical process in which the extinguishant molecule acts as a "third
body" to promote free radical recombinations, The alternate possibility would be
to reason that the inverse molecular weight was related to some chemical property,
such as bond energy, which was the actual cause of the effectiveness of the extin-
guishant, At the moment, we are investigating various parameters in an attempt
to discover a rational correlation and explanation o the relation of extinguishant
abil‘:ty to the physical properties and chemical structures of the halogenated hydro-
carbons, .
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FLLANGE DETAIL

FIGURE 4

COMBUSTION TUBE

FIGURE 3
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Ignition Characteristics of Colorado 0il Shale

‘ : i V. Dean Allred and L. S. Merrill, Jr.

Marathon 0il Company, Littleton, Colorado

Introduction

Spontaneous ignitiéon is usually characterized by an abrupt (exponential) increase
in temperature and results when the rate of heat production in exothermic reaction
exceeds the rate of heat dissipation to the surrounding media. Ordinarily the
term spontaneous ignition temperature is applied to those systems being oxidized
by air. However, in this paper the term applies to systems using oxygen enriched

v or partially depleted gas streams.

In a practical application it is important to know the ignition characteristids
of o0il shale in developing-an understanding of processes for recovering oil from
oil shales. This is particularly true when using the countercurrent or reverse
combustion in situ recovery or the parallel flow retorting process (1, 2).

The countercurrent combustion process is one in which the combustion or oxidation
zone moves against the flow of the injected gas stream.‘ Figure 1 shows a schematic
representation of such a process., .To be practical, the combustion. zone must pro-
gressively move toward the source of the oxidant. injection at such a rate that only
a minimum amount of fuel is consumed and the useful products produced in an oxygen
free atmosphere.  The process is somewhat unconventional but has been demonstrated
y - in the laboratory as a means of producing oil from oil shale.

oz —-/\»-\// -

-

One way of explaining why the process works is as follows: As ignition of a
given particle takes place, it is accompanied by an exponential temperature rise
which in turn causes a rapid increase in combustion (oxidation) rate.. This effect-
ively removes the oxygen from the Surroundlng gas stream, SO no further oxidation
takes place at this point.- However, heat has been transferred to the surrounding

‘ particles as well as the gas stream. One effect is that particles immediately up--
. stream are continuously. being heated to their ignition temperature and the process
repeats itself with the combustion zone effectively progressing against the gis |

flow, Another effect is that the oxygen has been efficiently removed from. the
gas downstream from the. combustion zone. This provides an inert hot gas 1n whlch
! the hydrocarbon components are effectively distilled from the solids.

Experlmental

o

In this 1nvest1gatlon the 1gn1tlon temperatures were determined in.a flow-type
system so that conditions would be somewhat comparable to the retortlng process.
The experimental arrangement is given in Figure 2,

The basic unit of equipment was a small Inconel block furnace containing two
one-half inch sample holes. One hole contained the sample and the other was filled
\ . with an inert reference material. Alternate junctions of twelve chromel-alumel
thermocouples were located in the two holes to form a sensitive thermopile detector,

Since ignition is characterized by'a'rapid temperature rise, the differential
thermopile was used in most experiments to detect the temperature at which combustion

O ) ) - . S . ‘ . .
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occurred. However, advantage was also taken of the fact that ignition is also ac-
companied by the simultaneous release of carbon dioxide. In the latter case, the
gas stream was continually monitored as a function of temperature with a differ-
ential thermal conductivity cell, Both techniques proved equally effective.

Determinations were made  in air and. in gas mixtures of oxygen and nitrogen
over a pressure range from atmospheric to 1000 psig. The gas mixtures contained
six, thirteen, twenty-one,-and fifty-five percent by volume of oxygen.

In a typical experiment, about two grams of -40 to. 60 mesh oil shale was
placed in the sample hole. A similar sized sample of previously pyrolyzed oil
shale was placed in the reference cell, The oxidant containing gas passed at the
same rate through the shale and the reference material at the pressure of the
experiment. The block was heated at a uniform rate of about 40°F/minute, Temper-
ature and differential temperature were recorded by use of .either a two-pen .Or an
x-y recorder, In the alternate detection system the off-gas was taken from the
cells, passed through drying tubes to. remove water vapor, and then to .the reference
and sample sides, respectively, of -a thermal conductivity detector. This signal
was then continuously recorded as a function of the sample temperature. .

Experimental Results

Ignition temperatures as a function of oxygen partial pressure for data cover-
ing several oxygen concentrations in the gas stream are tabulated in Table I and
shown in Figure 3. (Note: These data are plotted with the square root of the
oxygen partial pressure as a coordinate so that the scale could be expanded on
the low pressure end and still extrapolated to zero., Plotting the square root
has no other significance). From the curve shown in Figure 3 it is readily observed
that the ignition temperature is relatively independent of total pressure, but
strongly dependent on the oxygen concentration.

Other data have shown that lower rates of supplying the oxygen has little or.
no effect on the ignition temperature as long as excess oxygen is present for the
combustion reaction,

One interesting. set of data are shown in Figure 4, Of particular interest K
are the characteristi¢s of the ignition temperatures at pressures below 100 psig

..... - alem ~
where two Lcmyc;quusc peaks were noted, The first pezk chowed a +nmpnw=+nwn rise

but did not result in ignition,

These same data are plotted as a function of oxygen partial pressure in
Figure 5, which shows the nature of the transition region clearly. It is thought
that this transition region is associated with the well known "cool flame" oxidation
phenomena observed for ignition of many hydrocarbons as a function of pressure,
For example, Figure 6 shows these oil shale data, together with ignition curves,
for n-octane, i-octane, and propane (3, 4). Naturally one would not expect the
data to coincide with these particular hydrocarbons, but the similarity of the
shape of the curves and the temperature range is strlklng. One possible inter-
pretation of this behavior is that the shale ignition is associated with gas phase
combustion of hydrocarbons being dlStllled out of the oil shale.

Discussion
The question arises why oil shales ignite at such low temperatures when de-
structive distillation of the shale oil.does not occur until temperatures in excess

of" 700°F are reached.

This question can possibly be answered by considering the fact that. Colorado
- 0il shale has from one to three percent by weight (about ten percent of total

N
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Gas Composition

Total Pressure

TABLE I

#Oxygen Partial

27"

Ignition

Volume % (Esi) Pressure (Esi) Temperature (°F)
(Air ) 125 24 450
(21% 0p) 162 34 435

212 I 435

587 123 385,

954 203 365

22.2 u,7 545

32.2 6.8 540

32.2 6.8 535

52.2 11.0 500

72.2 15,1 . 475

26.2 5.5 530"

92,2 19,4 u65

112.0 23.6 us5

212.0 uy .5 425

(55% 0;) 22,2 12,2 455
(45% Np) S 112 61.7 400
o210 116 375

512 281 354
812 LL6 340 .

©(13% 0,) 22.2 2.9 580
(87% N2) . Ly, 2 5.7. 560
' '60.2° C 7.8 500

110 14,4 495

167 21.8 453

1594 “77.3 395 ..

(6% 05 ) 22.2 1.3 586
(94% N,) . 39.2 2.4 565
62.2 3.7 535

112 6.7 506

277 16.6 435

860 51.6 u05

#Data taken at gas flow rate of 1350 standard cubic feet per square foot of
cross sectional area per hour.
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orgaééc matter) of benzene soluble components in it, As shown in Figure 7, about
the same weight fraction of oil shale is volatile between 360°F and 700°F when
analyzed by thermogravimetric (TGA) techniques. These data indicate that volatiles
start being evolved in an appreciable amount at about 360°F, which was about the
same as the lowest self ignition temperature observed. lturther, this preliminary
evolution reaches a maximum at about.600°F, which is about the normal ignition
temperature in air at atmospheric pressure. ’

Based on these data, it seems very likely that ignition is associated with
the evolution of hydrocarbon vapors from the oil shale in the temperature range
360°-700°F,

Summary

The self ignition temperature of Colorado oil shale has been determined to
vary with oxygen concentration from about 630°F at atmospheric conditions to 360°F
at high (about 500 psi) oxygen partial pressure.

The ignition temperature is shown to correspond closely to temperature range
during which organic vapors evolve prior to the onset of destructive distillation
of the kerogen in the shale,
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Production of Alcohols from Olefins in Low Temperature Coal Tars

Bernard D. Blaustein, Sol J. Metlin, and Irving Wender

Pittsburgh Coal Research Center, Bureau of Mines
" U, S. Department of the Interior
. 4800 Forbes Avenue, Pittsburgh 13, Pennsylvania

ABSTRACT

Olefins constitute as much as one-half the neutral oil obtained by low-
temperature carbonization of low-rank coals. It 1s difficult to separate
these olefins from other materials in the tar fractions. However, with-
out a prior separation, a large fraction of these olefins can be con-
verted to mixtures of primary alcohols by hydroformylation with Hy + CO
in the presence of dicobalt octacarbonyl as a catalyst (oxo reaction).
Several neutral olls were so treated and the alcohols separated via

their borate esters. .The highest yields of alcohols (25 percent by
- welght of starting ma.teria.l) were obtained from the neutral oil of a.

lignite tar. The carbon number distribution of the alcohols. was de-
termined by mass-spectrametric analysis of the trimethylsilyl ethers.
Cg- to Ca7-alcohols were produced; an unusually high concentration of
Cog-alcohols appeared in the products. from lower rank coals. Nuclear

, magnetic resonance spectra of the alcohol mixtures showed that an "av-

erage" molecule contains from 1 to 3 branched methyl groups. By using
140, and assuming that each olefin wil_l react with one CO, the percent-
age of olefins originally in the tar can be determined from the radio-
activity of the product. An advantage of this enalytical method 1is
that no separation of the olefins, or their oxo product, need be made.
By this procedure, the neutrasl oil from the lignite tar was shown to
contain about 50 percent olefins.

INTRODUCTION

The high olefinic content of tars derived from low temperature carboni-
zation of lower rank coals 18 of interest as a source of commercially

valuable chemicals. However, there 1is no good way of separating these"
olefins from the other materials present in the tar fractions. The oxo

. {or hydroformylation) reaction offers a promising way to convert the

olefins in the tar, without prior separation, to alecohols that are of
potential commercial value as detergent and plasticizer intermediates.
The oxo synthesis (1) is the reaction of an olefin with + CO (syn-
thesis gas) in the presence of dicobalt octacarbonyl, Cop(CO)8, as the
catalyst to yleld a mixture of primary alcohols.



RCH,CE=CH, + CO + 2, RCHpCHpCH,CHyOH

o Cop(CO)g .
RC‘H:CHCH3_ + CO . +. 2H2 - RQHacHC'HaOH L
| :CH3

The reactlion takes place pred.ozﬁinantly at the terminal double bond.

The advantages of using this reaction to convert olefins to useful
products are (a) the olefins need not be separated fram the tar frac-
tions to undergo reaction, (b) the reaction 1s not .poisoned by sulfur

-campounds .or any of the other substances in low-temperasture tar, (c)

conversion of the olefins is high, (d4) during the oxo reaction, any
interndl olefinic bonds migrate to the terminal position so that all-

" olefins react as 1f they were alpha olefins; ail the olefins in the

tar, terminal and internal, are thus utilized to make alcohols, and
{e) the oxo reaction is quite versatile and can be successfully car-

ried out under a wide range of conditions: gas pressures of 50-400 atm,

and reaction temperatures of 50-200°C.; Coo(CO)g can be used either in

the preformed state, or can be formed during the reaction from a variety

of cobalt salts.
EXPERI!ENTAL

Samples of Rockdale lignite tar were obtained from the 'I‘exas Power
and Light Company. They had separated the whole lignite tar into
"methanol solubles" and "“hexane solubles.™ The hexane solubles were

furthar sanarated h \w digt41latisn ints two fra v.n.uua, the lexan 501~

ubles foreruns (I-ISF) and the hexane solubleg distillate (HSD). The
total hexane solubles constitute 66 percent of the primary tar; the

HSF 7 percent, the HSD 46 percent, and the residue from the distilla~

tion of the hexane solubles 13 percent. About 98 percent of the HSF

‘bolls below 235°C., and.B89 percent of the HSD boils up to 355°C. The

camposition of these fractions 18 given in table 1.

Both fractions contain approxlimately 50 percent olefins, of which
about half are alpha olefins (2-4). Phenolic campounds and other con-
stituents are also present in both fractions. Since these phenols .
would interfere with our analytical procedure for determining alcohol

‘yleld, they were removed by chramatographing the fractions on alumina

with petroleum ether as the eluting solvent. About 20 percent by
welght of the starting material was removed in this way during the
preparation of & "phenol-free" lignite tar fraction.

:
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E‘\ ) TABLE 1.-Approximaté composition of low-temperature tar fractions,
' ] volume percent . :
: : ) Hexane ‘Bexane ~ Kentucky
’ solubles solubles Nugget high-splint
: foreruns distillate tar tar .

S Type of constituent Rockdale lignite tar distillate distillate
‘ Caustic solubles S 6-8 - 10-15 - -~ Wy 31
N Acid solubles 2. ©1-3 -3 o T

" Reutral oil 88-92 80-90 53 ) 62
X ' Paraffins . 13-15 ©15-20 - - o34
L. , Olefins . 40-55 40-50 20 21
| Alpha-olefins 17-20 - 17-20 ‘
C Arcmatics . 30-47 35-45 3T - 45

~ . Oxygenates

Nugget tar, formed by the low-temperature carbonization of a hvcb-suba
Wyoming coal, was also investigated. A sample of this tar was. distilled
under vacuum to 170°C/3mn (est. bp 320°C/760mm). . The distillate, includ-
ing & small amount of water phase, amounted to 42.1 percent of the whole
tar.. Repeated chromstography finally yielded a phenol-free neutrel.oil

: - amounting to 37.9 percent of the distillate. A neutral oil derived from

! " the low-temperature carbonization of & Kentucky hveb (high splint) coal
was chrometographed on alumina to eliminate the phenols shown to be pres-
ent by infrared spectral analysis. Recovery of phenol-free neutral oil
was 86.8 percent. _ . . '

n, The alcohols were .separated from the oxo products by conversion to their
) . borate esters (5-8). The borate esters formed from the alcohols are suf-
L . - ficiently high-boiling that the non-esterified materisl can be distilled
avay from the esters. The esters are hydrolyzed to regenerate the alecohols,
_which are then separated and vacuum distilled, resulting in an slecohol frac-
| tion of high purity. .

3ROH + HyBO3 = (R0)3B + 3 EQ

N ) 3 ROH + (C4Hg0)5B = (RO)3B + 3 CLEGOH - (1)

| (RO)3B + 3 Ex0 = 3 ROE + H3BOg (g)

'} . In & typical run, 50 grams of chramatographed (phenol-free) HSF, L4 grams
{ ... ‘of Cop(CO)g and 3500 psi 1:1 synthesis gss were charged into a rocking

- Aminco autoclsye, heated to 180-190°C. and kept there for five hours.
. . The product was treated with tri-n-butylborate (equation 1), the non-
\ esterified material was distilled off, the borste esters were hydrolyzed



(equation 2), and the alcohols were vacuum distilled. The product
was an slmost water-white aleohol fractlon in 25 percent yleld,
based on the weight of starting material. The alcohol content was
confirmed by infrared spectral ahalysis s the only lmpurity detected
being a small amount of & carbonyl compound. To determiné thé car-
bon number distribution of the alcohols formed,.the trimethylsilyl
ethers of.the alcohols were a.nalyzed by mass apectrometry (9). The
results are shcwn in figuxe l. ‘

The chromatographed (phenol-free) HSD was subjected to ‘the -same  re-
actions and subsequent procedures for alcohol recovery. The alcohol
yield was also 25 percent by weight of the starting matei-ia.l’;,,the‘” o
carbon mumber distribution data 1s given in figure 2. The phenol-
free neutral oil from the Nugget tar distillate wds subjected to the
oxo reaction and the same alcohol recovery procedures as those pre-
viously described for the Rockdale tar. An alcohol yield of 13 per-
cent was realized. The alcohols were converted to their trimethyl-
811yl ethers and analyzed by mess spectrometric analysis. The re-
sults are shown in figure 3. The phenol-free neutral oill from the
Kentucky hvab coal was reacted under oxo conditions. The subsequent
recovery of alcohol was 7.5 percent. .The product, water-white in .
color, was converted to trimethylsilyl ethers and submitted for mass .
spectrometric analysis. The results are shown in figure 4.

NMR spectra were obtained on all the alcohol mi.xtures predueed from
the tar fractions. These results will be considered in the Discus-
slon Bection of this paper. .

Under oxo conditions, it can be assumed that each molecule of olefin
will react with one molecule of CO. Further reactlon under oxo con-
ditions will pm&uce alcohols, aldehydes, esters, and other oxygensated
products. If o 1s incorporated into the synthesis gas, the product
will be radiocactive. A determination of the amount of radioactivity
“in the product can then be used to calculste the concentration of ole-
fing present origineally in the tar fraction. Several runs of thils type
were made, both on known mixtures, and on the low-temperatu.re tar frac-
tions. The results obtained are discussed below. o

RESULTS AND DISCUSSION

Carbon Number Distribution of Alcohols Produced

Figure 1 shows the distribution of the.alcohols produced from the HSF
. fraction of the lignite tar. The carbon mmber range shown is ClO"ClS’
* the maximum concentration is at Cip, &@nd the average carbon number is
12,2. Not showrn ‘on the graph are minor concentrations of C9 and C16-Cop
a.lcohols. This mixture is composed of alcohols of the carbon number

|
|
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range now used for plasticizer and detergent production. A higher boil-
ing fraction of these alcohols ranged from Cqg to Cpy, with an average
carbon number of 16.2. Figure 2 shows the distribution of the alcohols
produced from the HSD fraction of the lignite tar. The carbon number
range shown is 013—022, the largest percentage is at Cpq, and the aver-
age carbon number is 17.8. There are also traces of C;;-C;» &nd Co3-Co7
alcohols. - )

Figure 3 shows the distribution of alcohols produced from the neutral
0il from the Negget tar distillate. The carbon numbers range from
C11-C23, the largest concentration is at Ci5, and the average carbon-
number is 16,3, Trace amounts, not shown, are also present at C y, and
Cos. Fig'ure 4 shows the distribution of the higher boiling alcohols
produced from the neutral oil from the Kentucky hvab coal. The carbon
numbers range from C13-Cp3, the greatest concentrations are at Cj¢ and
C17, and the average carbon number is 17.2. Trace amounts, not shown,
were also present at Cpl. A lower boiling fraction of these alcohols
ranged fram C1p to C22, with ‘an average carbon number of 14.1. '

In the alcohol mixtures produced from- the lowe_r- rank’ iigﬁiﬁe and hveb-

. suba coals, there are anamalously high concentrations of Cpg alcohols.

(See figures 2 and 3.) This did not appear in the alcohols from the
hvab coal (figure 4). Gas-chromatographic methods, and other separa-
tion techniques, will be used to obtain highly concentrated samples of
either the Cpg alcohols and/or their precursors, the -Ci9 olefins fram.
the 1lignite tar. If i1dentification of either the alcohols or olefins
can be made, it may point out interesting differences between the low-
temperature carbonization tars produced from low and medium rank coals.
It is concelvable that the’-Clg olefin present in such high con_centra.-
tion in the tars from the lower rank coals 18 some. isomer of pristene

' (2,6,10,14-tetramethylpentadecene), since the saturated paraffin, pris-

tane, recently has been i1solated from a low-temperature brown coal tar
(10), and was shown to be present in abnormally high concentrations in
two petroleums (11). .

NMR Spectra of Alcohol Mixtures

The MR spectra of these alcohol mixtures were run.on a Varian HR-60
instrument. Data were obtained for the number of H atoms on the C atom
bonded to the OH group (that is, if the alcohol 1s & primary alcohol),
and the number of H atoms present in methyl groups. This latter quan-
tity gives a measure of the branching of the carbon chain. )

For the HSF alcohols, there were 1.8 H atoms on C bonded to OH, and 1.8
methyl groups/molecule; HSD, 1.9 H, 3.4 methyl; Nugget, 2.3 H, 3.0 methyl;
and Kentucky, 1.9 H, 2.6 methyl. Within the accuracy of the method, all




of the alcohols appear to be primary, as-expected from the nature of
the oxo reaction. In general, the number of branched methyl groups in- .
creases with the average carbon number of the alcohol mixture. As a
comparison with some other, more highly branched, commercially-produced
oxo alcohols, Cj3-dlcohols made from triiscbutylene would have at least
6 methyl groups/molecule; those made from tetrapropylene would have at
least L4 methyl groups/molecule; and Cj--alcchols made from tetraisobuty-
lene would have at least 8 methyl groups/molecule; )
Determination of Olefin Content of Mixtures by Using cl“o“

If & mixture containing olefins is reacted with H, + C1%0, to a good
approximation, each molecule of olefin will react with one molecule of
C0O, and therefore each olefin will be "tagged" with radioactivity. This
will be true whether the olefin ends up as an alcohol, aldehyde, ester,
ether, etc. The only exception is when the olefin hydrogenates to form
the paraffin, and this is an important reaction under oxo conditions
only for highly branched olefins, or campounds such as indene.

By measuring the radloactivity of the total oxo product obtained from
each olefin-containing fraction relative to the radioactivity of the re-
sidual CO in equilibrium with the bomb contents at the end of the run,
the initial olefin content of the mixture can be determined. In each
100 molecules of the olefin~containing mixture, where x molecules are
olefinic, and Y is the average carbon number of the mixture;

x .
100 Y + % (radicactivity of gas in bomb at end of run) = (radioactivity
: . of ‘product).

Table 2 gives the results obtained by this procedure. Agreement between

IRl
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Assumed average Olefin Content, mole percent

Mixture carbon number Known Found
Decene-1 + ) 10.0 Lkt 52
l-methylnaphthalene) ¢ ‘ 50 56

Decene-1 + dodecene-1 )
+ limonene +
h-methylcyclohexene-1) 9.5 55 53
+ l-methylnaphthalene)

HSF 12.4 1/14o-55 55, b8
HSD ‘ ' 16.8 yhO-SO ’ - 53,42

I/ See table 1.
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known and found values 1s satiéfaétoi'y Further work 1s being done on
the other tar fractions, and on improving the accuracy of this- analyti-
cal procedure.
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Isolation of-Porphyrins From Shale Oil and 0il Shale
. J. R. Morandivand H. B. Jensen

Bureau of Mines, U.S. Department of the Interlor
Laramie, Wyo.

INTRODUCTION

0il shale is a laminated rock of sedimentary origin that ranges from gray to
dark brown to almost black. It owes its color to carbonaceous matter called "kerogen"
which is derived from plant and animal remains (1). Kerogen is largely insoluble in
common organic solvents, but wheh heated to about 900°F it yields shale oil. This
shale oil resembles petroleum in ‘that it is composed of hydrocarbons and sulfur-,

'nltrogen-, and oxygen-derivatives of hydrocarbons.

"The discovery of porphyrins in petroleum and oil shale by Tre1bs (__, 13) in
1934 gave direct evidence for the organic origin of petroleum and oil shales. 1In
1953 Groennings (5) published a method for extracting and spectrophotometrically
determining porphyrins in petroleums. Groennings' procedure stimulated the work
on the analysis of porphyrins in natural products. In 1954 Moore and Dunning (8)
extracted Green River oil shale with various solvents and obtained a number of.

extfacts that contained porphyrln-metal complexes. They concluded that the ma jor-

ity of ‘the porphyrin exists in the shale as an iron- porphyrin complex. Although
these researchers have reported the occurrence of porphyrins in oil shale, no one
has’ reported their presence in shale oil. Theé present work was undertaken to deter-
mine if porphyrins ‘weie ‘able to survive the retorting step and if so, what changes
were brought about by retorting.

It was found in this‘inVestigatiOn that:
(1) Porphyrins are present in shale oil so they survive the retorting step.
(2) Retorting changes the porphyrins from phyllo to etio type, and their

average molecular weight is lowered. This lowering of the molecular
weight is partially accounted for by decarboxylation.

(3) Porphyrins present in shale oil are shown to be a complex mixture of pre-
dominantly etio type with an average of nine methylene substituents on
the porphine ring. ' The absorption spectrum of the purest porphyrin pre-

"pared was nearly identical to the spectrum of a synthesized etio-type
porphyrln. .

EXPERIMENTAL WORK

Method of Extracting Porphyrins

Groennings' method (5) for the extraction of porphyrins was used with two modi-
fications: (1) To reduce loss of porphyrins to the organic phase, a 20 percent
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hydrochloric acid solution was used instead of the recommended 7 percent solution,
and (2) to minimize decomposition of the porphyrin by contact with halogenated
solvents (2) the final transfer of the porphyrins was made iato benzene instead of
into chloroform.

Source of Materials Studied

The oil shale studied was from the Mahogany Ledge of the Green River formation
near Rifle, Colo. The shale contained 35 weight percent organic matter and assayed
64.3 gallons of oil per ton by the Modified Fischer assay method (10). Because the
shale contained approximately 10 percent by weight of COp as mineral carbonates, it
was pretreated with 4 percent hydrochloric acid and air-dried prior to the porphyrin
extraction step.

The crude shale oil was produced in an internally fired retort. The feed shale
for this retort was also from the Mahogany Ledge of the Green River formation and
averaged about 30 gallons of oil per ton. Selected properties of the oil, using the
Bureau of Mines shale-oil assay method (11), were specific gravity, 0.950; weight
percent nitrogen, 2.11; weight percent sulfur, 0.88; and a distillation analysis of
4.6 volume percent naphtha, 14,3 volume percent light distillate, 26.7 volume per-
cent heavy distillate, and 54.3 volume percent residuum.

Spectral Procedures

The absorption spectra from 450 to 650 mu of all porphyrin extracts, concen-
trates, and reference compounds were obtained in' benzene solution. The method of
Dunning (2) was used for correcting for background absorption in determining the
type and quantity of porphyrins. The. spectral reference compounds used in thls
research were mesoporphyrin IX dimethylester and etioporphyrin I.

Low-ionizing-voltage and high-ionizing-voltage mass spectra were obtained on
selected extracts and concentrates. When a nickel complex of a porphyrin sample was
introduced into the mass spectrometer, the spectrum obtained was of the nickel com-
plex. The introduction of uncomplexed porEhyrlns resulted in the spectrum of the
indium chloride complex of the porphyrlns._ In both cases the mass spectra w111 be
discussed as the spectra of the uncomplexed porphyrins.

Extraction and Concentration of Porphyrins From Shale Qil

Small-Scale Extraction

A 100-gram sample of the crude shale oil was extracted using the modified Groen-
nings' method. This extract was purified by chromatographing it on a column contain-
ing 100 grams of activated alumina. Benzene was used to prewet the alumina and as
the initial eluent. Benzene elution was continued until the solvent was almost
colorless. Spectral examination of the benzene showed that no prophyrins were

1/ The indium chloride in the instrument resulted from the reaction of indium used
for the valves in the sample introduction system and chlorine from chlorinated
solvents used in other mass spectral projects.
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removed. The porphyrin band was removed from the column using 1,2-dichloroethane,
and elution with this solvent was continued until no porphyrins were discernible in
the eluent. Visible absorption spectra were obtained on the extract before and
after the chromatographic step. Low- and high-voltage mass spectra were obtained
on the chromatographically purified extract.

Large-Scale Extraction

To obtain enough porphyrin extract for a characterization study, 2,300 grams of
crude shale oil was extracted by the modified Groennings' method. The extract was
chromatographed on 1,000 grams of activated alumina. Benzene was used to prewet the
column and to elute the colored impurities, as was done on the small-scale experi-
ment. The porphyrins were slowly eluted, using first recycled benzene and then
mixtures of benzene and 1,2-dichloroethane, Twenty fractions were collected using
benzene and 11 using benzene containing increasing quantities of 1,2-dichloroethane.
Visible absorption spectra were obtained .on all fractions, and mass spectra were

obtained on selected fractions.

Countercurrent extraction was used as an additional.separation on several.of
the fractions from the large-scale chromatographic separation, In each case, cyclo-
hexane and 0.25 N hydrochloric acid were used as the immiscible solvents and 100
transfers were made. Absorption data were used to determine the distribution of -
porphyrins 'in the 100 tubes. Each time the separation was into four areas with con-
centration maxima occurring near tubes 33, 55, 75, and 95. The porphyrins in the

" tubes in each of the concentration areas were- combined, and mass and absorption
spectra were obtained on the recovered porphyrins. :

‘Extraction of Porphyfiﬂs From 0il Shale

A-sample of the hydrochloric acid leached shale, containing 105 grams of organic
matter, was placed in a glass bomb, and 300 ml of benzene was added as a dispersant.
The modified Groennings' extraction procedure was used to extract the porphyrins,
except that the bomb was shaken continuously during the extraction. Visible absorp-
tion and mass spectra were obtained on the resulting extract.

RESULTS AND DISCUSSION

Porphyrin is the term applied to a class of compounds in which four pyrrole
rings are united by bridge carbons to form a conjugated, macrocyclic structure, known
as porphine. Figure 1 shows the numbering system that will be used in this paper for
the porphine ring (9). This conjugated ring system is heat stable and can be halo-
genated, nitrated, or sublimed without destroying-the macrocyclic structure @ .

Porphyrins, dissolved in organic solvents, have a typical, four-banded absorp-
tion spectrum in the visible region between 450 and 650 mu. They have been classi-
fied into etio, phyllo, and rhodo types according to the height of the individual
peaks relative to one another (3). Representative spectra of each of these three
types are shown in figure 2. The four bands or peaks are numbered I, II, III, and
IV starting from the long-wavelength end of the spectrum. In general, the height of
the peaks increases toward the shorter wavelengths.

Porphyrins that have methyl, ethyl, vinyl, propionic acid, or hydrogen in
positions 2, 3, 7, 8, 12, 13, 17, and 18 (see figure 1) around the porphine ring
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give the etio-type spectrum. This etio-type spectrum, which is characteristic of
blood-pigment porphyrins, has four peaks, which become progressively higher proceed-
ing from the longer to the shorter wavelengths. The shale-oil extracts and concen-
trates gave etio-type spectra.

The phyllo-type spectrum, which is typical of the chlorophyll porphyrins, has
peak II larger than III. This type of spectrum has been attributed either to the /
presence of an isocyclic ring between one of the pyrrole rings and the adjacent bridge -
carbon atom or to an alkyl group on one of the bridge carbon atoms. The oil-shale
extracts gave phyllo-type spectra.

The rhodo-type spectrum has been observed in compounds having a carbonyl group
attached to one of the pyrrole rings and has the number III peak as the strongest of
the four main peaks. The rhodo-type spectrum was not observed for any of the oil-
shale or shale-oil extracts.

The porphyrins in the extract from oil shale were characterized by the use of
absorption and mass spectra. The absorption spectrum of this oil-shale extract is
shown in figure 3. This spectrum is characteristic of phyllo-type porphyrin, which
has peak II higher than peak III." :

A e

The low-voltage mass spectrum showed porphyrins with molecular weights from 462

to 536. The ions in this spectrum were in the three following homologous series:

(1) The alkyl-substituted porphine series, (2) the series two mass units greater

than the porphine series, and (3) the series two mass units less than the porphine
series. Figure &4 shows the distribution of intensities of the ions for the series
occurring at two mass units greater than the porphine series. The average molecular -
weight of the porphyrins in this series (as calculated from this distribution) is

508. More than half of the total ions in the low-voltage spectrum were in this series,
and the data presented in figure 4 represent the three series. i

-

i

In the high-voltage spectrum of the oil-shale extract there was a series of ions
44 mass units less than the parent ions. This series of ions was shown to be a frag-
ment ion series corresponding to the loss of CO; from the porphyrins. ‘

{

These characterization data show the following facts about the oil-shale por-
phyrins: . S

(1) o0il-shale porphyrins are composed of at least three homologous series of
compounds with no fewer than six different compounds in each series.

(2) The majority of these compounds have a phyllo-type spectrum.
(3) Some of these porphyrins have carboxyl substituents.

(4) The average molecular weight of 508 for the oil-shale porphyrins can be
accounted for by 1 carboxyl and 11 methylene substituents on the porphine
ring.

Before the porphyrins from the small-scale extraction of shale oil could be
characterized, it was necessary to remove some of the impurities carried along by
Groennings' extraction. This was done by chromatographing on alumina, and the
absorption spectra of the porphyrin extract before and after chromatography are shown
in figure 5. Improvement in the purity of the porphyrins by the chromato-

graphic step is shown by the smaller background absorption in the chromatographed s

concentrate. The shale-oil extract both before and after chromatographing gave an

etio-type spectrum, whereas the oil-shale extract showed a phyllo-type spectrum. J
A
’
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In the low-voltage mass spectrum of the shale-oil extract, more than 90 percent
of the parent ions were in the alkyl-substituted porphine series. Figure 6 shows
the distribution of the ions in this series with molecular weight range from 366 to
492. The abscissa scale shows both m/e of the ions (molecular weights) and the
number of methylene substituents necessary on the porphine ring to have this molec-
ular weight. The average molecular weight of the porphyrins in shale oil (as
calculated from this distribution) is 436, or the equivalent of nine methylene sub-
stituents on the porphine ring.

In the high-voltage spectrum of the shale-oil extract, there was no evidence of
a fragment ion series 44 mass units less than the parent ions. This indicates that
there are no carboxyl groups present in shale-oil porphyrins.

These characterization data show that shale-oil porphyrins are predominantly
alkyl-substituted porphines with 4 to 13 methylene groups per molecule. Because the
absorption spectrum of this extract is of the etio type, these alkyl substituents
are on the eight pyrrole carbons in the porphine ring.

Comparison of the character of the porphyrins from oil shale with the character
of the porphyrins from shale oil indicates the changes that porphyrins undergo during
retorting. These changes are as follows:

(1). The molecular weight is lowered an average of 72 mass units. In part, this
is explained by decarboxylation. The decrease in average molecular weight
is equivalent to the loss of one carboxyl and two methylene groups per

. molecule. ‘ .

(2) The phyllo-type character is changed to an etio-type character. The reac-
tion necessary to bring about this change in spectral type is the removal
of substituents from the bridge carbons on the porphine ring. This could
also contribute to the lowering of the molecular weight of the porphyrins.

Further characterization of the porphyrins in shale oil was accomplished by
examining the fractions from the chromatographic separation of the large-scale shale-
oil extraction. The absorption spectra of the first 25 fractions from this chro-
matographic separation were of the etio type, and these fractions contained 70 percent
of the total porphyrins recovered. Beginning with the 26th fraction, the height of
peak II relative to peak III became increasingly greater. This indicated that some

* phyllo-type porphyrins were being eluted with the 1,2-dichloroethane. This presence

of a phyllo-type porphyrin in the shale-oil extract is an indication that a part of
the porphyrins is relatively unchanged during retorting.

A benzene-eluted fraction was used to demonstrate further the character of the
etio-type porphyrins in shale oil. A nickel complex of the 15th fraction was pre-
pared, and low- and high-voltage mass spectra of this complex were obtained. The
peak heights in these spectra were corrected for isotope contribution. Figure 7a is
the resulting low-voltage spectrum, and figure 7b is the resulting high-voltage spec-
trum. Each of the figures shows the corrected peaks only in the molecular weight
region of the porphyrins.

The low-voltage mass spectrum has only ions in the porphine series. The number
of substituents on the porphine ring is from 3 to 12 methylene groups with an average
of 7 methylene substituents per molecule. The greater abundance of odd-numbered
substituents over even-numbered is unexplained; this distribution is not evident in
the low-voltage spectrum of the total shale-oil concentrate (see figure 5).
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Hood (6) and Mead (7) have reported the mass spectral cracking pattern for metal
complexes of etioporphyrin, and they concluded that the main fragmentation process is
the loss of methyl groups. The peaks shown in figure 7b at one mass unit less than
the porphine series could be due to the loss of methyl groups and indicate the
presence of methyl or ethyl substituents on the porphine ring of shale-oil porphyrins.

The high-voltage spectrum of this fraction shows the presence of singly charged
ions at everz m/e from the molecular weight of the porphyrins to the doubly charged
parent ions.2/ Both Hood and Mead have shown that in the mass spectrum of etio-
porphyrin I the porphyrin skeleton remains intact because no singly charged ions occur
between the molecular weight of the porphyrin skeleton and the doubly charged parent
ions. The conclusion, therefore, is that the fraction shows the presence of impuri-
ties. Because the low-voltage spectrum of this fraction showed no molecular ions
other than porphyrins, the impurity is probably nonaromatic.

Countercurrent extraction was used to further purify the porphyrin concentrates.
Fraction 14 from the large-scale chromatographic separation was countercurrent extrac-
ted and separated into four concentrates. Judging by the comparison of specific
extinction coefficients, one of these concentrates was the purest porphyrin concen-
trate prepared in this work. That the impurity was still present can be seen by
comparing the molar extinction coefficient (2) for this fraction which was 1.8 x 103
in benzene, with that for etioporphyrin I, which was 6.2 x 103 in benzene. This
impurity, however, has low absorption in the visible region. This is illustrated by
the good agreement of the visible spectrum of this concentrate with the spectrum of
a synthesized etio-type porphyrin as shown in figure 8.

The low-voltage mass spectrum of the porphyrin concentrates from countercurrent
extraction showed a series of molecular ions in the porphine series. One of the
concentrates had parent ions occurring at molecular weights corresponding to four
to eight methylene substituents on the porphine ring. Of the total parent ions
present in the mass spectrum of this concentrate, 25 percent showed the presence of
four methylene substituents, and 65 percent showed the presence of five methylene

" substituents.

CONCLUSION

This work has demonstrated that the skeleton of the porphyrin molecules in oil
shale is capable of surviving retorting temperatures. However, the substituent
groups on the skeleton are changed. As expected, reduction in average molecular
weight is the most obvious change. Partial explanation of this reduction was demon-
strated to be decarboxylation. Another change that can be inferred to take place
is the removal of substituents responsible for the phyllo character of the oil-shale
porphyrins. This could result either from the destruction of an isocyclic ring or
from the removal of substituents from a bridge-carbon atom.

The porphyrins present in shale oil were shown to be a complex mixture of pre-
dominantly etio type. The absorption spectrum of the purest porphyrin prepared was
nearly identical to the spectrum of a synthesized etio-type porphyrin. The porphyrins
in shale oil have an average molecular weight equivalent to the porphine ring with
nine carbon atoms of methylene substituents. The total number of carbon substituents
ranged from 4 to 13.

2/ This was true for all extracts and concentrates prepared in this work.
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